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PREFACE 


his book is an introduction to the quantitative treatment of chemical reaction en- 

gineering. The level of the presentation is what we consider appropriate for a 

one-semester course. The text provides a balanced approach to the understanding 
of: (1) both homogeneous and heterogeneous reacting systems and (2) both chemical 
reaction engineering and chemical reactor engineering. We have emulated the teach- 
ings of Prof. Michel Boudart in numerous sections of this text. For example, much of 
Chapters 1 and 4 are modeled after his superb text that is now out of print (Kinetics 
of Chemical Processes), but they have been expanded and updated. Each chapter con- 
tains numerous worked problems and vignettes. We use the vignettes to provide the 
reader with discussions on real, commercial processes and/or uses of the molecules 
and/or analyses described in the text. Thus, the vignettes relate the material presented 
to what happens in the world around us so that the reader gains appreciation for how 
chemical reaction engineering and its principles affect everyday life. Many problems 
in this text require numerical solution. The reader should seek appropriate software 
for proper solution of these problems. Since this software is abundant and continually 
improving, the reader should be able to easily find the necessary software. This exer- 
cise is useful for students since they will need to do this upon leaving their academic 
institutions. Completion of the entire text will give the reader a good introduction to 
the fundamentals of chemical reaction engineering and provide a basis for extensions 
into other nontraditional uses of these analyses, for example, behavior of biological 
systems, processing of electronic materials, and prediction of global atmospheric phe- 
nomena. We believe that the emphasis on chemical reaction engineering as opposed 
to chemical reactor engineering is the appropriate context for training future chemi- 
cal engineers who will confront issues in diverse sectors of employment. 

We gratefully acknowledge Prof. Michel Boudart who encouraged us to write this 
text and who has provided intellectual guidance to both of us. MED also thanks Martha 
Hepworth for her efforts in converting a pile of handwritten notes into a final prod- 
uct. In addition, Stacey Siporin, John Murphy, and Kyle Bishop are acknowledged for 
their excellent assistance in compiling the solutions manual. The cover artwork was 
provided courtesy of Professor Ahmed Zewail’s group at Caltech, and we gratefully 
thank them for their contribution. We acknowledge with appreciation the people who 
reviewed our project, especially A. Brad Anton of Cornell University, who provided 
extensive comments on content and accuracy. Finally, we thank and apologize to the 
many students who suffered through the early drafts as course notes. 

We dedicate this book to our wives and to our parents for their constant support. 


Mark E. Davis 
Pasadena, CA 


Robert J. Davis 
Charlottesville, VA 
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activity of species i 

external catalyst particle surface area per unit reactor 
volume 

representation of species i 

cross sectional area of tubular reactor 

cross sectional area of a pore 

heat transfer area 

pre-exponential factor 


dimensionless group analogous to the axial Peclet number 
for the energy balance 


concentration of species i 

concentration of species i in the bulk fluid 
concentration of species i at the solid surface 
heat capacity per mole 

heat capacity per unit mass 

effective diameter 

particle diameter 

diameter of tube 

axial dispersion coefficient 

effective diffusivity 

molecular diffusion coefficient 

Knudsen diffusivity of species i 

radial dispersion coefficient 

transition diffusivity from the Bosanquet equation 
Damkohler number 

dimensionless group 

activation energy 

activation energy for diffusion 

E(t)-curve; residence time distribution 

total energy in closed system 
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Ergun equation 
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length of microcavity in Vignette 6.4.2 

generalized length parameter 
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mass of stream i 

mass flow rate of stream i 

molecular weight of species i 
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total mass of system 

number of moles of species i 
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flux of species i 

number of components 

number of independent reactions 
pressure 
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radial Peclet number 

probability 

heat flux 

heat transferred 

rate of heat transfer 

reaction rate 

turnover frequency or rate of turnover 
radial coordinate 
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recycle ratio 

universal gas constant 

radius of pellet 

radius of pore 

dimensionless radial coordinate in tubular reactor 
correlation coefficient 

Reynolds number 

instantaneous selectivity to species 7 
change in entropy 
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surface area of catalyst particle 
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standard error on parameters 
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time 
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length variable 
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mole fraction of species 7 
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yield of species i 


axial coordinate 
height above a reference point 
dimensionless axial coordinate 
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charge of species i 
when used as a superscript is the order of reaction with 
respect to species i 


R 


coefficients; from linear regression analysis, from 
integration, etc. 

aa, parameter groupings in Section 9.6 

ad, parameter groupings in Section 9.6 

B Prater number 

Br dimensionless group 

BB: dimensionless groups 

y Arrhenius number 

Y; activity coefficient of species i 
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No overall effectiveness factor 

y interphase effectiveness factor 

dimensionless time 

fractional surface coverage of species i 
dimensionless temperature 

universal frequency factor 
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A, effective thermal conductivity in the radial direction 

hi chemical potential of species i 

m viscosity 

é number of moles of species reacted 
density (either mass or mole basis) 

Pp bed density 

Pp density of catalyst pellet 

T; standard deviation 

T; stoichiometric number of elementary step i 

T space time 

T tortuosity 

vi stoichiometric coefficient of species i 

o Thiele modulus 

Po Thiele modulus based on generalized length parameter 

$; fugacity coefficient of species 7 

p extent of reaction 

X dimensionless length variable in catalyst particle 

y dimensionless concentration in catalyst particle for 
irreversible reaction 

Y dimensionless concentration in catalyst particle for 
reversible reaction 

k4 dimensionless concentration 

w dimensionless distance in catalyst particle 
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Rate-determining A> or Fe 


CHAPTER 


The Basics of Reaction 
Kinetics for Chemical 
Reaction Engineering 


1.1 | The Scope of Chemical 
Reaction Engineering 


The subject of chemical reaction engineering initiated and evolved primarily to 
accomplish the task of describing how to choose, size, and determine the optimal 
operating conditions for a reactor whose purpose is to produce a given set of chem- 
icals in a petrochemical application. However, the principles developed for chemi- 
cal reactors can be applied to most if not all chemically reacting systems (e.g., at- 
mospheric chemistry, metabolic processes in living organisms, etc.). In this text, the 
principles of chemical reaction engineering are presented in such rigor to make 
possible a comprehensive understanding of the subject. Mastery of these concepts 
will allow for generalizations to reacting systems independent of their origin and 
will furnish strategies for attacking such problems. 

The two questions that must be answered for a chemically reacting system are: 
(1) what changes are expected to occur and (2) how fast will they occur? The initial 
task in approaching the description of a chemically reacting system is to understand 
the answer to the first question by elucidating the thermodynamics of the process. 
For example, dinitrogen (N2) and dihydrogen (H2) are reacted over an iron catalyst 
to produce ammonia (NH3): 


N: + 3H, = 2NH;, —AAH, = 109 kJ/mol (at 773 K) 


where AH, is the enthalpy of the reaction (normally referred to as the heat of reac- 
tion). This reaction proceeds in an industrial ammonia synthesis reactor such that at 
the reactor exit approximately 50 percent of the dinitrogen is converted to ammo- 
nia. At first glance, one might expect to make dramatic improvements on the 
production of ammonia if, for example, a new catalyst (a substance that increases 


PAE E | 


2 CHAPTER 1. The Basics of Reaction Kinetics for Chemical Reaction Engineering 


the rate of reaction without being consumed) could be developed. However, a quick 
inspection of the thermodynamics of this process reveals that significant enhance- 
ments in the production of ammonia are not possible unless the temperature and 
pressure of the reaction are altered. Thus, the constraints placed on a reacting sys- 
tem by thermodynamics should always be identified first. 


VIGNETTE 1.1.1 | : 


The initial success of a large-scale catalytic technology began in 1913 when the first in- 
dustrial chemical reactor to synthesize ammonia from dinitrogen and dihydrogen began 
operation in Germany. Most of the ammonia manufactured today is used to produce 
nitrogen-rich fertilizers that have an enormous impact on meeting worldwide food de- 
mands. According to figures for U.S. agriculture, the 800, 000 tons of dinitrogen converted 
to ammonia in the first Haber reactor (ammonia synthesis over an iron catalyst is called 
the Haber process after the inventor F. Haber) could grow 700 milion additional bushels 


low ¢ cost the c talyst« can give pr ucts worth -o 2000 times its value. 


aN A 


EXAMPLE 1.1.1 | 


In order to obtain a reasonable level of conversion at a commercially acceptable rate, am- 
monia synthesis reactors operate at pressures of 150 to 300 atm and temperatures of 700 to 
750 K. Calculate the equilibrium mole fraction of dinitrogen at 300 atm and 723 K starting 
from an initial composition of Xy, = 0.25, Xy, = 0.75 (X; is the mole fraction of species i). 
At 300 atm and 723 K, the equilibrium constant, K,, is 6.6 X 107°. (K. Denbigh, The Prin- 
ciples of Chemical Equilibrium, Cambridge Press, 1971, p. 153). 


E Answer 
(See Appendix A for a brief overview of equilibria involving chemical reactions): 


Ny + 3⁄2 H = NH; 


K Onn, 
aT] 472372 2? 
Lan, IH, 


where a = activity 
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The definition of the activity of species / is: 
a; = f TFX i fugacity at the standard state, that is, 1 atm for gases 


and thus 


= FO 51/2 ¢ £0 \3/2 f 
ee fn, (FN) (fà) _ fnn, [1 atm] 


a=] = - pas 
PRP (An) Nefa 


Use of the Lewis and Randall rule gives: 
fi =X,6,P, 6 = fugacity coefficient of pure component i at T and P of system 


then 


Xu, Oyu, 
1/2 y3 FP 1/2-p 3/2 
XN: Xe | | ONO 


K, = KyKgKp = 


Upon obtaining each $; from correlations or tables of data (available in numerous ref- 
erences that contain thermodynamic information): 


X 1.1477 (109° 
m a | OU) (6.6 X 10~3)(300 atm)(1 atm) ~! 
MEK (0.91) 


N2 25 25 =E 


H, 75 75 — 3€ 
NH3 oO 2é 
total 100 100 — 2¢ 
then 
2¢/(100 — 2) (2€)(100 — 26) 
ieee)" Goo) (25 — €)17(75 — 38)” 


Thus, č = 13.1 and Xy, = (25 — 13.1)/(100 — 26.2) = 0.16. At 300 atm, the equilibrium 
mole fraction of ammonia is 0.36 while at 100 atm it falls to approximately 0.16. Thus, the 
equilibrium amount of ammonia increases with the total pressure of the system at a constant 
temperature. 
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The next task in describing a chemically reacting system is the identifica- 
tion of the reactions and their arrangement in a network. The kinetic analysis of 
the network is then necessary for obtaining information on the rates of individ- 
ual reactions and answering the question of how fast the chemical conversions 
occur. Each reaction of the network is stoichiometrically simple in the sense that 
it can be described by the single parameter called the extent of reaction (see Sec- 
tion 1.2). Here, a stoichiometrically simple reaction will just be called a reaction 
for short. The expression “simple reaction” should be avoided since a stoichio- 
metrically simple reaction does not occur in a simple manner. In fact, most chem- 
ical reactions proceed through complicated sequences of steps involving reactive 
intermediates that do not appear in the stoichiometries of the reactions. The iden- 
tification of these intermediates and the sequence of steps are the core problems 
of the kinetic analysis. 

If a step of the sequence can be written as it proceeds at the molecular level, it 
is denoted as an elementary step (or an elementary reaction), and it represents an ir- 
reducible molecular event. Here, elementary steps will be called steps for short. The 
hydrogenation of dibromine is an example of a stoichiometrically simple reaction: 


H, + Br. => 2HBr 


If this reaction would occur by H interacting directly with Brz to yield two mole- 
cules of HBr, the step would be elementary. However, it does not proceed as writ- 
ten. It is known that the hydrogenation of dibromine takes place in a sequence of 
two steps involving hydrogen and bromine atoms that do not appear in the stoi- 
chiometry of the reaction but exist in the reacting system in very small concentra- 
tions as shown below (an initiator is necessary to start the reaction, for example, a 
photon: Br, + light — 2Br, and the reaction is terminated by Br + Br + TB — Bry 
where 7B is a third body that is involved in the recombination process—see below 
for further examples): 


Br + H, ~ HBr + H 
H + Br, —> HBr + Br 


In this text, stoichiometric reactions and elementary steps are distinguished by 
the notation provided in Table 1.1.1. 


Table 1.1.1 | Notation used for stoichiometric reactions and elementary steps. 


_ Stoichiometric reaction 
Irreversible (one-way) 
Reversible (two-way) 
Equilibrated 
Rate-determining 


Ml i 
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In discussions on chemical kinetics, the terms mechanism or model fre- 
quently appear and are used to mean an assumed reaction network or a plausi- 
ble sequence of steps for a given reaction. Since the levels of detail in investi- 
gating reaction networks, sequences and steps are so different, the words 
mechanism and model have to date largely acquired bad connotations because 
they have been associated with much speculation. Thus, they will be used care- 
fully in this text. 

As a chemically reacting system proceeds from reactants to products, a 
number of species called intermediates appear, reach a certain concentration, 
and ultimately vanish. Three different types of intermediates can be identified 
that correspond to the distinction among networks, reactions, and steps. The 
first type of intermediates has reactivity, concentration, and lifetime compara- 
ble to those of stable reactants and products. These intermediates are the ones 
that appear in the reactions of the network. For example, consider the follow- 
ing proposal for how the oxidation of methane at conditions near 700 K and 
atmospheric pressure may proceed (see Scheme 1.1.1). The reacting system may 
evolve from two stable reactants, CH, and O,, to two stable products, CO, and 
H,O, through a network of four reactions. The intermediates are formaldehyde, 
CH,O; hydrogen peroxide, H,0,; and carbon monoxide, CO. The second type 
of intermediate appears in the sequence of steps for an individual reaction of 
the network. These species (e.g., free radicals in the gas phase) are usually pres- 
ent in very small concentrations and have short lifetimes when compared to 
those of reactants and products. These intermediates will be called reactive in- 
termediates to distinguish them from the more stable species that are the ones 
that appear in the reactions of the network. Referring to Scheme 1.1.1, for the 
oxidation of CH,O to give CO and H,O,, the reaction may proceed through a 
postulated sequence of two steps that involve two reactive intermediates, CHO 
and HO,. The third type of intermediate is called a transition state, which by 
definition cannot be isolated and is considered a species in transit. Each ele- 
mentary step proceeds from reactants to products through a transition state. 
Thus, for each of the two elementary steps in the oxidation of CH,O, there is 
a transition state. Although the nature of the transition state for the elementary 
step involving CHO, O,, CO, and HO, is unknown, other elementary steps have 
transition states that have been elucidated in greater detail. For example, the 
configuration shown in Fig. 1.1.1 is reached for an instant in the transition state 
of the step: 


OH” + CjH.Br > HOCH; + Bro 


The study of elementary steps focuses on transition states, and the kinetics 
of these steps represent the foundation of chemical kinetics and the highest level 
of understanding of chemical reactivity. In fact, the use of lasers that can gen- 
erate femtosecond pulses has now allowed for the “viewing” of the real-time 
transition from reactants through the transition-state to products (A. Zewail, The 
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Figure 1.1.1 | 
The transition state (trigonal bipyramid) of the elementary step: 


OH™ + C,H;sBr ——> HOCH; + Bro 


The nucleophilic substituent OH” displaces the leaving group Br’. 
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Chemical Bond: Structure and Dynamics, Academic Press, 1992). However, in 
the vast majority of cases, chemically reacting systems are investigated in much 
less detail. The level of sophistication that is conducted is normally dictated by 
the purpose of the work and the state of development of the system. 


1.2 | The Extent of Reaction 


The changes in a chemically reacting system can frequently, but not always (e.g., 
complex fermentation reactions), be characterized by a stoichiometric equation. The 
stoichiometric equation for a simple reaction can be written as: 


NCOMP 
0= vA; (1.2.1) 


i=1 


where NCOMP is the number of components, A;, of the system. The stoichiomet- 
ric coefficients, v,, are positive for products, negative for reactants, and zero for inert 
components that do not participate in the reaction. For example, many gas-phase 
oxidation reactions use air as the oxidant and the dinitrogen in the air does not par- 
ticipate in the reaction (serves only as a diluent). In the case of ammonia synthesis 
the stoichiometric relationship is: 


N, + 3H, = 2NH; 


Application of Equation (1.2.1) to the ammonia synthesis, stoichiometric relation- 
ship gives: 


0 D 2NH, TS N, i 3H, 


For stoichiometric relationships, the coefficients can be ratioed differently, e.g., the 
relationship: 


0 im 2NH, 4 N, T 3H, 
can be written also as: 
0 = NH; — No = “Hy 


since they are just mole balances. However, for an elementary reaction, the stoi- 
chiometry is written as the reaction should proceed. Therefore, an elementary re- 
action such as: 


2NO + O, > 2NO, (correct) 
CANNOT be written as: 


NO + 150, > NO, (not correct) 
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EXAMPLE 1.2.1 ] 


If there are several simultaneous reactions taking place, generalize Equation (1.2.1) to a sys- 
tem of NRXN different reactions. For the methane oxidation network shown in Scheme 1.1.1, 
write out the relationships from the generalized equation. 


E Answer 
If there are NRXN reactions and NCOMP species in the system, the generalized form of Equa- 
tion (1.2.1) is: 
NCOMP 
0= Ñ vA, j= 1y0,NRXN (1.2.2) 

For the methane oxidation network shown in Scheme 1.1.1: 

0 = 0CO, + 1H,0 ~ 10, + 0CO + 0H,O, + 1CH,0 — 1CH, 

0 = 0CO, + 0H,O — 10, + 1CO + 1H,0, — 1CH,O0 + OCH, 

0 = 1CO, + 0H,O ~ $0, — 1CO + 0H,O, + 0CH,O + OCH, 

0 = 0CO, + 1H,O + 40, + 0CO — 1H,O, + 0CH,O + OCH, 


or in matrix form: 


CO, 
H,O 
0 0 1 -i 0 0 1 -1 6 
0 0 -i I 1 =f 0 A 
a 0 i co 
0 he gs ee Os OF OH 
f°.) -1 0 his 
0 0 h 0 0 CHO 
| CH, | 


Note that the sum of the coefficients of a column in the matrix is zero if the component is 
an intermediate. 


Consider a closed system, that is, a system that exchanges no mass with its sur- 
roundings. Initially, there are n? moles of component A; present in the system. If a 
single reaction takes place that can be described by a relationship defined by Equa- 
tion (1.2.1), then the number of moles of component A; at any time t will be given 
by the equation: 


n(A = n? + y(r) (1.2.3) 


that is an expression of the Law of Definitive Proportions (or more simply, a mole 
balance) and defines the parameter, ®, called the extent of reaction. The extent of 
reaction is a function of time and is a natural reaction variable. 
Equation (1.2.3) can be written as: 
0 
ni (t) T 


p) = H (1.2.4) 


V; 
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Since there is only one ® for each reaction: 


-= (1.2.5) 


or 


nj(t) = np + (2) [ni(t) = n] (1.2.6) 


Thus, if n; is known or measured as a function of time, then the number of moles 
of all of the other reacting components can be calculated using Equation (1.2.6). 


EXAMPLE 1.2.2 | 


If there are numerous, simultaneous reactions occurring in a closed system, each one has an 
extent of reaction. Generalize Equation (1.2.3) to a system with NRXN reactions. 


m Answer 


NRXN 
n=n + X vð; (1.2.7) 
ics 


EXAMPLE 1.2.3 | 


Carbon monoxide is oxidized with the stoichiometric amount of air. Because of the high 
temperature, the equilibrium: 


Nz + O, © 2NO (1) 
has to be taken into account in addition to: 
co +40, © co, (2) 


The total pressure is one atmosphere and the equilibrium constants of reactions (1) and 
(2) are: 

(Xno)? (Xco,) 
Xn J(%o)’ (Xc0)(Xo,)! 


Ky 


where Ky, = 8.26 X 1073, Ky, = 0.7, and X; is the mole fraction of species / (assuming ideal 
gas behavior). Calculate the equilibrium composition. 


E Answer 
Assume a basis of 1 mol of CO with a stoichiometric amount of air (é; and é, are the num- 
ber of moles of N, and CO reacted, respectively): 


total 3.38 3.38 — jé, 


(24) 5 
Ky, ; = 8.26 X 10° 
(1.88 = €)(0.5 — 38) — é) 


a (€)(3.38 — lë) 
* a= 80.5- ii - é) 


The simultaneous solution of these two equations gives: 


é = 0.037, é = 0.190 


Therefore, 


s _ Mole fraction at equilibrium 


0.561 
0.112 
0.247 
0.058 
0.022 


1.000 


EXAMPLE 1.2.4 | 


Using the results from Example 1.2.3, calculate the two equilibrium extents of reaction. 
E Answer 

py = é = 0.037 

Os = ér = 0.190 


VIGNETTE 1.2.1 


Below is shown the pollution standard index (PSI) for Pasadena, California, in July 1995 
from 7 A.M. until 6 P.M.: 


7 8 9 l0 IlNomi 2 3 4 5 6 


On these a. 100 is the Federal standard and values above this a are unhealthy. Noi 
: that the ozone somewhat follows the in ity of the sunlight. That i is because ‘ozone is 
formed by numerous reactions that involv : unig for — er 


NO, + sunlight >N +0. 
O+0,+7B>0,+7B 


whee TB represents: No. ©; or another third body that absorbs the excess vibrational en- 

ergy and thereby stabilizes the O; formed. One major source of NO, is exhaust from ve- 
hicles. NO, formation occurs when N, and O- are e raised to a high Secu (see Ex 
ample 1.2. 23 via the reactions: 


NO + 10) = NO; 


h rmal NO.. Ad a fuels a like 


o 


hydrocarbons + O, = CO, + H,O 
-CO +10, = co, 
mo + 200 = N, + 2CO, 


Catalytic converts (eee Figure 12 D contain metal catalysts (Pd, Pt, Rh) that cary out 
ver ificantly reduce pollution. These catalysts have been i in 
use since and have dran ly aided the reduction of air pollution in Los Angeles 
and elsewhere. For example, in the 1970s the PSI in Pasadena showed levels over 400 on 
really smoggy days. In the 1990s, these levels never occurred. Thus, catalytic converters 
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significantly contributed to pollution reduction and are one of the major success stories 
for chemical reaction engineering. 


Insulation cover 


Mat Insulation 


Monolith 
` catalyst 
Lower shell 


Figure 1.2.1 | Ceramic monolith catalytic converter. 
Adapted with permission from K. C. Taylor, CHEMTECH, 
20 (1990) 551. Copyright 1990 American Chemical Society. 


The drawback of ® is that it is an extensive variable, that is, it is dependent 
upon the mass of the system. The fractional conversion, f, does not suffer from this 
problem and can be related to ®. In general, reactants are not initially present in 
stoichiometric amounts and the reactant in the least amount determines the maxi- 
mum value for the extent of reaction, Pmax- This component, called the limiting 
component (subscript €) can be totally consumed when ® reaches Pmax- Thus, 


0 = n} + uP na (1.2.8) 
The fractional conversion is defined as: 


(1) 


fO = T (1.2.9) 


and can be calculated from Equations (1.2.3) and (1.2.8): 


$ ñ € 
ae lam (1.2.10) 


Equation (1.2.10) can be rearranged to give: 
ne = n1 — fe) (1.2.11) 


where 0 = fe = 1. When the thermodynamics of the system limit ® such that it can- 
not reach Pmax (where ne = 0), ® will approach its equilibrium value P°4 (ne # 0 
value of nę determined by the equilibrium constant). When a reaction is limited by 
thermodynamic equilibrium in this fashion, the reaction has historically been called 


14 
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reversible. Alternatively, the reaction can be denoted as two-way. When O°" is equal 
to Pmax for all practical purposes, the reaction has been denoted irreversible or one- 
way. Thus, when writing the fractional conversion for the limiting reactant, 


sfpl (1.2.12) 


where f° is the fractional conversion at equilibrium conditions. 
Consider the following reaction: 


GA+bBt+:=35S+wwt- (1.2.13) 


Expressions for the change in the number of moles of each species can be written 
in terms of the fractional conversion and they are [assume A is the limiting reac- 
tant, lump all inert species together as component / and refer to Equations (1.2.6) 
and (1.2.11)]: 


n, = nf (inerts) 
nroraL = NnToraL + 14 $ 2u a ae oI 
or 
rota o y y A r (1.2.14) 
ATOTAL MTOTAL L a 


By defining s, as the molar expansion factor, Equation (1.2.14) can be written as: 
NTOTAL 7 ntorar(l + safa) (1.2.15) 

where 

0 2 v; > V; 


2 = x9|— (1.2.16) 
lva] 


e = 
i TOTAL | Va | 
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Notice that ¢, contains two terms and they involve stoichiometry and the initial mole 
fraction of the limiting reactant. The parameter £4 becomes important if the density 
of the reacting system is changing as the reaction proceeds. 


EXAMPLE 1.2.5 l 


Calculate £, for the following reactions: 


(i) n-butane = isobutane (isomerization) 
(ii) n-hexane => benzene + dihydrogen (aromatization) 
(iii) reaction (ii) where 50 percent of the feed is dinitrogen. 


E Answer 
(ij) CH3CH2,CH,CH; = CH;CH(CHs)., pure n-butane feed 


niora [1 — 1 0 
°4 ora LI=1T I~ 
TOTAL 


(ii) + CH3CH»CH,.CH»CH.CH; ==> Q + 4H>, pure n-hexane feed 


notak E +1-1 4 
Feat 


EA a 
ATOTAL 


(iii) CH3;CH,CH,CH,CH,CH; ==> @ + 4H}, 50 percent of feed is n-hexane 


0.5 borat É +1- “| 


k [1] 


0 
ATOTAL 


EXAMPLE 1.2.6 | 


If the decomposition of N20; into NO, and O, were to proceed to completion in a closed 
volume of size V, what would the pressure rise be if the starting composition is 50 percent 
N20s and 50 percent Nz? 


m@ Answer 
The ideal gas law is: 


PV = nroratk,T (R: universal gas constant) 


At fixed T and V, the ideal gas law gives: 


n 
P= pi we = P(1 + ef) 
ATOTAL 
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The reaction proceeds to completion so f4 = 1 at the end of the reaction. Thus, 


P 

pe 1+ EAs As N20; 
with 

N20; = N,0, + $02, 
0.5n9 1+05-1 
e, = arora | LF O08 =I! = 0.25 

ny |—1| 

TOTAL 
Therefore, 

— = 1.25 


1.3 | The Rate of Reaction 


For a homogeneous, closed system at uniform pressure, temperature, and composition 
in which a single chemical reaction occurs and is represented by the stoichiometric 
Equation (1.2.1), the extent of reaction as given in Equation (1.2.3) increases with time, 
t. For this situation, the reaction rate is defined in the most general way by: 


d® mol 
= 1.3.1 
dt (22) ( ) 


This expression is either positive or equal to zero if the system has reached equi- 
librium. The reaction rate, like ®, is an extensive property of the system. A specific 
rate called the volumic rate is obtained by dividing the reaction rate by the volume 


of the system, V: 
1 d® l 
r ( = ) (1.3.2) 


V dt time -volume 


Differentiation of Equation (1.2.3) gives: 


dn; = v; d® (1.3.3) 
Substitution of Equation (1.3.3) into Equation (1.3.2) yields: 
1 dn; 
r= ~ (1.3.4) 
vV dt 


since v; is not a function of time. Note that the volumic rate as defined is an exten- 
sive variable and that the definition is not dependent on a particular reactant or prod- 
uct. If the volumic rate is defined for an individual species, r;, then: 


(1.3.5) 


CHAPTER 1 


The Bäsics of Reaction Kinetics for Chemical Reaction Engineer 17 


Since v; is positive for products and negative for reactants and the reaction rate, 
d®/ dt, is always positive or zero, the various r; will have the same sign as the v; 
(dn; j dt has the same sign as r; since r is always positive). Often the use of molar 
concentrations, C;, is desired. Since C; = n; / V, Equation (1.3.4) can be written as: 


Ld Ldc; Ci aV 
vV dt` ` vi dt vV dt 


i (1.3.6) 


Note that only when the volume of the system is constant that the volumic rate can 
be written as: 


1 dC; 
r = — —-, constant V (1.3.7) 
v; dt 


t 


When it is not possible to write a stoichiometric equation for the reaction, the 
rate is normally expressed as: 


_ (COEF) dn, —, reactant 


1.3.8 
V dt ( ) 


r , (COEF) = { 


+, product 


For example, with certain polymerization reactions for which no unique stoichio- 
metric equation can be written, the rate can be expressed by: 


where n is the number of moles of the monomer. 

Thus far, the discussion of reaction rate has been confined to homogeneous 
reactions taking place in a closed system of uniform composition, temperature, 
and pressure. However, many reactions are heterogeneous; they occur at the in- 
terface between phases, for example, the interface between two fluid phases (gas- 
liquid, liquid-liquid), the interface between a fluid and solid phase, and the inter- 
face between two solid phases. In order to obtain a convenient, specific rate of 
reaction it is necessary to normalize the reaction rate by the interfacial surface 
area available for the reaction. The interfacial area must be of uniform composi- 
tion, temperature, and pressure. Frequently, the interfacial area is not known and 
alternative definitions of the specific rate are useful. Some examples of these types 
of rates are: 


1 d® mol A 
r= : (specific rate) 
gm dt mass-time 
1 d® ( mol ) ee 
r= areal rate 
SA dt area- time 


where gm and SA are the mass and surface area of a solid phase (catalyst), respec- 
tively. Of course, alternative definitions for specific rates of both homogeneous and 
heterogeneous reactions are conceivable. For example, numerous rates can be defined 
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for enzymatic reactions, and the choice of the definition of the specific rate is usu- 
ally adapted to the particular situation. 

For heterogeneous reactions involving fluid and solid phases, the areal rate is 
a good choice. However, the catalysts (solid phase) can have the same surface area 
but different concentrations of active sites (atomic configuration on the catalyst 
capable of catalyzing the reaction). Thus, a definition of the rate based on the num- 
ber of active sites appears to be the best choice. The turnover frequency or rate of 
turnover is the number of times the catalytic cycle is completed (or turned-over) per 
catalytic site (active site) per time for a reaction at a given temperature, pressure, 
reactant ratio, and extent of reaction. Thus, the turnover frequency is: 


L==— (1.3.9) 


where S is the number of active sites on the catalyst. The problem of the use of r, 
is how to count the number of active sites. With metal catalysts, the number of metal 
atoms exposed to the reaction environment can be determined via techniques such 
as chemisorption. However, how many of the surface atoms that are grouped into 
an active site remains difficult to ascertain. Additionally, different types of active 
sites probably always exist on a real working catalyst; each has a different reaction 
rate. Thus, r, is likely to be an average value of the catalytic activity and a lower 
bound for the true activity since only a fraction of surface atoms may contribute to 
the activity. Additionally, r, is a rate and not a rate constant so it is always neces- 
sary to specify all conditions of the reaction when reporting values of r,. 

The number of turnovers a catalyst makes before it is no longer useful (e.g., due to 
an induction period or poisoning) is the best definition of the life of the catalyst. In prac- 
tice, the turnovers can be very high, ~10° or more. The turnover frequency on the other 
hand is commonly in the range of r, = 1 s7" to r, = 0.01 s~" for practical applications. 
Values much smaller than these give rates too slow for practical use while higher values 
give rates so large that they become influenced by transport phenomena (see Chapter 6). 


EXAMPLE 1.3.1 | 


Gonzo and Boudart [J. Catal., 52 (1978) 462] studied the hydrogenation of cyclohexene over 
Pd supported on Al,O3 and SiO, at 308 K, atmospheric pressure of dihydrogen and 0.24M 
cyclohexene in cyclohexane in a stirred flask: 


Pd 


The specific rates for 4.88 wt. % Pd on ALO3 and 3.75 wt. % Pd on SiO, were 7.66 X 1074 
and 1.26 X 107° mol/(gcat - s), respectively. Using a technique called ritration, the percent- 
age of Pd metal atoms on the surface of the Pd metal particles on the AlO, and SiO. was 
21 percent and 55 percent, respectively. Since the specific rates for Pd on AIO; and SiO2 
are different, does the metal oxide really influence the reaction rate? 
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Titration is a technique that can be used to measure the number of surface metal atoms. 
The procedure involves first chemisorbing (chemical bonds formed between adsorbing species 
and surface atoms) molecules onto the metal atoms exposed to the reaction environment. 
Second, the chemisorbed species are reacted with a second component in order to recover 
and count the number of atoms chemisorbed. By knowing the stoichiometry of these two 
steps, the number of surface atoms can be calculated from the amount of the recovered 
chemisorbed atoms. The technique is illustrated for the problem at hand: 


Oxygen atoms 
chemisorbed on 
surface Pd atoms 


Pd metal particle 


(ra (Step 1) 
+O, -_ > 


Metal oxide Metal oxide 
Step I 2Pd, + O, > 2Pd,0 (only surface Pd) 
Step U Pd,O + 3H, = Pd, H + H,O (not illustrated) 


By counting the number of H2 molecules consumed in Step H, the number of surface Pd 
atoms (Pd,) can be ascertained. Thus, the percentage of Pd atoms on the surface can be cal- 
culated since the total number of Pd atoms is known from the mass of Pd. 


E Answer 

The best way to determine if the reaction rates are really different for these two catalysts is 
to compare their values of the turnover frequency. Assume that each surface Pd atom is an 
active site. Thus, to convert a specific rate to a turnover frequency: 


(74) ( mol ) ( gcat ) ( molecular weight of mee) 
p(s ) =r . . 
iS gcat-s mass metal fraction of surface atoms 


= (7.66 X 107*)  (gpigg)(106.4)(0.21) 7! 


Fteto, 
=, Ga 
Tipayaro, = 8.05 
Likewise for Pd on SiOz, 
=65s57! 


Trusio, 


Since the turnover frequencies are approximately the same for these two catalysts, the metal 
oxide support does not appear to influence the reaction rate. 


1.4 | General Properties of the Rate 
Function for a Single Reaction 
The rate of reaction is generally a function of temperature and composition, and the 


development of mathematical models to describe the form of the reaction rate is a 
central problem of applied chemical kinetics. Once the reaction rate is known, 
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information can often be derived for rates of individual steps, and reactors can be 
designed for carrying out the reaction at optimum conditions. 

Below are listed general rules on the form of the reaction rate function (M. 
Boudart, Kinetics of Chemical Processes, Butterworth-Heinemann, 1991, pp. 
13-16). The rules are of an approximate nature but are sufficiently general that ex- 
ceptions to them usually reveal something of interest. It must be stressed that the 
utility of these rules is their applicability to many single reactions. 


Rule 1 o 
The rate function, r, at constant temperature ee decreases i ina monotonic 
fashion with the extent tor reaction e ee 1.4. D ae ae ee 


0.05 010 05 020 025 | 


[acetone] (mol L D 


an M Boudart, AIChE . r R (1966) 313, with permission 

_ of the American Institute of Chemical Engineers. oe 

: ighi 1E. All rights reserved. The rate 
_ data are from the following reaction that o occurs in the -o 
_ gas-phase w with: a nick wee: — o 


__ CHCHCH; => LCCH + o | 


The coefficient k does not depend on the composition of the system or time. For 
this reason, k is called the rate constant. If F is not a function of the temperature, 


r = k(T)F (C) 


then the reaction rate is called separable since the temperature and composition de- 
pendencies are separated in k and F, respectively. 


In Equation (1.4.2), the pre-exponential factor, A, does not depend appreciably on 
temperature, and E is called the activation energy. Figure 1.4.2 is an example of a 
typical Arrhenius plot. 


function F(C,) in the 


The product IT is taken over all components of the system. The exponents a; are 

small integers or fractions that are positive, negative, or zero and are temperature 

independent at least over a restricted interval (see Table 1.4.1 for an example). 
Consider the general reaction: 


aA + bB => wW (1.4.3) 
If the reaction rate follows Rule IV then it can be written as: 
r = kCUCH 


The exponent a; is called the order of reaction with respect to the corresponding 
component of the system and the sum of the exponents is called the total order of 


80 70 60 50 40 


kx105 (mol (m?-min)-!) 


2.8 2.9 3.0 3.1 3.2 
tx 10° (Ky! 


Figure 1.4.2 | 

A typical Arrhenius plot, In k vs 1/T. The slope 
corresponds to -E/R,. Adapted from D. E. Mears and M. 
Boudart, AIChE J. 12 (1966) 313, with permission of the 
American Institute of Chemical Engineers. Copyright 

© 1966 AIChE. All rights reserved. 


the reaction. In general a; # |v;| and is rarely larger than two in absolute value. If 
a; = |v;| for reactants and equal to zero for all other components of the system, the 
expression: 


F(C) = T[c (for reactants only) 


would be of the form first suggested by Guldberg and Waage (1867) in their Law 
of Mass Action. Thus, a rate function of the form: 


Pe kT [ce (1.4.4) 
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Table 1.4.1 | Kinetic parameters for the simultaneous hydroformylation’ and 
hydrogenation? of propene over a rhodium zeolite catalyst at T = 423 K and 
1 atm total pressure [from Rode et al., J. Catal., 96 (1985) 563]. 


mol _7> oe eee 
Rate Rh he = A exp RI) Po, Pu, Peo 


A 4.12 X 10° 1.36 X 10° 1.86 x 10° 
E (kcal/mol), (393-423 K) 15.8 11.0 10.8 
CA 1.01 1.00 0.97 
Qz 0.35 0.40 0.48 
Os 0.71 —0.70 —0.72 
1 CH, = CHCH3 +H => CH3CH,CH; (C3Hg) 
CH3CH»,CH,C =H (n-C4Hg0) 
2 CH, ==CHCH; + CO + Hy F 
CHCHC—H (i-C4HgO) 
CH 


Table 1.4.2" | Examples of rate functions of the type: r = k[[C%. 


Rate functio 
k(CH;CHO)'> 


CH,CHO = CH, + CO 


C,H, + H, => 2CH, (catalytic) k(CsHg)°? (H) 
N, + 3H, => 2NH; (catalytic) k(N;)(H,)225(NH3)"5 


'From M. Boudart, Kinetics of Chemical Processes, Butterworth-Heinemann, 1991, p. 17. 


which is normally referred to as “pseudo mass action” or “power law” is really the 
Guldberg-Waage form only when a; = |v;| for reactants and zero for all other com- 
ponents (note that orders may be negative for catalytic reactions, as will be discussed 
in a later chapter). For the reaction described by Equation (1.4.3), the Guldberg- 
Waage rate expression is: 
r = kCICE 
Examples of power law rate expressions are shown in Table 1.4.2. 
For elementary steps, a; = |v;|. Consider again the gas-phase reaction: 
H, + Br, = 2HBr 


If this reaction would occur by H, interacting directly with Brz to yield two mole- 
cules of HBr, the step would be elementary and the rate could be written as: 


| ae kCy Cpr, 
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However, it is known that this is not how the reaction proceeds (Section 1.1) and 
the real rate expression is: 


For elementary steps the number of molecules that partcipate in the reaction is called 
the molecularity of the reaction (see Table 1.4.3). 


= Ruevy è — a a 
When a reaction is two-way eversib an gen ee oo 


difference between forward d ad | the reverse direction 


When Rule II applies to the rate functions ry. and r~ so that: 
=k Wa (Ci) 
r- =k F(C) 
both rate constants k and k.. are related to the equilibrium constant, Ke. For 


example, the reaction A ==> B at ideal conditions gives (see Chapter 5 for a more 
rigorous explanation of the relationships between rates and equilibrium expressions): 


K, gs fi (1.4.6) 
c7 k. at. 
1.5 | Examples of Reaction Rates 
Consider the unimolecular reaction: 
A — products (1.5.1) 


Using the Guldberg-Waage form of the reaction rate to describe this reaction gives: 


r= kC, (1.5.2) 
From Equations (1.3.4) and (1.5.2): 
1 dn; —1 dng 
C oVd V dt RA 

or 

dna . 

an ~kny (variable V) (1.5.3) 

dfa ale ‘ J 

“~~ = k(1 — fa) [using Equation (1.2.11)] (1.5.4) 


Table 1.4.3 | Molecularity and rates of elementary steps. 


Example Rate constant D 


TECATE or general description w A ig ee 
Unimolecular 1 A —> products N,0; > NO, + NO; 1.96 X 10 exp[—10660/7], s~! 
Bimolecular 2 2A —> products — 

A + B — products NO + NO; —>2NO, 2.0 x 10! cm°/ s / molecule (2) 
Trimolecular 3 3A ~—> products a — 
(rare) 2A + B — products 2NO + O, > 2N0O, 3.3 X 107 exp(530/T), cmf/s/ molecule? (2) 
A +B + C —> products NO + NO, + H,O->2HNO, = 4.4 X 107%, cm/s /molecule? (2) 


(1) From J. H. Seinfeld, Atmospheric Chemistry and Physics of Air Pollution, Wiley, 1986, p. 175. 
(2) Concentrations are in molecules/cm?. 
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Table 1.5.1 | Examples of reactions that can be described using first-order reaction 


rates. 
Reactions = — Examples — 
Isomerizations CH3CH2CH = CH, ==> CH3 — i — CH; 
| 
CH, 
Decompositions N20; => NO, + NO; 
CH — CH) => CH4 + CO 
O 
Radioactive decay 
(each decay can be described a i 
by a first-order reaction rate) 1351 E> 35x98, 35Cs—E> !35Ba(stable) 
dC, 
TA = ARCA (constant V) (1.5.5) 
dP. 
=r = —kP, [constant V: C; = P,/(R,T)] (1.5.6) 


Thus, for first-order systems, the rate, r, is proportional (via k) to the amount 
present, n;, in the system at any particular time. Although at first glance, first- 
order reaction rates may appear too simple to describe real reactions, such is not 
the case (see Table 1.5.1). Additionally, first-order processes are many times used 
to approximate complex systems, for example, lumping groups of hydrocarbons 
into a generic hypothetical component so that phenomenological behavior can be 
described. 

In this text, concentrations will be written in either of two notations. The nota- 
tions C; and [A;] are equivalent in terms of representing the concentration of species 
i or A; respectively. These notations are used widely and the reader should become 
comfortable with both. 


EXAMPLE 1.5.1 | 


The natural abundance of *°°U in uranium is 0.79 atom %. If a sample of uranium is enriched 
to 3 at. % and then is stored in salt mines under the ground, how long will it take the sam- 
ple to reach the natural abundance level of 7*°U (assuming no other processes form **°U; this 
is not the case if PSU is present since it can decay to form *°°U)? The half-life of *°°U is 
7.13 X 108 years. 


m Answer 

Radioactive decay can be described as a first-order process. Thus, for any first-order decay 
process, the amount of material present declines in an exponential fashion with time. This is 
easy to see by integrating Equation (1.5.3) to give: 


n;i = Ni Cxpt—xkt), where 7; is the amount o A; present a = UY, 
? exp(—kt), where n? is th t of n; present at t = O 
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The half-life, t:, is defined as the time necessary to reduce the amount of material in half. For 
a first-order process t; can be obtained as follows: 


or 


Given t:, a value of k can be calculated. Thus, for the radioactive decay of 2351] the first- 


order rate constant is: 


In(2 
"O 
t 


5 


= 9.7 X 107! years™! 
To calculate the time required to have 3 at. % 7*°U decay to 0.79 at. %, the first-order expression: 


G) 
In| — 
ni 


n k 


can be used. Thus, 


= 1.4 X 10° years 


or a very long time. 


EXAMPLE 1.5.2 | 


N0; decomposes into NO, and NO; with a rate constant of 1.96 X 10'4 exp f —10,660/T]s~'. 
At t = 0, pure N,O; is admitted into a constant temperature and volume reactor with an initial 
pressure of 2 atm. After 1 min, what is the total pressure of the reactor? T = 273 K. 


E Answer 
Let n be the number of moles of N,O; such that: 


dn 
— = —k 
dt m 


Since n = n? (1 — f): 


d 
dt 


kK1-f\.f=0@r=0 


Integration of this first-order, initial-value problem yields: 


1 
m( )=« fort = 0 
Le fe 
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or 
f= 1 — exp(—kt) fort=0 
At 273 K, k = 2.16 X 1073 s7!, After reaction for 1 min: 
f= 1 — exp[—(60)(2.16 x 107%)] = 0.12 
From the ideal gas law at constant T and V: 


P n _ Wl + ef) 


P? n? n? 


For this decomposition reaction: 
2. => l 
Eno, = 1.0 ei =1 


Thus, 


P = P1 + f) = 21 + 0.12) = 2.24 atm 


EXAMPLE 1.5.3 | 


Often isomerization reactions are highly two-way (reversible). For example, the isomeriza- 
tion of 1-butene to isobutene is an important step in the production of methyl tertiary butyl 
ether (MTBE), a common oxygenated additive in gasoline used to lower emissions. MTBE 
is produced by reacting isobutene with methanol: 


OCH; 
CH; — C — CH; + CH30H = CH; —C — CH; 
ae on, 
In order to make isobutene, n-butane (an abundant, cheap C, hydrocarbon) can be dehydro- 


genated to 1-butene then isomerized to isobutene. Derive an expression for the concentration 
of isobutene formed as a function of time by the isomerization of 1-butene: 


k 
CH, = CHCH,CH; => CHCH; 


CH, 
E Answer 


Let isobutene be denoted as component / and 1-butene as B. If the system is at constant T 
and V, then: 


dt 


d{B] 


= —kiCp + kC; or —k,[B] + kT] 
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Since [B] = [BPO — fy): 


ry10 
[= U + BP = PM +h) M= | peo 
Thus, 
d =: 
E 


d 
At equilibrium oe = 0, so: 


k (ie [BPM + 8) 
k [By [BPA -f3 


Insertion of the equilibrium relationship into the rate expression yields: 


dfa Mth 
ap 7 k(l = fa) = kC DES 2] 


or after rearran, gement: 


dfa  k(M +1) P 7 o 
a mra fa) fg =0@t=0 


Integration of this equation gives: 


or 


Consider the bimolecular reaction: 
A+B — products (1.5.7) 
Using the Guldberg-Waage form of the reaction rate to describe this reaction gives: 


i The Basie or Raanti indies tor Chemie eeaction Enonesri 


From Equations (1.3.4) and (1.5.8): 
1 dn, —1 dni 


“uv dt V dt BAC 
or 
dna l i 
VaR = —kn,npg (variable V) (1.5.9) 
dC, 
ies —kC,Cp (constant V) (1.5.10) 
dP k 
os = “pT” [constant V: C; = P,/(R,T)| (1.5.11) 


For second-order kinetic processes, the limiting reactant is always the appropriate 
species to follow (let species denoted as A be the limiting reactant). Equations 
(1.5.9-1.5.11) cannot be integrated unless Cg is related to C4. Clearly, this can be 
done via Equation (1.2.5) or Equation (1.2.6). Thus, 


ng = ng — (n4 — na) 
or if the volume is constant: 
Cs = Ch — (Cå — C4) or Pg= Pp - (På — P,) 


nb _ Ch _ Ph 


my Ca Pa 


If M = then: 


ng = n, + n\(M — 1) (variable V) 


il 


Cs = Cy + C4(M — 1) (constant V) (1.5.12) 
Pg = P, + P\(M — 1) (constant V) 


Inserting Equation (1.5.12) into Equations (1.5.9-1.5.11) gives: 


d £ 
V = = —kn,[ny + n9(M — 1)] (variable V) (1.5.13) 

dC, r Ori à 

ao —kC,[C, + CQ(M — 1)] (constant V) (1.5.14) 

dP koo. es 

p = pT Ala + P{(M — 1)} (constant V) (1.5.15) 


If V is not constant, then V = V° (1 + s; f4) by using Equation (1.2.15) and the 
ideal gas law. Substitution of this expression into Equation (1.5.13) gives: 
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na rag 7 
dt (1+ E4 fa) 


(1.5.16) 


EXAMPLE 1.5.4 | 


Equal volumes of 0.2 M trimethylamine and 0.2 M n-propylbromine (both in benzene) 
were mixed, sealed in glass tubes, and placed into a constant temperature bath at 412 K. 
After various times, the tubes were removed and quickly cooled to room temperature to 
stop the reaction: 


z 
N(CH;); + CjH;Br => C,H, N(CH;);Br 


The quaternization of a tertiary amine gives a quaternary ammonium salt that is not soluble 
in nonpolar solvents such as benzene. Thus, the salt can easily be filtered from the remain- 
ing reactants and the benzene. From the amount of salt collected, the conversion can be cal- 
culated and the data are: 


Time at 412 K (min) Conversion (%) 


5 4.9 
13 11.2 
25 20.4 
34 25.6 
45 31.6 
59 36.7 
80 45.3 

100 50.7 
120 55.2 


Are these data consistent with a first- or second-order reaction rate? 


E Answer 
The reaction occurs in the liquid phase and the concentrations are dilute. Thus, a good as- 
sumption is that the volume of the system is constant. Since CÌ = C9: 


1 
(first-order) in| | = kt 
=f 


(second-order) 

1— fa 
In order to test the first-order model, the In[1{1 — f,)] is plotted versus ¢ while for the 
second-order model, f,/(1 — f,) is plotted versus z (see Figures 1.5.1 and 1.5.2). Notice that 
both models conform to the equation y = a,f + a. Thus, the data can be fitted via linear 
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1.0 


Figure 1.5.1 | 
Reaction rate data for first-order kinetic model. 


regression to both models (see Appendix B). From visual inspection of Figures 1.5.1 and 
1.5.2, the second-order model appears to give a better fit. However, the results from the lin- 
ear regression are (SE is the standard error): 


first-order @, = 6.54 X 107? SE(@,) = 2:51 x 107+ 
@ = 5.55 X 10°? SE(@) = 1.63 x 107? 
R. = 0.995 


second-order @, = 1.03 X 107?  SE(&) = 8.81 x 10° 


@ = —5.18 X 1073 SE(@) = 5.74 x 1077 
R, = 0.999 


Both models give high correlation coefficients (R,.), and this problem shows how the 
correlation coefficient may not be useful in determining “goodness of fit.” An appropriate 
way to determine “goodness of fit” is to see if the models give a that is not statistically 
different from zero. This is the reason for manipulating the rate expressions into forms that 
have zero intercepts (i.e., a known point from which to check statistical significance). If a 
student f *-test is used to test significance (see Appendix B), then: 

ey [a E 0! 


l T SE) 
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Figure 1.5.2 | 
Reaction rate data for second-order kinetic model. 


The values of 7* for the first- and second-order models are: 


55 X 1077 — 

jt = 15.55 xX 10 i ol 330 
1.63 X 107? 

a —5.18 x 107° — 0 

iz = | = | 0.96 
5.74 X 10 


For 95 percent confidence with 9 data points or 7 degrees of freedom (from table of student 
t* values): 


expected deviation 


ze 


lexp T 


= 1.895 
standard error 


Since ff > fep and f% < Fáp the first-order model is rejected while the second-order model 
is accepted. Thus, 


kC? = 1.030 x 107? 
and 


1.030 x 107? 
k= = 0.1030 
OAM M - min 
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When the standard error is known, it is best to report the value of the correlated parameters: 


r = [0.1030 + 0.0009 M7! min™'1C,C, 


EXAMPLE 1.5.5 | 


The following data were obtained from an initial solution containing methyl iodide (MI) and 
dimethyl-p-toludine (PT) both in concentrations of 0.050 mol/L. The equilibrium constant 
for the conditions where the rate data were collected is 1.43. Do second-order kinetics ade- 
quately describe the data and if so what are the rate constants? 


Data: 
10 0.18 
26 0.34 
36 0.40 
78 0.52 
m Answer 
k + 
CH31 + (CH3).N CH, => (CH3)3N CH; +I 
2 
(MI) (PT) (NQ) (D 
At constant volume, 


at = ky CppCyy + RyCugCy 


Chr = Coy = 0.05, Cito = CP = 0, 
Cpr = Cer(1 ~ for), Cur = Crr(1 — fer) 
Crno = C= Cir for 


Therefore, 
= kC or (1 — for)! ~ kC orf pr 


At equilibrium, 
pok C 
o = 1 l 
ky (he pry 
Substitution of the equilibrium expression into the rate expression gives: 


BEN ag el JE A) fey 


dt “JPT PT 
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Upon integration with fpr = Oatr = 0: 
i | pr — (2f pr ~ I) fer | 
n e 
(f pr ~ for) J 
Note that this equation is again in a form that gives a zero intercept. Thus, a plot and linear 
least squares analysis of: 


1 
= ml- = tote 
PT 


m| PT = (2f pt = l)fer 
(f PT = fer) 
will show if the model can adequately describe the data. To do this, fpr is calculated from 


Kc and it is fpr = 0.545. Next, from the linear least squares analysis, the model does fit the 
data and the slope is 0.0415. Thus, 


| versus f 


1 
0.0415 = nl - [ch 
PT. 


giving k, = 0.50 L/mol/min. From Kç and k,, k2= 0.35 L/mol/min. 


Consider the trimolecular reaction: 
A + B+C — products (1.5.17) 


Using the Guldberg-Waage form of the reaction rate to describe this reaction 
gives: 


r = kC4CpCc (1.5.18) 
From Equations (1.3.4) and (1.5.18): 


1 dn; —1 dn, CC.C 
uV d V da Oe 
y2 dng | 

aaa —kngngnc (variable V) (1.5.19) 
dC, 
ae = —kC,C,Cc (constant V) (1.5.20) 
dP, k 
p = TR rp eee (constant V) (1.5.21) 


Trimolecular reactions are very rare. If viewed from the statistics of collisions, 
the probability of three objects colliding with sufficient energy and in the correct 
configuration for reaction to occur is very small. Additionally, only a small amount 
of these collisions would successfully lead to reaction (see Chapter 2, for a de- 
tailed discussion). Note the magnitudes of the reaction rates for unimolecular and 
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bimolecular reactions as compared to trimolecular reactions (see Table 1.4.3). How- 
ever, trimolecular reactions do occur, for example: 


O + O, + TB —> O; + TB 


where the third body TB is critical to the success of the reaction since it is neces- 
sary for it to absorb energy to complete the reaction (see Vignette 1.2.1). 

In order to integrate Equation (1.5.20), Cg and Cc must be related to C4 
and this can be done by the use of Equation (1.2.5). Therefore, analysis of a 
trimolecular process is a straightforward extension of bimolecular processes. 
If trimolecular processes are rare and give slow rates, then the question arises 
as to how reactions like hydroformylations (Table 1.4.1) can be accomplished 
on a commercial scale (Vignette 1.5.1). The hydroformylation reaction is for 
example (see Table 1.4.1): 


o 
| 


CH) =CH—R + CO + H ==> R—CH)—CH)—C—H 


R 


R 
E 


Rh — CH,CH,R 
(0 
C 
| 
H ~- Rh 
Bae (6) 
I 
Rh — C — CH,CH)R 
H 
\ ue : 
H — Rh 
H O 
| l 
H — Rh — C — CH,CH,R 
(0 


H 


i 
H — C — CH,CH,R 


Figure 1.5.3 | 
Simplified version of the hydroformylation mechanism. Note that other ligands on the Rh 
are not shown for ease in illustrating what happens with reactants and products. 


37 


i The Basics of Beaction Kinetics for Chemical Reaction Enaineeri 


This reaction involves three reactants and the reason that it proceeds so efficiently 
is that a catalyst is used. Referring to Figure 1.5.3, note that the rhodium catalyst 
coordinates and combines the three reactants in a closed cycle, thus breaking the 
“statistical odds” of having all three reactants collide together simultaneously. With- 
out a catalyst the reaction proceeds only at nonsignificant rates. This is generally 
true of reactions where catalysts are used. More about catalysts and their functions 


will be described later in this text. 


VIGNETTE 1.5.1 | : 


Ingredients in soap (e.g., a shampoo) contain compounds like sodium lauryl sulfate. 
Sodium lauryl sulfate is CH, (CH,)j) — CH, — OSO; Na* and is a good detergent 
because “oily” substances interact with the hydrocarbon chain and the sodium sulfate 
portion of the molecule makes them water-soluble. Thus, when molecules like sodium 
lauryl sulfate contact “oily” clothes, dishes, hair, etc., they are able to “solubilize” the 
“oily” fraction and remove it when combined with water. Sodium lauryl sulfate is man- 
ufactured from lauryl alcohol (1-dodecanol) by sulfonation and neutralization with PRON 


rao alcohol is produced by the hydroformylation of Tunden 


H3 —(CH-)s — CH=CH; + CO + Hy ==> CH; —(CH)io —C—H 


after which the aldehyde is hydrogenated to the alcohol: 


O 


|l 
CH; —(CHo)io—C—H + Hy => CH; — (CH2) — CH,OH 


Thus, large-scale hydroformylation reactors are used worldwide to unma produce 


Aaen gmr surfactants. 


When conducting a reaction to give a desired product, it is common that other 
reactions proceed simultaneously. Thus, more than a single reaction must be 
considered (i.e., a reaction network), and the issue of selectivity becomes important. 
In order to illustrate the challenges presented by reaction networks, smali reaction 
networks are examined next. Generalizations of these concepts to larger networks 


are only a matter of patience. 


Consider the reaction network of two irreversible (one-way), first-order reac- 


tions in series: 


a*s gr Bc 


(1.5.22) 


This network can represent a wide variety of important classes of reactions. For ex- 
ample, oxidation reactions occurring in excess oxidant adhere to this reaction net- 
work, where B represents the partial oxidation product and C denotes the complete 


oxidation product CO: 
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= \ ‘ 
excess air i excess air 


CH3CH,OH => CH3;C—H => 2CO, + 2H20 


ethanol acetaldehyde 


For this situation the desired product is typically B, and the difficulty arises in how 
to obtain the maximum concentration of B given a particular k, and kz. Using the 
Guldberg-Waage form of the reaction rates to describe the network in Equation 
(1.5.22) gives for constant volume: 


dC, 

T ee 

dC 

— = kC, — kCr (1.5.23) 
dt 

dC 

a Me 


with 
C? + C8 + C} = C° = C, + Cp t Ce 
Integration of the differential equation for C4 with C, = C$ at t = 0 yields: 
Cy = Ch exp[ —kıt] (1.5.24) 
Substitution of Equation (1.5.24) into the differential equation for Cg gives: 


dC 
P + kCp = kChexp[—k,t] 


This equation is in the proper form for solution by the integrating factor method, 
that is: 


dy 
ie p(y = g(t), I= exp) [poar 
fay) = lioa 
J J 
Now, for the equation concerning Cg, p(t) = k, so that: 


[Cr expt) = [KCl = ka 


Integration of the above equation gives: 


-T aCe 
Cp exp! kat] = F = [ovi — kulty 
2 1 


or 


kich 

Cz = exp(—k,t) + y exp(—kzt) 
k, — ki 

where y is the integration constant. Since Cg = C$ at t = 0, y can be written as a 

function of C4, C9, kı and k. Upon evaluation of y, the following expression is 

found for Cz (t): 


kiC4 
4 TF exp(—k,t) — exp(—kt)] + CSexp(—kt) (1.5.25) 


C, = 
e7 p-k. 


By knowing C(t) and C,(1), Ce (®) is easily obtained from the equation for the con- 
servation of mass: 


Ce = œ? = Ca a Cp (1.5.26) 


For Cz = C2 = 0 and k, = ky, the normalized concentrations of C4, Cg, and Ce 
are plotted in Figure 1.5.4. 

Notice that the concentration of species B initially increases, reaches a maximum, 
and then declines. Often it is important to ascertain the maximum amount of species 
B and at what time of reaction the maximum occurs. To find these quantities, notice 
that at Cz", dC, /dt = 0. Thus, if the derivative of Equation (1.5.25) is set equal to 
zero then fmax can be found as: 


pr l(B0+S-@) 2) 
fn n Te fe 1.5.27 
mx Ce — k) n|% co Mk) ee 


max 


Using the expression for tnax (Equation (1.5.27)) in Equation (1.5.25) yields Cz 


Cc? 


Time 


Figure 1.5.4 | 
Normalized concentration of species 7 as a 
function of time for k, = kz. 
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EXAMPLE 1.5.6 | 


For C$ = CÈ = 0, find the maximum concentration of Cp for k; = 2k). 


E Answer 
From Equation (1.5.27) with C$ = 0, tnax is: 


= Game) 


Substitution of fma; into Equation (1.5.25) with C3 = 0 gives: 


Peg Z 5 e| aos n()| exp) ab in( 2) 


or 
kı 


i (He) í (o 


(k; ~ kı)| \kz ky 


fae ae = ” 


This equation can be simplified as follows: 
mar = ky O 
pean (ky = ki)| \ko 


aco -_k_| aA 
Ce a ap G la J 


With k, = 2k, 


k 


ka — ka 


) O M 


or 


li 
oo 
om [2 
—A 

D 

tie 
kaa 

N itt 


c3 = 0,5C2 


When dealing with multiple reactions that lead to various products, issues of 
selectivity and yield arise. The instantaneous selectivity, s;, is a function of the local 
conditions and is defined as the production rate of species i divided by the produc- 
tion rates of all products of interest: 


s; = —, j= 1,, all products of interest (1.5.28) 


Èr 


where r; is the rate of production of the species i. An overall selectivity, S;, can be 
defined as: 


total amount of species i 
S; = (1.5.29) 


i total amount of products of interest 
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The yield, Y;, is denoted as below: 


total amount of product i formed 
Y; = — (1.5.30) 
initial amount of reactant fed 


where the initial amount of reactant fed is for the limiting component. For the net- 
work given by Equation (1.5.22): 


s amount of B formed _ amount of B formed 
8 amount of B and C formed amount of A reacted 
or 
A (1.5.31) 
B c? E Ca awe 
and 
amount of B formed Cp 


= = 1.5.32 
2 initial amount of A fed C2 ( ) 


The selectivity and yield should, of course, correctly account for the stoichiometry 
of the reaction in all cases. 


EXAMPLE 1.5.7 | 


Plot the percent selectivity and the yield of B [Equation (1.5.31) multiplied by 100 percent 
and Equation (1.5.32), respectively] as a function of time. Does the time required to reach 
C give the maximum percent selectivity to B and/or the maximum fractional yield of B? 
Let ky = 2k, Ch = C} = 0. 


m Answer 
From the plot shown below the answer is obvious. For practical purposes, what is important 
is the maximum yield. 


0.5 100 
a 044 80 
x 
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Consider the reaction network of two irreversible (one-way), first-order reac- ` 
tions in parallel: 


2S SP (1.5.33) 


Again, like the series network shown in Equation (1.5.22), the parallel network of 
Equation (1.5.33) can represent a variety of important reactions. For example, de- 
hydrogenation of alkanes can adhere to this reaction network where the desired 
product DP is the alkene and the undesired side-product SP is a hydrogenolysis 
(C—C bond-breaking reaction) product: 


CH2 == CH; + H3 
CH3 — CH3 
=a CH, + carbonaceous residue on catalyst 


Using the Guldberg-Waage form of the reaction rates to describe the network in 
Equation (1.5.33) gives for constant volume: 


dc, 


dt = —(k; + k2)Ca 
dC 
ae =hC, (1.5.34) 
dC; 

Wo bea 


with 
Ci + Cop + Csp = C° = Cy + Cop + Cop 
Integration of the differential equation for C, with C, = CÌ at t = 0 gives: 
Ca = Ch exp[—(k, + ke] (1.5.35) 
Substitution of Equation (1.5.35) into the differential equation for Cpp yields: 


dC pp 
dt 


= kCRexp[—-(k + ka)t] 


The solution to this differential equation with Cpp = C pp at t = 0 is: 


kC 
(ky + k 


Cpp = Chp + 5 [1 — exp[—(k, + &)e]] (1.5.36) 
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Likewise, the equation for Csp can be obtained and it is: 


kC? 


Ca = Ch es [1 — exp[—(k, + k)t]] (1.5.37) 
The percent selectivity and yield of DP for this reaction network are: 
x 100% = CE x 100% KiCa sag Ee 100% 
AY = = rea ia = 
DP ° dC, ° Softee ar ane ktk i 
(1.5.38) 
and 
C 
y = (1.5.39) 
C4 


EXAMPLE 1.5.8 | 


The following reactions are observed when an olefin is epoxidized with dioxygen: 


alkene + O2 ===> epoxide 
epoxide + O, ==> CO, + H,O 
alkene + O) ==> CO, + H,O 


Derive the rate expression for this mixed-parallel series-reaction network and the expression 
for the percent selectivity to the epoxide. 


E Answer 
The reaction network is assumed to be: 


k k- 
A +0 —> EP+0 — cD 


|» 


CD 


where A: alkene, O: dioxygen, EP: epoxide, and CD: carbon dioxide. The rate expressions 
for this network are: 


dC x 

=A = kC aCo — ksCaCo 

a = Ki CyCo = kyCepCo 
£ 


= k CgpCo + ky Cac 
dt 2€EpLo 3€alo 


wae er eee reeuinsad 


The percent selectivity to EP is: 


r kiCaCo — kCerC, 
Sep = ——"—— X 100% = AEE x 100% 
Tep + Top kiCaCo + Calo 


EXAMPLE 1.5.9 | 


In Example 1.5.6, the expression for the maximum concentration in a series reaction network 
was illustrated. Example 1.5.8 showed how to determine the selectivity in a mixed-parallel 
series-reaction network. Calculate the maximum epoxide selectivity attained from the reac- 
tion network illustrated in Example 1.5.8 assuming an excess of dioxygen. 


E Answer 
If there is an excess of dioxygen then Co can be held constant. Therefore, 


kiCaCo — kyCepCo kiCa ~ kyCgp 


sE T CCo + EOC (ki AORN, 


From this expression it is clear that the selectivity for any C4 will decline as k Cpp increases. 
Thus, the maximum selectivity will be: 

nex = kiCa me ky 

(ky t+ h)Cy ky t+ ky 


and that this would occur at £ = 0, as was illustrated in Example 1.5.7. Here, the maximum 
selectivity is not 100 percent at t = 0 but rather the fraction k / (ka + k3) due to the parallel 
portion of the network. 


EXAMPLE | 


1.5.10 
Find the maximum yield of the epoxide using the conditions listed for Example 1.5.9. 


m@ Answer 
The maximum yield, C/C) will occur at CBS. If ki = kCo, = kCo, ky = kCo, 
y = C/C% and x = Cpp/C§, the rate expressions for this network can be written as: 


dy = 3 S a 
= —k ky = -—(k, +k 
a Y 7 ky = (ky + ka)y 
dx Fe a 
< = ky ~ kox 
dt wy 24 


Note the analogy to Equation (1.5.23). Solving the differential equation for y and substitut- 
ing this expression into the equation for x gives: 
dx 


Ar + kx = kexp[—(k, + k)i] 


(k+) (E +$ )t (k +k) 


Figure 1.5.5 | 
Normalized concentration of species i as a function of time for k; = kz. 


Solution of this differential equation by methods employed for the solution of Equation 
(1.5.23) gives: 


pia E E E T 
ky > (kı + ks) 


If ks = 0, then the expression is analogous to Equation (1.5.25). In Figure 1.5.5, the nor- 
malized concentration profiles for various ratios of k,/ k; are plotted. The maximum yields of 
epoxide are located at the x" for each ratio of A Jka. Note how increased reaction rate to 
deep oxidation of alkane decreases the yield to the epoxide. 


Exercises for Chapter 1 


1. Propylene can be produced from the dehydrogenation of propane over a 
catalyst. The reaction is: 


Hə H 

C C 

fl St ef Ma 
H3C CH3 H3C CH2 


propane propylene 


At atmospheric pressure, what is the fraction of propane converted to propylene 
at 400, 500, and 600°C if equilibrium is reached at each temperature? Assume 
ideal behavior. 


Temperature (°C) 400 500 | 600 
Ka 0.000521 0.0104 0.104 
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2. An alternative route to the production of propylene from propane would be 
through oxydehydrogenation: 


Hz H 
O E tO 
H3C CH3 H3C CH2 
propane propylene 


At atmospheric pressure, what is the fraction of propane converted to propylene 
at 400, 500, and 600°C if equilibrium is reached at each temperature? Compare 
the results to those from Exercise 1. What do you think is the major impediment 
to this route of olefin formation versus dehydrogenation? Assume ideal 
behavior. 


Temperature (°C) 500 600 


Ka 1.16 X 10% 5.34 X 10” 8.31 X 107! 


3. The following reaction network represents the isomerization of 1-butene to 
cis- and trans-2-butene: 


1-butene 


HC = CH 
HC — CH3 


CH; 
/ ky 
HC=C Sach SET a HC =CH 
/ H Aeae fre 
H3C aad HC CH3 
trans-2-butene k cis-2-butene 


The equilibrium constants (K,’s) for steps 1 and 2 at 400 K are 4.30 and 2.15, 

respectively. Consider the fugacity coefficients to be unity. 

(a) Calculate the equilibrium constant of reaction 3. 

(b) Assuming pure 1-butene is initially present at atmospheric pressure, 
calculate the equilibrium conversion of 1-butene and the equilibrium 
composition of the butene mixture at 400 K. (Hint: only two of the three 
reactions are independent.) 

4. Xylene can be produced from toluene as written schematically: 
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CH; CH; CH; 
AG'= | 
AN SQ 14.85 KI mol! | ïs- CH; a 
+ == E 
ed a a LA 
toluene ortho-xylene benzene 
CH; CH; x CH; 
4G°= 
Sy 10.42 kJ mol SQ 
+ San + | 
toluene meta-xylene benzene 
CH, CH; CH; 
| AG°= 
15,06 kJ mol! 
+ a + 
toluene CH; benzene 
para-xylene 


The values of AG° were determined at 700 K. What is the equilibrium 
composition (including all xylene isomers) at 700 K and 1.0 atm pressure? 
Propose a method to manufacture para-xylene without producing significant 
amounts of either ortho- or meta-xylene. 

Vinyl chloride can be synthesized by reaction of acetylene with hydrochloric 
acid over a mercuric chloride catalyst at 500 K and 5.0 atm total pressure. An 
undesirable side reaction is the subsequent reaction of vinyl chloride with HCI. 
These reactions are illustrated below. 


HC=CH + HCl {© H,C = CHCI a) 
acetylene vinyl chloride 
H,C = CHC] + HCl © H,C— CHCI, (2) 


1,2 dichloroethane 


13 


The equilibrium constants at 500 K are 6.6 X 10° and 0.88 for reaction 1 and 

2, respectively. Assume ideal behavior. 

(a) Find the equilibrium composition at 5.0 atm and 500 K for the case when 
acetylene and HCl are present initially as an equimolar mixture. What is 
the equilibrium conversion of acetylene? 

(b) Redo part (a) with a large excess of inert gas. Assume the inert gas 
constitutes 90 vol. % of the initial gas mixture. 

Acetone is produced from 2-propanol in the presence of dioxygen and the 

photocatalyst TiO. when the reactor is irradiated with ultraviolet light. For a 
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reaction carried out at room temperature in 1.0 mol of liquid 2-propanol 
containing 0.125 g of catalyst, the following product concentrations were 
measured as a function of irradiation time (J. D. Lee, M.S. Thesis, Univ. of 


Virginia, 1993.) Calculate the first-order rate constant. 


Reaction time (min) | 20 | 40 | 60 | 80 | 100 [120 | 140 | 160 | 180 


Acetone produced 1.9 | 3.9 | 5.0 | 6.2 | 8.2 | 10 | 11.5 | 13.2 | 14.0 


(acetone J Sassen) x 10° 


7. The Diels-Alder reaction of 2,3-dimethyl-1,3-butadiene (DMB) and acrolein 
produces 3,4-dimethyl-A*tetrahydro-benzaldehyde. 


a ety 


This overall second-order reaction was performed in methanol solvent with 
equimolar amounts of DMB and acrolein (C. R. Clontz, Jr., M.S. Thesis, Univ. 
of Virginia, 1997.) Use the data shown below to evaluate the rate constant at 


each temperature. 


Acrolein 


Temperature 
(K) (hours) | 
323 0 
323 20 
323 40 
323 45 
298 0 
298 74 
298 98 
29 125 
298 170 
278 0 
278 75 
278 110 
278 176 
278 230 


3,4-Dimethy1-A3- 
tetrahydro-benzaldehyde 


Reaction time [I 


0.097 


0.079 
0.069 
0.068 
0.098 
0.081 
0.078 
0.07 

0.066 
0.093 
0.091 
0.090 
0.088 
0.087 


8. Some effluent streams, especially those from textile manufacturing facilities 
using dying processes, can be highly colored even though they are considered 
to be fairly nontoxic. Due to the stability of modern dyes, conventional 
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10. 


biological treatment methods are ineffective for decolorizing such streams. 
Davis et al. studied the photocatalytic decomposition of wastewater dyes as a 
possible option for decolorization [R. J. Davis, J. L. Gainer, G. O’Neal, and 
L-W. Wu, Water Environ. Res. 66 (1994) 50]. The effluent from a municipal 
water treatment facility whose influent contained a high proportion of dyeing 
wastewater was mixed with TiO, photocatalyst (0.40 wt. %), sparged with air, 
and irradiated with UV light. The deep purple color of the original wastewater 
lightened with reaction time. Since the absolute concentration of dye was not 
known, the progress of the reaction was monitored colorimetrically by 
measuring the relative absorbance of the solution at various wavelengths. 
From the relative absorbance data collected at 438 nm (shown below), 
calculate the apparent order of the decolorization reaction and the rate 
constant. The relative absorbance is the absorbance at any time ¢ divided by 
the value at t = 0. 


Reaction time (min) Ae eee 180 210 


Relative absorbance 0.23 0.17 


The following reaction is investigated in a constant density batch reactor: 


SS 
N20; + 2 || a 2 + H,O 
a 
(A) (B) 


The reaction rate is: 


dC 

e GCG 
The reactor is initially charged with C$ and C$ and C§/C? = 3.0. Find the 
value of k if C? = 0.01 mol/L and after 10 min of reaction the conversion of 
N,O; is 50 percent. 
As discussed in Vignette 1.1.1, ammonia is synthesized from dinitrogen and 
dihydrogen in the presence of a metal catalyst. Fishel et al. used a constant 
volume reactor system that circulated the reactants over a heated ruthenium 
metal catalyst and then immediately condensed the product ammonia in a 
cryogenic trap [C. T. Fishel, R. J. Davis, and J. M. Garces, J. Catal. 163 
(1996) 148]. A schematic diagram of the system is: 
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Catalytic 
reactor 


Ammonia trap 


From the data presented in the following tables, determine the rates of 
ammonia synthesis (moles NH; produced per min per gcat) at 350°C over a 
supported ruthenium catalyst (0.20 g) and the orders of reaction with respect 
to dinitrogen and dihydrogen. Pressures are referenced to 298 K and the total 
volume of the system is 0.315 L. Assume that no ammonia is present in the 
gas phase. 


N2:H;:He = 3:1:0 


Pressure (torr) 766.2 731.9 711.9 | 686.2 | 661.5 
Time (min) 0 18 30 | 42 | 54 
N,:H>:He = 1:1:2 
753.4 737.5 726.6 
entereoemap tienen 
0 15 30 


Pressure (torr) 707.1 700.2 693.2 683.5 75.5 


709.5 700.3 
45 60 


Pressure (torr) 


Time (min) 


N>:H»:He = 1:3:0 


In Example 1.5.6, the series reaction: 


k 

aol B k, C 

was analyzed to determine the time (fmax) and the concentration (CZ) 
associated with the maximum concentration of the intermediate B when 
kı = 2k). What are fmax and C# when k, = ky? 
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12. The Lotka-Volterra model is often used to characterize predator-prey interactions. 
For example, if R is the population of rabbits (which reproduce autocatalytically), 
G is the amount of grass available for rabbit food (assumed to be constant), L 
is the population of lynxes that feeds on the rabbits, and D represents dead lynxes, 
the following equations represent the dynamic behavior of the populations of 
rabbits and lynxes: 


R + G — 2R (1) 
L+R — 2L (2) 
L—D (3) 


Each step is irreversible since, for example, rabbits cannot turn back into 

grass. 

(a) Write down the differential equations that describe how the populations 
of rabbits (R) and lynxes (L) change with time. 

(b) Assuming G and all of the rate constants are unity, solve the equations 
for the evolution of the animal populations with time. Let the initial values 
of R and L be 20 and 1, respectively. Plot your results and discuss how 
the two populations are related. 

13. Diethylamine (DEA) reacts with 1-bromobutane (BB) to form diethylbutylamine 

(DEBA) according to: 


H> C2H5 
C2Hs pr C CH; | 
ie ge Ne ON => G@H3s—N +HBr 
a C C 
C2H5 — NH H H | 
: C4Ho 
diethylamine 1-bromobutane diethylbutylamine 


From the data given below (provided by N. Leininger, Univ. of Virginia), find 
the effect of solvent on the second-order rate constant. 


Time (min) [DEBA] (mol L`’) Time (min) [DEI 
0 0.000 0 0.000 
35 0.002 31 0.004 
115 0.006 58 0.007 
222 0.012 108 0.013 
455 0.023 190 0.026 
Solvent = 1,4-butanediol Solvent = acetonitrile 
T = 22°C T = 22°C 
[DEA]? = [BB]° = 0.50 mol L™! [DEA]? = 1.0 mol L7! 


[BB]? = 0.10 mol L™! 


14. 


15. 


16. 


17. 
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A first-order homogeneous reaction of A going to 3B is carried out in a constant 
pressure batch reactor. It is found that starting with pure A the volume after 
12 min is increased by 70 percent at a pressure of 1.8 atm. If the same reaction 
is to be carried out in a constant volume reactor and the initial pressure is 
1.8 atm, calculate the time required to bring the pressure to 2.5 atm. 
Consider the reversible, elementary, gas phase reaction shown below that 
occurs at 300 K in a constant volume reactor of 1.0 L. 


ky 
A + B ==> C, k = 60Lmol'!h!, kz = 3.0h7! 


ky 


For an initial charge to the reactor of 1.0 mol of A, 2.0 mol of B, and no C, 
find the equilibrium conversion of A and the final pressure of the system. Plot 
the composition in the reactor as a function of time. 

As an extension of Exercise 15, consider the reversible, elementary, gas phase 
reaction of A and B to form C occurring at 300 K in a variable volume (constant 
pressure) reactor with an initial volume of 1.0 L. For a reactant charge to the 
reactor of 1.0 mol of A, 2.0 mol of B, and no C, find the equilibrium conversion 
of A. Plot the composition in the reactor and the reactor volume as a function 
of time. 

As an extension of Exercise 16, consider the effect of adding an inert gas, 
I, to the reacting mixture. For a reactant charge to the reactor of 1.0 mol of 
A, 2.0 mol of B, no C, and 3.0 mol of Z, find the equilibrium conversion of 
A. Plot the composition in the reactor and the reactor volume as a function 
of time. 


CHAPTER 


Rate Constants of 
Elementary Reactions 


2.1 | Elementary Reactions 


Recall from the discussion of reaction networks in Chapter 1 that an elementary re- 
action must be written as it proceeds at the molecular level and represents an irre- 
ducible molecular event. An elementary reaction normally involves the breaking or 
making of a single chemical bond, although more rarely, two bonds are broken and 
two bonds are formed in what is denoted a four-center reaction. For example, the 
reaction: 


OH + CH;CH; — CHCH, + H,O 
is a good candidate for possibly being an elementary reaction, while the reaction: 
CHCH; + O, — OH + CH;CH,0 


is not. Whether or not a reaction is elementary must be determined by experimentation. 

As stated in Chapter 1, an elementary reaction cannot be written arbitrarily 
and must be written the way it takes place. For example (see Table 1.4.3), the 
reaction: 


2NO + O, — 2NO, (2.1.1) 
cannot be written as: 
NO + 40, > NO, (2.1.2) 


since clearly there is no such entity as half a molecule of dioxygen. It is important 
to note the distinction between stoichiometric equations and elementary reactions 
(see Chapter 1) is that for the stoichiometric relation: 


2NO + O, = 2NO, (2.1.3) 
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one can write (although not preferred): 
NO + 50, = NO, (2.1.4) 


The remainder of this chapter describes methods to determine the rate and tem- 
perature dependence of the rate of elementary reactions. This information is used 
to describe how reaction rates in general are appraised. 


2.2 | Arrhenius Temperature Dependence 
of the Rate Constant 


The rate constant normally depends on the absolute temperature, and the functional 
form of this relationship was first proposed by Arrhenius in 1889 (see Rule III in 
Chapter 1) to be: 


k = Aexp[—E/(R,T)] (2.2.1) 


where the activation energy, E, and the pre-exponential factor, A, both do not de- 
pend on the absolute temperature. The Arrhenius form of the reaction rate constant 
is an empirical relationship. However, transition-state theory provides a justification 
for the Arrhenius formulation, as will be shown below. Note that the Arrhenius law 
(Equation 2.2.1) gives a linear relationship between In k and T™!. 


EXAMPLE 2.2.1 | 


The decomposition reaction: 
2N,0; = 2N,0, + O, 


can proceed at temperatures below 100°C and the temperature dependence of the first-order 
rate constant has been measured. The data are: 


1.04 X 1075 


298 3.38 X 1075 
313 2.47 x 1074 
323 7.59 X 1074 
338 4.87 X 10°? 


Suggest an experimental approach to obtain these rate constant data and calculate the acti- 
vation energy and pre-exponential factor. (Adapted from C. G. Hill, An Introduction to Chem- 
ical Engineering Kinetics & Reactor Design, Wiley, New York, 1977.) 


m Answer 
Note that the rate constants are for a first-order reaction. The material balance for a closed 
system at constant temperature is: 


dny,o, 


= —kn, 
at N:O; 
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where 7y,o, is the number of moles of N,Os. If the system is at constant volume (a closed 
vessel), then as the reaction proceeds the pressure will rise because there is a positive mole 
change with reaction. That is to say that the pressure will increase as N,O, is reacted because 
the molar expansion factor is equal to 0.5. An expression for the total moles in the closed 


system can be written as: 


hi n(1 + 0.5f0,) 


where n is the total number of moles in the system. The material balance on the closed sys- 
tem can be formulated in terms of the fractional conversion and integrated (see Example 
1.5.2) to give: 


fio, = 1 — exp(—kt) 
Since the closed system is at constant T and V (PV = nR,T): 


P n 


—=—=(1+05 
Pm Oe 


and the pressure can therefore be written as: 
P = P15 — 0.5 exp(—kt)] 


If the pressure rise in the closed system is monitored as a function of time, it is clear from 
the above expression how the rate constant can be obtained at each temperature. 

In order to determine the pre-exponential factor and the activation energy, the In & is 
plotted against T7} as shown below: 


Ink 


Slope=—E/R, 


rol 
From a linear regression analysis of the data, the slope and intercept can be obtained, and 


they are 1.21 X 10* and 30.4, respectively. Thus, 


slope = —E/R, : E = 24kcal/mol 
intercept = InA : A= 154 x 108 s7! 
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Consider the following elementary reaction: 


k 
A+B = S+W (2.2.2) 
2 
At equilibrium, 
ki CyCp = koCsCw (2.2.3) 
and 
ky (S=) 
Kc = -= |- 2.2.4 
ý ky CyCz eq i i 


If the Arrhenius law is used for the reaction rate constants, Equation (2.2.4) can be 


written: 
k A E,-E CC 
Ko=—= (2) exp (S54) = ( 5 x) (2.2.5) 
ky A, R,T CrCz eq 


It is easy to see from Equation (2.2.5) that if (E, — E,) > 0 then the reaction is 
exothermic and likewise if (E, — E,) < 0 it is endothermic (refer to Appendix A 
for temperature dependence of Ke). In a typical situation, the highest yields of prod- 
ucts are desired. That is, the ratio (C sCw/CaC B)eq Will be as large as possible. If the 
reaction is endothermic, Equation (2.2.5) suggests that in order to maximize the 
product yield, the reaction should be accomplished at the highest possible temper- 
ature. To do so, it is necessary to make exp[(E, — E,)/(R,T)] as large as possible 
by maximizing (R,T), since (E2 — E,) is negative. Note that as the temperature in- 
creases, so do both the rates (forward and reverse). Thus, for endothermic reactions, 
the rate and yield must both increase with temperature. For exothermic reactions, 
there is always a trade-off between the equilibrium yield of products and the reac- 
tion rate. Therefore, a balance between rate and yield is used and the T chosen is 
dependent upon the situation. 


2.3 | Transition-State Theory 


For most elementary reactions, the rearrangement of atoms in going from reactants 
to products via a transition state (see, for example, Figure 1.1.1) proceeds through 
the movements of atomic nuclei that experience a potential energy field that is gen- 
erated by the rapid motions of the electrons in the system. On this potential energy 
surface there will be a path of minimum energy expenditure for the reaction to pro- 
ceed from reactants to products (reaction coordinate). The low energy positions of 
reactants and products on the potential energy surface will be separated by a higher 
energy region. The highest energy along the minimum energy pathway in going 
from reactants to products defines the transition state. As stated in Chapter 1, the 
transition state is not a reaction intermediate but rather a high energy configuration 
of a system in transit from one state to another. 
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VIGNETTE 2.3.1 


i Transition state à Transition state 
S+W BB 
3 3 
g 2 
o o A+B 
3 E 
5 = E 
5 A+B f £ Activation barrier 
Activation barrier . Saw 
Energy difference 
related to AH, : 
4 Energy difference 
related to AH, 
> E amare 


Reaction coordinate Reaction coordinate 


(a) (b) 


Figure 2.3.1 | 
Potential energy profiles for the elementary reaction A + B — S + W for (a) an 


endothermic reaction and (b) an exothermic reaction. 


The difference in energies of the reactants and products is related to the heat 
of reaction—a thermodynamic quantity. Figure 2.3.1 shows potential energy profiles 
for endothermic and exothermic elementary reactions. 

Transition-state theory is used to calculate an elementary reaction that con- 
forms to the energetic picture illustrated in Figure 2.3.1. How this is done is de- 


scribed next. 


studies provide insights and help confirm theories of A 
at the molecular level. — 
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z light 
a ICN- ICN 


Potential energy (emt x 1074) 


25 3.5 4.5 6.0 


Interatomic distance between I -:- CN(A) 


Figure 2.3.2 | Schematic diagram of the 
femtochemistry experiment of A. Zewail 
and coworkers. _ 


Consider again the reaction given by Equation (2.2.2). At thermodynamic equi- 
librium, Equation (2.2.3) is satisfied. In the equilibrated system, there must also exist 
an equilibrium concentration of transition states: Cys. The rates of the forward and the 
reverse reactions are equal, implying that there is an equivalent number of species tra- 
versing the activation barrier from either the reactant side or the product side. Thus, 


Ki(CaCa)eq = Ko(CsCw)eqg = ACrs (2.3.1) 


where A is a frequency. Since Cys is a thermodynamic quantity, it can be calculated 
from statistical thermodynamics. A fundamental assumption of transition-state theory 
is that if the system is perturbed from equilibrium by product removal, the rate of the 
forward reaction remains: 


kiCaCg = ACrs (2.3.2) 


where Cys is the concentration of transition-states in equilibrium with reactants A 
and B. The fictitious equilibrium: 


A+B © TS (2.3.3) 
allows for the formulation of an equilibrium constant as shown below: 


Crs 


K* = 
CaCg 


(2.3.4) 


where 


R,T inK* = —AG§ = —AHG + TAS} (2.3.5) 
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and AG®% is the change in the standard Gibbs function for the reaction given in 
Equation (2.3.3) and AHG and ASẸ are the corresponding changes in standard en- 
thalpy and entropy, respectively. The subscript 0 is used to denote the standard state 
while the superscript + denotes quantities pertaining to the transition state. By com- 
bining Equations (2.3.5) and (2.3.4), Crs can be written as: 


AS} ~AHG 
Crs = exp R exp RT CaCpg (2.3.6) 


g 


Using this formulation for Crs in Equation (2.3.2) allows the reaction rate to be of 
the form: 


= k,C,Cz = Aex | So Jeo ec C (2.3.7) 
F exp ws, 
IAB R RT AVB 


8 


A fundamental assumption of transition-state theory is that \ is a universal fre- 
quency and does not depend upon the nature of the reaction being considered. It 
can be proven that (see, for example, M. Boudart, Kinetics of Chemical Processes, 
Butterworth-Heinemann, 1991, pp. 41-45): 


à = — (2.3.8) 


where A is Planck’s constant and k is Boltzmann’s constant. Using Equation (2.3.8) 
in Equation (2.3.7) gives: 


kT ASS —AH3 
r= ( i Jeol R £ Jex RT Ga (2.3.9) 


& 


This is the general equation of transition-state theory in its thermodynamic form. 
Equation (2.3.9) helps in the comprehension of how reactions proceed. In or- 

der for a reaction to occur, it is necessary to overcome not just an energy barrier but 
a free energy barrier. That is to say, a reaction involves not only energy but also re- 
quires reaching a favorable configuration associated with a change in entropy. These 
two effects can often compensate each other. For example, McKenzie et al. [/. Catal., 
138 (1992) 547] investigated the reaction: 

OH oO 

| I 
CH;CHCH; ==> CH3CCH3 + Hy 


over a series of solid catalysts called hydrotalcites, and obtained the following data: 


Catalyst A l 
1 4.3 x 10? 172 
2 2.3 x 10"! 159 
3 2.2 x 10'° 146 
4 1.6 X 10° 134 
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If Equation (2.3.9) is compared to Equation (2.2.1), then: 


A (£) Fo 2.3.10) 
=F exp R, (2.3.10) 
E = AHF (2.3.11) 


The data of McKenzie et al. clearly show that as the energy barrier increases (higher 
E), the entropy of activation becomes more positive (larger AS implies more 
favorable configurational driving force for the reaction, since entropy will always 
attempt to be maximized). Thus, energy and entropy compensate in this example. 

The Arrhenius form of the rate constant specifies that both A and E are inde- 
pendent of T. Note that when the formulation derived from transition-state theory 
is compared to the Arrhenius formulation [Equations (2.3.10) and (2.3.11)], both A 
and E do have some dependence on T. However, AHẸ is very weakly dependent 
on T and the temperature dependence of: 


(£) l ai | (2.3.12) 
g JEP R, 3. 
can normally be neglected as compared to the strong exponential dependence of: 
| Wena | (2.3.13) 
exp RT 3. 


Thus, the Arrhenius form is an excellent approximation to that obtained from 
transition-state theory, provided the temperature range does not become too large. 

Previously, the concentration Cyg was expressed in simple terms assuming ideal 
conditions. However, for nonideal systems, K” must be written as: 


Css (2.3.14) 
aadpg 


where a; is the activity of species i. If activity coefficients, y;, are used such that 
a; = y;C;, then Equation (2.3.14) can be formulated as: 


7 |[ € 
eet E | | rs | (2.3.15) 
YaYe | LCaCr 


Following the substitutions and equation rearrangements used for ideal conditions, 
the nonideal system yields: 


k= (2) Yai gë (2.3.16) 
h Yrs 


At infinite dilution where the activity coefficients are one (ideal conditions), kọ can 


be written as: 
kT 
ko = Se (2.3.17) 
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Thus, the rate constant at nonideal conditions relative to the ideal system is: 


E Sa 
mL (2.3.18) 
ko YTS 


EXAMPLE 2.3.1 | 


Predict how the rate constant of the reaction: 
A+B-S 


would vary as a function of ionic strength, I, if A and B are both ions in aqueous solutions 
at 25°C. The Debye-Hiickel theory predicts that: 


—log(y,) = 0.5Z2 VI 


where Z, is the charge of species i and 
vi al gees f 
I=5 È Zic, (i = A,B, S) 


where c; is the concentration of species i in units of molality. 


m Answer 7 
Although the structure of the transition state is not given, it must have a charge of Z, + Zp. 
Using the Debye-Hiickel equation in Equation (2.3.18) gives: 


k VaYe 
log pa = log ES 
0 


k sie aciietd 5 Sane a. 
too( =) = 0.5[Z, + ZVI — 0.57} VÍ - 0.5Z3-VI 


‘0 


or 


After simplification, the above equation reduces to: 


This relationship has been experimentally verified. Note that if one of the reactants is un- 
charged, for example, B, then Zs = 0 and k = kọ. If the rate is mistakenly written: 


r = koaaag = koVa¥eCaCe 


application of the Debye-Hückel equation gives: 
k koyay. = U 
oe ) = oe Ze) = —0.5[Z} + ZVI 
0 


k z z 
Note that this relationship gives the wrong slope of too( +) versus VJ, and if Zp = 0, it 
does not reduce to k = kp. 9 
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It is expected that the transition state for a unimolecular reaction may have a struc- 
ture similar to that of the reactant except for bond elongation prior to breakage. If this 
is the case, then ASF = 0 and 


A=— = 10% 57) (2.3.19) 


It has been experimentally verified that numerous unimolecular reactions have rate 
constants with pre-exponential factors on the order of 10° s~'. However, the pre- 
exponential factor can be either larger or smaller than 10!° s~! depending on the details 
of the transition state. 

Although it is clear that transition-state theory provides a molecular perspec- 
tive on the reaction and how to calculate the rate, it is difficult to apply since AS, 
AHË, and 77s are usually not known a priori. Therefore, it is not surprising that 
the Arrhenius rate equation has been used to systemize the vast majority of exper- 
imental data. 


Exercises for Chapter 2 


1. For a series of similar reactions, there is often a trend in the equilibrium constants 
that can be predicted from the rate constants. For example, the reaction coordi- 
nate diagrams of two similar reactions are given below. If the difference in free 
energy of formation of the transition state is proportional to the difference in the 
free energy change upon reaction, that is, AG? — AG} = a(AG, — AG)), 
derive the relationship between the rate constants k, and kz and the equilibrium 
constants (K; and K>). 


Free energy 


Reaction coordinate 


Schematic diagram of two similar reactions. 
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2. 


3. 


4. 


5. 
6. 


The decomposition of gaseous 2-propanol over a mixed oxide catalyst of 
magnesia and alumina produces both acetone and propene according to the fol- 
lowing equations: 


OH O 
e SS ae 
2-propanol acetone 


OH 
HA = A tho 


2-propanol propene 


From the data presented below, calculate the activation energy for each reaction 
(A. L. McKenzie, M.S. Thesis, Univ. of Virginia, 1992). Assume the concentra- 
tion of 2-propanol is constant for each experiment. Selectivity to acetone is 
defined with respect to the products acetone and propene. 


Temperature (K) | 573 583 594 | 603 | 612 
Rate of acetone | 4.1 X 1077 | 7.0 X 1077 | 1.4 xX 1076 | 2.2 x 107° | 3.6 X 107 
formation 

(mol geat™! s~') 
Selectivity to 
acetone (%) 


6 


Use the data in Exercise 7 at the end of Chapter 1 to determine the activation 
energy and pre-exponential factor of the rate constant for the Diels-Alder 
reaction of 2,3-dimethyl-1,3-butadiene (DMB) and acrolein to produce 3,4- 
dimethy1-A?-tetrahydro-benzaldehyde. 


i ety 


Acrolein 3,4-Dimethyl-A3- 
tetrahydro-benzaldehyde 


Explain how the pre-exponential factor of a unimolecular reaction can be greater 
than 10"? 57! 

Discuss the strengths and weaknesses of transition-state theory. 

Irradiation of water solutions with gamma rays can produce a very active 
intermediate known as a hydrated electron. This species can react with many 
different neutral and ionic species in solution. Devise an experiment to check 
the electrical charge of the hydrated electron. (Problem adapted from M. 
Boudart, Kinetics of Chemical Processes, Prentice Hall, Englewood Cliffs, 
NJ, 1968, p. 55.) 


CHAPTER 


Reactors for Measuring 
Reaction Rates 


3.1 | ideal Reactors 


The confines in which chemical reactions occur are called reactors. A reactor can 
be a chemical reactor in the traditional sense or other entities, for example, a chem- 
ical vapor deposition apparatus for making computer chips, an organ of the human 
body, and the atmosphere of a large city. In this chapter, the discussion of reactors 
is limited to topics germane to the determination of reaction rates. Later in this text, 
strategies for attacking the problems of mathematically describing and predicting 
behavior of reactors in general are presented. 

In practice, conditions in a reactor are usually quite different than the ideal re- 
quirements used in the definition of reaction rates. Normally, a reactor is not a closed 
system with uniform temperature, pressure, and composition. These ideal conditions 
can rarely if ever be met even in experimental reactors designed for the measure- 
ment of reaction rates. In fact, reaction rates cannot be measured directly in a closed 
system. In a closed system, the composition of the system varies with time and the 
rate is then inferred or calculated from these measurements. 

There are several questions that can be put forth about the operation of reac- 
tors and they can be used to form the basis of classifying and defining ideal condi- 
tions that are desirable for the proper measurements of reaction rates. 

The first question is whether the system exchanges mass with its surroundings. 
If it does not, then the system is called a batch reactor. If it does, then the system 
is classified as a flow reactor. 

The second question involves the exchange of heat between the reactor and its 
surroundings. If there is no heat exchange, the reactor is then adiabatic. At the other 
extreme, if the reactor makes very good thermal contact with the surroundings it 
can be held at a constant temperature (in both time and position within the reactor) 
and is thus isothermal. 


CHAPTER 3 Reactors for Measuring Reaction Rates 65 


Table 3.1.1 | Limiting conditions of reactor operation." 


— Limiting conditions _ 
Batch Flow 


Exchange of mass 

Exchange of heat Isothermal Adiabatic 

Mechanical variables Constant volume Constant pressure 
Residence time Unique Exponential distribution 
Space-time behavior Transient Stationary 


'From M. Boudart, Kinetics of Chemical Processes, Butterworth & Heinemann, 1991, p. 13. 


The third question concerns the mechanical variables: pressure and volume. Is 
the reactor at constant pressure or constant volume? The fourth question is whether 
the time spent in the reactor by each volume element of fluid is the same. If it is 
not the same, there may exist a distribution of residence times and the opposite ex- 
treme of a unique residence time is an exponential distribution. 

The fifth question focuses on a particular fixed volume element in the reactor 
and whether it changes as a function of time. If it does not, then the reactor is said 
to operate at a stationary state. If there are time variations, then the reactor is oper- 
ating under transient conditions. A nontrivial example of the transient situation is 
designed on purpose to observe how a chemically reactive system at equilibrium re- 
laxes back to the equilibrium state after a small perturbation. This type of relaxation 
experiment can often yield informative kinetic behavior. 

The ten possibilities outlined above are collected in Table 3.1.1. Next, ideal re- 
actors will be illustrated in the contexts of the limiting conditions of their operation. 


3.2 | Batch and Semibatch Reactors 


Consider the ideal batch reactor illustrated in Figure 3.2.1. If it is assumed that the 
contents of the reactor are perfectly mixed, a material balance on the reactor can be 
written for a species i as: 


au 0 0 + (vAV) 
= = =e vt 
dt ' 
accumulation input output amount 
produced 
by reaction 
or 
dn; ; 6 
— = vry withn, =n; @t=0 (3.2.1) 


dt 


The material balance can also be written in terms of the fractional conversion and it is: 


oi _ 


nh = NV A + eff) with fi = 0@t=0 (3.2.2) 


where le,| > 0 for nonconstant volume. 
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v(t) 


Batch Semibatch 


Figure 3.2.1 | 
Ideal batch and semibatch reactors. v(t) is a volumetric 
flow rate that can vary with time. 


EXAMPLE 3.2.1 | 


An important class of carbon-carbon bond coupling reactions is the Diels-Alder reactions. 
An example of a Diels-Alder reaction is shown below: 


co 
0 
cyclopentadiene  benzoquinone tricycle [6.2.1.0°]-undec- 
(A) (B) 4,9-diene-3,6-dione 


If this reaction is performed in a well-mixed isothermal batch reactor, determine the time nec- 
essary to achieve 95 percent conversion of the limiting reactant (from C. Hill, An Introduc- 
tion to Chemical Engineering Kinetics and Reactor Design, Wiley, 1977, p. 259). 


Data: k = 9.92 x 107° m?/mol/s 
C? = 100 mol/m? 
C} = 80 mol/m? 
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m Answer 

From the initial concentrations, benzoquinone is the limiting reactant. Additionally, since the 
reaction is conducted in a dilute liquid-phase, density changes can be neglected. The reac- 
tion rate is second-order from the units provided for the reaction rate constant. Thus, 


(var) = KCR) (L — fa)(M — fo), M = C3/C3 


The material balance on the isothermal batch reactor is: 


with fg = 0 at t = 0. Integration of this first-order initial-value problem yields: 


be i dy 
o kCR(1 ~ yM — y) 


where y is the integration variable. The integration yields: 


Using the data provided, t = 7.9 X 10°s or 2.2 h to reach 95 percent conversion of the 
benzoquinone. This example illustrates the general procedure used for solving isother- 
mal problems. First, write down the reaction rate expression. Second, formulate the ma- 
terial balance. Third, substitute the reaction rate expression into the material balance and 
solve. 


Consider the semibatch reactor schematically illustrated in Figure 3.2.1. 
This type of reactor is useful for accomplishing several classes of reactions. 
Fermentations are often conducted in semibatch reactors. For example, the 
concentration of glucose in a fermentation can be controlled by varying its 
concentration and flow rate into the reactor in order to have the appropriate 
times for: (1) the initial growth phase of the biological catalysts, and (2) the 
period of metabolite production. Additionally, many bioreactors are semibatch 
even if liquid-phase reactants are not fed to the reactor because oxygen must 
be continuously supplied to maintain the living catalyst systems (i.e., bacteria, 
yeast, etc.). 

Alternatively, semibatch reactors of the type shown in Figure 3.2.1 are useful 
for reactions that have the stoichiometry: 


A + B = products 


where B is already in the reactor and A is slowly fed. This may be necessary to: (1) con- 
trol heat release from exothermic reaction, for example, hydrogenations, (2) provide 
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gas-phase reactants, for example, with halogenations, hydrogenations, or (3) alter 
reaction selectivities. In the network: 


A + B —> desired product 


A — undesired product 


maintaining a constant and high concentration of B would certainly aid in altering 
the selectivity to the desired product. 

In addition to feeding of components into the reactor, if the sign on v(¢) is neg- 
ative, products are continuously removed, for example, reactive distillation. This is 
done for reactions: (1) that reveal product inhibition, that is, the product slows the 
reaction rate, (2) that have a low equilibrium constant (removal of product does not 
allow equilibrium to be reached), or (3) where the product alters the reaction net- 
work that is proceeding in the reactor. A common class of reactions where product 
removal is necessary is ester formation where water is removed, 


o o 0) 
I I I 
ORA + HOCH,CH,CH,CH,OH = (C)-coca,errca,cr,0¢ -O + 2H,0t 


A very large-scale reaction that utilizes reactive distillation of desired liquid prod- 
ucts is the hydroformylation of propene to give butyraldehyde: 


O 
| 
CH; — CH=CH), + CO + H? => CH; — CH,CH,C —H ==> heavier products 


SS ji 
CH; — CH, —C—H => heavier products 
| 
CH3 


A schematic illustration of the hydroformylation reactor is provided in Figure 3.2.2. 
The material balance on a semibatch reactor can be written for a species 


i as: 
dn; ö 
g T7 OCO - 0 + (wW 
accumulation input output amount 
produced 
by reaction 
or 
dn; ö 
ao (vr) V + ACHA (3.2.2) 


where C KO) is the concentration of species i entering from the input stream of vol- 
umetric flow rate v(¢). 


CHAPTER 3 Reactors for Measuring Reaction Rates 69 


Propene, H,, CO 


Unreacted propene, CO, H, 
for recycle + product C4 


Liquid-phase 
(solvent + catalyst + products) 


Propene 


Syn-gas (H; : CO) 


Figure 3.2.2 | 
Schematic illustration of a propene hydroformylation reactor. 


EXAMPLE 3.2.2 | 


To a well-stirred tank containing 40 mol of triphenylmethylchloride in dry benzene (initial 
volume is 378 L) a stream of methanol in benzene at 0.054 mol/L is added at 3.78 L/min. A 
reaction proceeds as follows: 


CH;OH + (C,H;);CCl = (CgHs);COCH; + HCl 
(A) (B) 
The reaction is essentially irreversible since pyridine is placed in the benzene to neutralize 
the formed HCl, and the reaction rate is: 


r = 0.263 C4C, (mol/L/min) 


Determine the concentration of the product ether as a function of time (problem adapted from 
N. H. Chen, Process Reactor Design, Allyn and Bacon, Inc., 1983, pp. 176-177). 


m Answer 
The material balance equations for n4 and ng are: 


any 


z = (0.054 mol/L)(3.78 L/min) ~ 0.263 CiCaV 


dng 


= —0.263 CiC,V 
A ACB 
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The volume in the reactor is changing due to the input of methanol in benzene. Thus, the 
volume in the reactor at any time is: 


V = 3.78(100 + +) 


Therefore, 
diy af 32 
ie 0.204 — 0.263 ming/[3.78(100 + tr)? 
d 
dn E j 
a = —0.263 nin,/[3.78(100 + 1)? 
where 
Ore. = 
n = 0@t=0 
ny = 40@r=0 


From Equation (1.2.6), 
Nether = ng —ng 


since no ether is initially present. The numerical solution to the rate equations gives ⁄4(f) and 
ng(t) from which Neter(t) can be calculated. The results are plotted below. 


n; (mol) 


0 2000 4000 6000 8000 
Time (min) 


For other worked examples of semibatch reactors, see H. S. Fogler, Elements 
of Chemical Reaction Engineering, 3rd ed., Prentice-Hall, 1992, pp. 190-200, and 
N. H. Chen, Process Reactor Design, Allyn and Bacon, Inc., 1983, Chap. 6. 


3.3 | Stirred-Fiow Reactors 


The ideal reactor for the direct measurement of reaction rates is an isothermal, con- 
stant pressure, flow reactor operating at steady-state with complete mixing such that 
the composition is uniform throughout the reactor. This ideal reactor is frequently 
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called a stirred-tank reactor, a continuous flow stirred-tank reactor (CSTR), or a 
mixed flow reactor (MFR). In this type of reactor, the composition in the reactor is 
assumed to be that of the effluent stream and therefore all the reaction occurs at this 
constant composition (Figure 3.3.1). 

Since the reactor is at steady-state, the difference in F? (input) and F; (output) 
must be due to the reaction. (In this text, the superscript 0 on flow rates denotes the 
input to the reactor.) The material balance on a CSTR is written as: 


0 = FP? — F, + way (3.3.1) 
accumulation input output amount 
of i of i produced 


by reaction 


(Note that V is the volume of the reacting system and Vp is the volume of the reactor; 
both are not necessarily equal.) Therefore, the rate can be measured directly as: 


enhi (3.3.2) 
V 
Equation (3.3.2) can be written for the limiting reactant to give: 
F, — F? 
vr = a ca (3.3.3) 


Figure 3.3.1 | 

Stirred-flow reactor. The composition of the reacting 
volume, V, at temperature, 7, is the same everywhere and 
at all times. F? is the molar flow rate of species i into 
the reactor while F; is the molar flow rate of species 7 
out of the reactor. 
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Recalling the definition of the fractional conversion: 


n? — n F? —F, 


= 3.3.4 
fi n? Fi (3.3.4) 
Substitution of Equation (3.3.4) into Equation (3.3.3) yields: 
F? 
Cor = (2p (3.3.5) 
V 
If v; = —1, then the reaction rate is equal to the number of moles of the limiting 


reactant fed to the reactor per unit time and per unit volume of the reacting fluid 
times the fractional conversion. For any product p not present in the feed stream, a 
material balance on p is easily obtained from Equation (3.3.1) with F? = 0 to give: 

vr = F,/V (3.3.6) 


P. 


The quantity (F Pi V) is called the space-time yield. 

The equations provided above describe the operation of stirred-flow reactors 
whether the reaction occurs at constant volume or not. In these types of reactors, the 
fluid is generally a liquid. If a large amount of solvent is used, that is, dilute solu- 
tions of reactants/products, then changes in volume can be neglected. However, if the 
solution is concentrated or pure reactants are used (sometimes the case for poly- 
merization reactions), then the volume will change with the extent of reaction. 


EXAMPLE 3.3.1 | 


Write the material balance equation on comonomer A for the steady-state CSTR shown be- 
low with the two cases specified for the reaction of comonomer A(CMA) and comonomer 
B(CMB) to give a polymer (PM). 


0 o 
v, Fema: F CMB» 
0 0 

Coma: ComB 


v, Fema: Feme FPM: 
Coma» Coma CPM 
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(Œ) CMA + CMB = polymer — I: r = CoyaCeun 


dI) 2CMA + CMB = polymer ~ Il; r = RCC: 


E Answer 
The material balance equation is: 


input = output — removal by reaction + accumulation 
Since the reactor is at steady-state, there is no accumulation and: 
Fema = Fema ~ (Vemat)V 
For case (I) the material balance is: 
Fema = Feya ~ (~kiCewaCus)V 
while case (II) gives: 


F CMA = Fema ~ (~2kuC ëa Ete )V 


If changes in the volume due to reaction can be neglected, then the CSTR ma- 
terial balance can be written in terms of concentrations to give (v = volumetric flow 
rate; that is, volume per unit time): 


0= vc? Fi vC; + (vr) V (3.3.7) 
c? -c 
(V/v) 


The ratio (V/ v) is the volume of mixture in the reactor divided by the volume of 
mixture fed to the reactor per unit time and is called the space time, t. The in- 
verse of the space time is called the space velocity. In each case, the conditions 
for the volume of the feed must be specified: temperature, pressure (in the case 
of a gas), and state of aggregation (liquid or gas). Space velocity and space time 
should be used in preference to “contact time” or “holding time” since there is no 
unique residence time in the CSTR (see below). Why develop this terminology? 
Consider a batch reactor. The material balance on a batch reactor can be written 
[from Equation (3.2.1)]: 
fi 


t= e =C? | poe ens (3.3.9 
E R vV J (—v,)r(1+e,f,) ee 


Equation (3.3.9) shows that the time required to reach a given fractional conversion 
does not depend upon the reactor volume or total amount of reagents. That is to say, 
for a given fractional conversion, as long as C? is the same, 1, 2, or 100 mol of i can 
be converted in the same time. With flow reactors, for a given C®, the fractional con- 
version from different sized reactors is the same provided 7 is the same. Table 3.3.1 
compares the appropriate variables from flow and nonflow reactors. 


(—v)r = (3.3.8) 


74 


Table 3.3.1 | Comparison of appropriate variables for flow and nonflow reactors. 
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t (time) T (time) 
V=V%(1+ ef) (volume) v=v(1+ef) (volume/time) 
ni =n ~ f) (mol) F; = F°(1 — f) (mol/time) 


In order to show that there is not a unique residence time in a CSTR, consider the 
following experiment. A CSTR is at steady state and a tracer species (does not react) 
is flowing into and out of the reactor at a concentration C°. At t = 0, the feed is changed 
to pure solvent at the same volumetric flow. The material balance for this situation is: 


Te 22. c (3.3.10) 
di = iV we 
(accumulation) = (input) — (output) 
or 
dC; R 0 
-V— = Cy withC; = Catt = 0. 
dt 
Integration of this equation gives: 
C = C’ exp[—t/r] (3.3.11) 


This exponential decay is typical of first-order processes as shown previously. Thus, 
there is an exponential distribution of residence times; some molecules will spend lit- 
tle time in the reactor while others will stay very long. The mean residence time is: 


M So tC(t)dt 
(t) = feC(oat (3.3.12) 


and can be calculated by substituting Equation (3.3.11) into Equation (3.3.12) to give: 


ie Setexp[ -t/7 Jdt 


SE exp[-t/r Jat (3.3.13) 
Since 
le exp[ —x]dx = 1 
0 
oe : (3.3.14) 


- E 
~r expl ~t/r]lg 


Thus, the mean residence time for a CSTR is the space time. The fact that (4) = T 
holds for reactors of any geometry and is discussed in more detail in Chapter 8. 
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EXAMPLE 3.3.2 | 


The rate of the following reaction has been found to be first-order with respect to hydroxyl 


ions and ethyl acetate: 
(0) (0) 
OH™ + CH;COCH»CH3 ==> CH3;CO~ + CH3CH,0OH 


In a stirred-flow reactor of volume V = 0.602 L, the following data have been obtained at 
298 K [Denbigh et al., Disc. Faraday Soc., 2 (1977) 263]: 


flow rate of barium hydroxide solution: 1.16 L/h 
flow rate of ethyl acetate solution: 1.20 L/h 
inlet concentration of OH™: 0.00587 mol/L 
inlet concentration of ethyl acetate: 0.0389 mol/L 
outlet concentration of OH™: 0.001094 mol/L 

Calculate the rate constant. Changes in volume accompanying the reaction are negligible. 
(Problem taken from M. Boudart, Kinetics of Chemical Processes, Butterworth-Heinemann, 
Boston, 1991, pp. 23-24.) 


E Answer 


V4 =1.16 
Cu = 0.00587 


| 3 Cy = 0.001094 
v=2.36 

Ve =1.20 

Cr = 0.0389 


Since Vy = Vz, the limiting reactant is the hydroxy] ion. Thus, a material balance on OH gives: 


0 = Cin ~ Cyv + (vr)V 


where 
v = Vy + Ve = 2.36 L/h 
Ci, = Cy¥y/v = 0.00289 mol/L 
(~un) = kCyCe 
Since the outlet value of Cy is known, the fractional conversion and Cg can be calculated as: 


C? — C, 0.00289 — 0.001094 


fa= = = 0.62 
i c$, 0.00289 
and 
C: = C2 -Cofy = es C3 fy = 0.0180 mol/L 
E E HJH HJH a 
Vv 
Thus, 
C — Cy 0.00289 — 0.001094 (=) 
= = 0.0070 2> 
(Sun)r T [0.602/2.36] L-h 
and 
—vp)r 0.0070 L 
pa = 360( ) 
CyCr  (0.001094)(0.0180) mol-h 


3.4 | Ideal Tubular Reactors 


Another type of ideal reactor is the tubular flow reactor operating isothermally at 
constant pressure and at steady state with a unique residence time. This type of re- 
actor normally consists of a cylindrical pipe of constant cross-section with flow such 
that the fluid mixture completely fills the tube and the mixture moves as if it were 
a plug traveling down the length of the tube. Hence the name plug flow reactor 
(PFR). In a PFR, the fluid properties are uniform over any cross-section normal to 
the direction of the flow; variations only exist along the length of the reactor. Ad- 
ditionally, it is assumed that no mixing occurs between adjacent fluid volume ele- 
ments either radially (normal to flow) or axially (direction of flow). That is to say 
each volume element entering the reactor has the same residence time since it does 
not exchange mass with its neighbors. Thus, the CSTR and the PFR are the two 
ideal limits of mixing in that they are completely mixed and not mixed at all, re- 
spectively. All real flow reactors will lie somewhere between these two limits. 
Since the fluid properties vary over the volume of the reactor, consider a ma- 
terial balance on a section of a steady-state isothermal PFR, dL (see Figure 3.4.1): 


0 = F; — (F;+ dF) + yrAcdL (3.4.1) 
(accumulation) = (input) ~ (output) + (amount produced 
by reaction) 


Inlet, F? 


i 

1 

1 

2 

$ 

¥ 

X 

F $ = 
E = 3 5 ant 
tdf, : Outlet 
E 

5 

E 

T 

1 

1 

t 

E 

1 


Figure 3.4.1 | 
Tubular reactor. 


where Ac is the cross-sectional area of the tube. Also, AcdL = dVp, so Equation 
(3.4.1) can be written as: 


T 3.4.2 
WV, = vr (3.4.2) 
or 
df 
pes ay 4. 
ne 8.4.3) 
Integration of Equation (3.4.3) gives: 
1 1 
Ve ffi. 4f Wero ae 
ais OO Baa Gre eh. aoe (3.4.4) 
F; fi (vir) ¥ fi (vir) 


If changes in volume due to reaction are negligible, then [F; = C;v; moles of 
i/ time = (moles of i/ volume) (volume/' time)|: 
dC; dC; 


2 i A. 
dt dVn) ei) 


Note the analogy to batch reactors that have a unique residence time t and where 


ac 3.4.6 
at = vt (3.4.6) 


Clearly, the space-time, 7, in the ideal tubular reactor is the same as the residence 
time in the batch reactor only if volume changes are neglectable. This is easy to see 
from Equation (3.4.2) by substituting C;v for F; and recalling that for volume changes 
v=v(1 + ef): 


id Cx) = M a (3.4.7 
av, | iV "WV, i we 4.7) 
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Thus, if dv/ dVr = 0, then there is an analogy between 7 and ¢ in a PFR and batch 
reactor, respectively [Equations (3.4.5) and (3.4.6)], and if dy/ dVp # 0, then com- 
parison of Equations (3.4.7) and (3.4.6) shows that there is none. 


EXAMPLE 3.4.1 | 


A PFR operating isothermally at 773 K is used to conduct the following reaction: 
oO O (0) (0) 
A T => EON + E 
cn, 


methylacetoxypropionate acetic acid methyl acrylate 


If a feed of pure methylacetoxypropionate enters at 5 atm and at a flow rate of 0.193 ft/s, 
what length of pipe with a cross-sectional area of 0.0388 ft? is necessary for the reaction to 
achieve 90 percent conversion (from C. G. Hill, An Introduction to Chemical Engineering 
Kinetics & Reactor Design, Wiley, 1977, pp. 266-267)? 


Data: k = 7.8 x 10° exp[—19,200/T] s7! 


m Answer 
From Equation (3.4.2) and F, = F9(1 — fy) = Cyv: 


or 


For this gas-phase reaction there is mole change with reaction and 


2 = 


& = = ] 
|-1| 
Therefore, 


mm, Mf) gf fa] 
(~v,)r = kC, ky tarar) ANER] 


Combination of the material balance and reaction rate expressions yields: 


0.9 1 
mas | [1 MELY 


0 [1 are 
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Integration of this equation yields: 
kr = =2ln(1 = fa) — fa 
and at 773 K, k = 0.124 s7! to give at f, = 0.9: 
T = 299s 


Now, if mole change with reaction is ignored (i.e., s4 = 0), 7 = 18.6 s. Notice the large dif- 
ference in the value of r when mole change with reaction is properly accounted for in the 
calculations. Since the gas is expanding with increasing extent of reaction, its velocity through 
the tube increases. Therefore, r must be likewise increased to allow for the specified con- 
version. The reactor volume and length of tube can be calculated as: 


V= = (29.9)(0.193) = 5.78 ft? 
and 


L = Vp/Ac = (5.78 ft*)/ (0.0388 ft?) = 149 ft 


EXAMPLE 3.4.2 | 


A first-order reaction occurs in an isothermal CSTR (MFR) and PFR of equal volume. If 
the space-time is the same in both reactors, which reactor gives the largest space-time 
yield and why? 


E Answer 
Assume that any changes in volume due to reaction can be neglected. 


If Tm = 7, then 


1 [2 - e] 1 (E) 
=—In 
k Ce se GR Ci/p 
Rearranging this equation gives (C? and C7 are C; in the PFR and MFR, respectively): 


c? p 
= €xX 


Concentration 


CHAPTER 3 Reactors for Measuring Reaction Rates 


¢—> [ame e 


Ch 


If the approximation: 


2 
ie ae Sc 


is used then 


or 
c? c? c} -CN 
Ae B z H 
c? f f 
Thus, 
1 
CP&CG Taie nema 
1+ eden (Cr C7) a 


Since the term in the bracket will always be less than one, C? < C7, indicating that the fractional 
conversion and hence the space-time yield of the PFR is always higher than the CSTR. The rea- 
son for this is that for reaction-rate expressions that follow Rule I (r decreases with time or ex- 
tent of reaction) the rate is maintained at a higher average value in the PFR than the CSTR. This 
is easy to rationalize since the concentration of the feed (highest value giving the largest rate) in- 
stantaneously drops to the outlet value (lowest value giving the lowest rate) ina CSTR [schematic 
(b) below] while in the PFR there is a steady progression of declining rate as the fluid element 
traverses the reactor [schematic (a) below]. In fact, the PFR and the CSTR are the ideal maxi- 
mum and minimum space-time yield reactor configurations, respectively. This can be demon- 
strated by plotting the material balance equations for the PFR and CSTR as shown in the schematic 
(c) below. For the same conversion (i.e., the same outlet f4), the CSTR always requires a larger 
reactor volume. In other words, the area in the graph is larger for the CSTR than the PFR. 


cl —> CSTR C CSTR 
i : A (rectangular 
A c9 area) 
£ 7 PES 
E Lal (area 
5 under 
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© 
9 > 
a f2 fa 


Position 


(a) 


Position 


(b) 


Fractional conversion 


(c) 
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EXAMPLE 3.4.3 | 


Show that a large number of CSTRs in series approaches the behavior of a PFR. 


m Answer 
Consider the following series of CSTRs accomplishing a first-order reaction (reactors of equal 


size). 


The ratio C°/C’ can be written as: 

Cc? c? C! ci =i CN -1 

a (Se) ar) a 
because 7' = 7 (reactors of equal size). Also, 


C'/oo=1-F 


giving: 
A) ane 
C 1-f 


If 7’ = Nr, then C ve" can be written as: 


cy -Í Tae R (Ep EE} kr" 
on IEN LENON 2! N ve 


Therefore, as N gets large the series better approximates the exponential and 


ei = okt" 
Cc’ 


77 = cin (es) 


which is the material balance for a PFR. This result can be visualized graphically as follows. 
In Example 3.4.2, r`! was plotted against f4. Note that if the area under this curve is inte- 
grated as illustrated: 


or 


> oe on rn A 


fo A fo fa 


the larger number of rectangles that are used to approximate the area under the curve, the 
less error. Thus, if each rectangle (see Example 3.4.2) represents a CSTR, it is clear that the 
larger the number of CSTRs in series, the better their overall behavior simulates that of 
a PFR. 


EXAMPLE 3.4.4 


Calculate the outlet conversion for a series of CSTRs accomplishing a first-order reaction 
with kr’ = 5 and compare the results to that obtained from a PFR. 


E Answer 
Using the equations developed in Example 3.4.3 gives with kr’ = 5 the following results: 


5 0.0310 
100 0.0076 
1000 0.0068 
PFR 0.0067 


3.5 | Measurement of Reaction Rates 


What are the types of problems that need to be addressed by measuring reaction 
rates? The answers to this question are very diverse. For example, in the testing of 
catalysts, a new catalyst may be evaluated for replacement of another catalyst in 
an existing process or for the development of a new process. Accurate, reliable lab- 
oratory reaction rate data are necessary for the design of an industrial reactor 
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Table 3.5.1 | Rate of reactions in ideal isothermal reactors. 


Batch 


Stirred-flow 


Tubular 


Nomenclature 


1 dn, ; dC, 

TEA = ut Equation (3.2.1) Pa = vr 

uap sea Equation (3.3.5) C-C =o = (—v,))r Equation (3.3.8) 

V (v/v) 

F? Gy = (—v;)r Equation (3.4.3) ae = vr Equation (3.4.5) 
E AVe) E mune 


C, Molar concentration of limiting reactant, mol/volume 

C? Initial value of C, 
j, Fractional conversion of limiting reactant, dimensionless 

nı Number of moles of limiting reactant, mol 

F? Initial value of the molar flow rate of limiting reactant, mol/time 
r Reaction rate, mol/volume/time 
v; Stoichiometric coefficient of limiting reactant, dimensionless 


V Volume of reacting system, volume 


Vr Volume of reactor, volume 


v Volumetric flow rate, volume/time 


whether the process is new or old. Another example of why reaction rate data 
are needed is to make predictions about how large-scale systems behave (e.g., 
the appearance of ozone holes and the formation of smog). The key issue in all 
of these circumstances is the acquisition of high-quality reaction rate data. In 
order to do this, a laboratory-scale reactor must be used. Although deviations 
from ideal behavior still exist in laboratory reactors, deliberate efforts can be 
made to approximate ideal conditions as closely as possible. Table 3.5.1 sum- 
marizes the material balance equations for the ideal reactors described above. 
Examples of how these types of reactors are used to measure reaction rates are 
presented below. 

When choosing a laboratory reactor for the measurement of reaction rate 
data, numerous issues must be resolved. The choice of the reactor is based on 
the characteristics of the reaction and for all practical matters by the availability 
of resources (i.e., reactors, analytical equipment, money, etc.). A good example of 
the issues involved in selecting a laboratory reactor and how they influence the 
ultimate choice is presented by Weekman [AIChE J., 20 (1974) 833]. Methods for 
obtaining reaction rate data from laboratory reactors that approximate the ideal 
reactors listed in Table 3.5.1 are now discussed. 
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3.5.1 Batch Reactors 


A batch reactor by its nature is a transient closed system. While a laboratory batch 
reactor can be a simple well-stirred flask in a constant temperature bath or a com- 
mercial laboratory-scale batch reactor, the direct measurement of reaction rates is 
not possible from these reactors. The observables are the concentrations of species 
from which the rate can be inferred. For example, in a typical batch experiment, the 
concentrations of reactants and products are measured as a function of time. From 
these data, initial reaction rates (rates at the zero conversion limit) can be obtained 
by calculating the initial slope (Figure 3.5.1b). Also, the complete data set can be 
numerically fit to a curve and the tangent to the curve calculated for any time (Fig- 
ure 3.5.1a). The set of tangents can then be plotted versus the concentration at which 
the tangent was obtained (Figure 3.5.1c). 

If, for example, the reaction rate function is first-order, then a plot of the tan- 
gents (dC/dt) versus concentration should be linear with a slope equal to the re- 
action rate constant and an intercept of zero. It is clear that the accuracy of the 


oF dC 
I a 
nitial slope di 


Concentration 


Concentration 


Slope 


Time Concentration 


(a) (c) 


Figure 3.5.1 | 

(a) Plot of concentration data versus time, a curve for a numerical fit of the data and lines 
at tangents to the curve at various times, (b) plot of the initial slope, (c) plot of the slopes 
of the tangent lines in (a) versus concentrations. 
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data (size of the error bars) is crucial to this method of determining good reac- 
tion rates. The accuracy will normally be fixed by the analytical technique used. 
Additionally, the greater the number of data points, the better the calculation of 
the rate. A typical way to measure concentrations is to sample the batch reactor 
and use chromatography for separation and determination of the amount of each 
component. In the best cases, this type of procedure has a time-scale of minutes. 
If the reaction is sufficiently slow, then this methodology can be used. Note, how- 
ever, that only one datum point is obtained at each extent of reaction (i.e., at each 
time). If the reaction is fast relative to the time scale for sampling, then often it 
is not possible to follow the course of the reaction in a batch reactor. 


EXAMPLE 3.5.1 | 


P. Butler (Honors Thesis, Virginia Polytechnic Institute and State University, Blacksburg, VA, 
1984) investigated the kinetics of the following reaction using rhodium catalysts: 


(0) 


| 
H — C— CH,CH,CH,CH,CH,CH, 


CH; = CHCH,CH,CH,CH; + CO + H, (n-heptanal) 


(1-hexene) CH3 — i, — CH,CH,CH,CH; 
C—H 


| 
O 
(2-methylhexanal) 


This homogeneous hydroformylation reaction was conducted in a batch reactor, and because 
of the nature of the catalyst, isomerization reactions of 1-hexene to 2- and 3-hexenes and hy- 
drogenation reactions of hexenes to hexanes and aldehydes to alcohols were minimized. The 
following data were obtained at 323 K with an initial concentration of 1-hexene at 1 mol/L 
in toluene and Pco = Py, = Py, (inert) = 0.33 atm. Calculate the initial rates of formation 
of the linear, ry, and branched, rg, aldehydes from these data. 


0.17 0.0067 0.0000 


0.67 0.0266 0.0058 
1.08 0.0461 0.0109 
1.90 0.1075 0.0184 
2.58 0.1244 0.0279 
E Answer 


Plot the concentration data as follows: 


0.12 


0.10 


0.08 


0.06 


Concentration (mol L~?) 


0.04 


0.02 


Time (h) 


The slopes of the lines shown in the plot give ry = 0.0515 mol/L/h and rg = 0.0109 mol/L/h 
(from linear regression). 


EXAMPLE 3.5.2 | 


Butler obtained the initial rate data given in the following table in a manner analogous to that 
illustrated in Example 3.5.1. Show that a reaction rate expression that follows Rules HI and 
IV can be used to describe these data. 


0.50 0.50 1.00 323 0.0280 0.0074 
0.33 0.33 1.00 323 0.0430 0.0115 
0.66 0.33 1.00 323 0.0154 0.0040 
0.33 0.33 1.00 313 0.0156 0.0040 
0.33 0.33 1.00 303 0.0044 0.0016 
0.33 0.33 0.45 323 0.0312 0.0069 
0.33 0.33 1.00 323 0.0410 0.0100 
E Answer 


An empirical expression of the rate takes the form: 


apt p%2 7% 
r= kexp[-E/(R,T)|PcoPuC\ — hexene 
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and was used to correlate the data to give (R, in cal): 


—1.5 0.45 0.40 
ty = 2.0 X 10° exp[—22,200/(R,T)]Pco Pu, Ci —hexene 


_ 10 —1.5 0.45 0.64 
rg = 4.9 X 10 exp[—19,200/(R,T)|Pco PH, Ci —hexene 
Ideally, much more data are required in order to obtain a higher degree of confidence in the 
reaction rate expressions. However, it is clear from Examples 3.5.1 and 3.5.2 how much ex- 
perimental work is required to do so. Also, note that these rates are initial rates and cannot 
be used for integral conversions. 


3.5.2 Flow Reactors 


AS pointed out previously, the use of flow reactors allows for the direct measure- 
ment of reaction rates. At steady state (unlike the batch reactor), the time scales of 
the analytical technique used and the reaction are decoupled. Additionally, since nu- 
merous samples can be acquired at the same conditions, the accuracy of the data 
dramatically increases. 

Consider the following problem. In the petrochemical industry, many reac- 
tions are oxidations and hydrogenations that are very exothermic. Thus, to con- 
trol the temperature in an industrial reactor the configuration is typically a bun- 
dle of tubes (between 1 and 2 inches in diameter and thousands in number) that 
are bathed in a heat exchange fluid. The high heat exchange surface area per re- 
actor volume allows the large heat release to be effectively removed. Suppose that 
a new catalyst is to be prepared for ultimate use in a reactor of this type to con- 
duct a gas-phase reaction. How are appropriate reaction rate data obtained for this 
situation? 

Consider first the tubular reactor. From the material balance (Table 3.5.1), it is 
clear that in order to solve the mass balance the functional form of the rate expres- 
sion must be provided because the reactor outlet is the integral result of reaction 
over the volume of the reactor. However, if only initial reaction rate data were re- 
quired, then a tubular reactor could be used by noticing that if the differentials are 
replaced by deltas, then: 


(3.5.1) 


Thus, a small tubular reactor that gives differential conversion (i.e., typically below 
5 percent) can yield a point value for the reaction rate. In this case, the reaction rate 
is evaluated at C a Actually, the rate could be better calculated with the arithmetic 
mean of the inlet and outlet concentrations: 


CREC 


C; 5 


However, since C? = C ‘it the inlet concentration is often used. 
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EXAMPLE 3.5.3 | 


For the generic reaction A = B the following three reaction rate expressions were proposed 
to correlate the initial rate data obtained. Describe how a differential tubular reactor could be 
used to discriminate among these models: 


kiCa 
1+ kCs 
k3C 
1 + k4Cp + ksCy 
keCa 
TFH 


E 


m= 


13. = 


m Answer 
If initial rate data are obtained, and if there is no B in the feed stream, then the concentra- 
tion of B at low conversion is small. Thus, at these conditions the rate expressions are: 


ri = kC 
k3C, 
T2 a E S 
1 + ksC, 
k6C4 
T3 i eee 
1+ kC, 


Clearly r; can be distinguished from rz and r3 by varying C4 such that a plot of r versus C4 
can be obtained. Now suppose that r, does not describe the data. In a second set of experi- 
ments, B can be added to the feed in varying amounts. If r3 is the correct rate expression, 
then the measured rates will not change as Cg is varied. If there is a dependence of the ob- 
served rate on the concentration of feed B, then r3 cannot describe the data. 


Returning to the problem of obtaining reaction rate data from a new catalyst 
for a gas-phase reaction, if reaction rates are desired over the complete range of the 
extent of the reaction, the differential fixed bed is not an appropriate laboratory re- 
actor for this purpose. However, the ideal stirred-flow reactor can accomplish this 
objective. By varying 7, r can be directly obtained (see Table 3.5.1) at any extent 
of reaction. The problem with a gas phase reaction is the mixing. If the reaction oc- 
curs in the liquid phase, thorough mixing can be achieved with high agitation in 
many cases. With gases the situation is more difficult. To overcome this, several re- 
actor types have been developed and are commercially available on laboratory scale. 

Referring to Figure 3.5.2, the Carberry reactor contains paddles in which the 
catalyst is mounted and the paddles are rapidly rotated via connection to a control 
shaft in order to obtain good mixing between the gas phase and the catalyst. A Berty 
reactor consists of a stationary bed of catalyst that is contacted via circulation of 
the gas phase by impeller blades. The quality of mixing in this type of configuration 


(a) 


f 


(b) (c) 


Figure 3.5.2 | 

Stirred contained solids reactors. [Reproduced from V. W. Weekman, Jr., AIChE J., 
20 (1974) p. 835, with permission of the American Institute of Chemical Engineers. 
Copyright © 1974 AIChE. All rights reserved.] (a) Carberry reactor, (b) Berty reactor 
(internal recycle reactor), (c) external recycle reactor. 


depends on the density of the gas. For low densities (i.e., low pressures), the mix- 
ing is poor. Thus, Berty-type internal recycle reactors are most frequently used for 
reactions well above atmospheric pressure. For low-pressure gas circulation, exter- 
nal recycle can be employed via the use of a pump. At high recycle, these reactors 
approximate the behavior of a CSTR. This statement is proven below. Thus, these 
types of laboratory reactors have become the workhorses of the petrochemical in- 
dustry for measuring accurate reaction rate data. 

Consider a generic recycle reactor schematically illustrated in Figure 3.5.3. First, 
denote R as the recycle ratio. The recycle ratio is defined as the volume of fluid re- 
turning to the reaction chamber entrance divided by the volume of fluid leaving the 
system. Simple material balances around the mixing point prior to the entrance of 


the reaction volume give: 
vis yo + vy" (3.5.2) 
and 
Ci vi = C} (v? + v") = Civ? + Civ’ (3.5.3) 


If the density of the fluid is constant then v° = v° and v” = Rv°. Using these rela- 
tionships with Equation (3.5.3) gives: 


Ci(v? + Rv’) = Civ? + CiRv? (3.5.4) 
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Fi=FR(- ff) 
ve,C4 


Ch FA 
vo, fx=0 


Figure 3.5.3 | 
Schematic diagram of a general recycle reactor. Superscripts i, e, and r refer to inlet, exit, 
and recycle. R is the recycle ratio. 


or 


c3 m RC; 


1+R 1+R Ooo) 


ci = 


Notice that if R > œ, Ci —> C{ or the result obtained from an ideal CSTR. Also, 
if R —>0, Ci —C?, the inlet to the reaction volume. Thus, by fixing the value 
of R, the recycle reactor can behave like the two ideal limiting reactors (i.e., 
the CSTR and PFR, or anywhere between these limits). To see this further, a 
complete material balance on the reactor can be derived from Equation (3.4.2) 
and is: 


LA = yr (3.5.6) 


However, since 

F, = vC, 

am el - 2) 

v=vy +v" = (R +1) = (R + lvl + efa) 
then 
Fy = v°CR(R + 1)(1 — fa) = FR(R + 101 = fa) 

—dF, = FY(R + 1)dfs (3.5.7) 
Substitution of Equation (3.5.7) into Equation (3.5.6) gives: 
fa dfa 


a 


(3.5.8) 
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Now, fi must be related to inlet and/or outlet variables for ease of evaluation from 
readily measurable parameters. To do so, notice that 


Fi Fe +F] FÌ +VCE FÌ + RVCS 


ci = 
y’ y? +v v? +v y? + Rv® 


In terms of f4, Cå is then 
a Ta FRECAT FA aR ia) 
vo + Rv + ea ff) voL1 + R(L + e4f4) 


i 


A 


Thus, 
Cie 1+R-Rff 1-fi 
c9 L+R+Reafa 1+ eft 


Solving this equation for fj gives: 


RegfatRfa  Rfå 


i+Rk 


es = 3.5.9 
fa 1+Rt+e,t+e,R 1+R PRR 
Substitution of Equation (3.5.9) into Equation (3.5.8) yields: 
v K d 
-R E (R + | wg a (3.5.10) 
Fa a (—v,)r 


Clearly, if R —> 0, then Equation (3.5.10) reduces to the material balance for a PFR. 
However, it is not straightforward to recognize that Equation (3.5.10) reduces to the 
material balance for a CSTR as R — oo. To do so, notice that the bottom limit on 
the integral goes to f; as R — oo. To obtain the value for the integral as R — 00, 
Leibnitz’s Rule must be used, and it is: 


(a) pLa) oF do d 
= z 2 oF P1 
2) H = dx + Hlor a) — Hle, a) — 
| (x, a)dx ee ae dx (Po, a) cs (¢1, @) AG 


Taking the limit of Equation (3.5.10) as R — œœ gives (L’Hopital’s Rule): 


To evaluate the numerator, use Leibnitz’s Rule: 


y df, : z] dfa |+ 1 
dR REE (~vat RE aR (~va)r] (~va) 


e 
A 
FER 


dfé 1 
foe Cur 


¢ (AA) 
a aR 1+R 


92 CHAPTER 3 


The first and second terms on the right-hand side of this equation are zero. Therefore, 


fE 
T ESN EP AH 
V, Cvar |R| (+R) e 
lim — = Lh s 
A 


(~va) pe 


Note that this equation is the material balance for a CSTR (see Table 3.5.1). Thus, 
when using any recycle reactor for the measurement of reaction rate data, the effect 
of stirring speed (that fixes recirculation rates) on extent of reaction must be inves- 
tigated. If the outlet conditions do not vary with recirculation rates, then the recy- 
cle reactor can be evaluated as if it were a CSTR. 


EXAMPLE 3.5.4 | 


Al-Saleh et al. [Chem. Eng. J., 37 (1988) 35] performed a kinetic study of ethylene oxida- 
tion over a silver supported on alumina catalyst in a Berty reactor. At temperatures between 
513-553 K and a pressure of 21.5 atm, the observed reaction rates (calculated using the CSTR 
material balance) were independent of the impeller rotation speed in the range 350-1000 rpm 
(revolutions per minute). A summary of the data is: 


‘Temperature (K) WIL®W oo w 
553 51.0 0.340 3.145 


~ 2.229 


553 106.0 0.272 5.093 2.676 
553 275.0 0.205 9.336 3.564 
533 93 0.349 0.602 0.692 
533 51.0 0.251 2.661 1.379 
533 106.0 0.218 4.590 1.582 
533 275.0 0.162 8.032 2.215 
513 9.3 0.287 0.644 0.505 
513 51.0 0.172 1.980 0.763 
513 106.0 0.146 3.262 0.902 
513 275.0 0.074 3.664 0.989 


Derive the equations necessary to determine rgo (rate of production of ethylene oxide) and 
Tco, (rate of production of CO2). Assume for this example that the volumetric flow rate is 
unaffected by the reactions. 


m Answer 
From Equation (3.3.6): 
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VIGNETTE 3.5.1 


Since the reaction rates are reported on a per mass of catalyst basis rather than per volume, 
V is replaced with W (the mass of catalyst in the reactor). The reaction network is: 


r s 
CH, = CH, T 1202 => CH, — CH, 
S N 
CH — CH, + 5/40 => 2CO, + 2H20 
CH=CH; + 30) => 2CO, + 2H,0 


For the molar flow rates, 


coe 
Feo = rof 
CÈ 
Coo, 
Feo, = ral : | 
cÈ 


where F¢ is the inlet molar flow rate of ethylene and C$, is the inlet concentration of ethyl- 
ene. Thus, the material balance equations are: 


CE 
Tco, W c? 


Notice that F}, W, and C$ are all fixed for a particular experiment. Thus, measurement of 
the concentrations in the outlet stream directly yield values for the observed rates. 
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yl ge scale; for example, ethylene glycol pro- 
duction is in the milli year in the United States alone and is used as a heat _ 
transfer fluid such as an radiators of automobiles. With such large-scale use 
of EO, it is important that the selectivity to EO be as high as possible. Today, after years 

of catalyst optimization and advances in reactor technology, commercial A: cata- 
lysts give selectivities above 90 percent. ' 


"These products are mar 


EXAMPLE 3.5.5 | 


Using the data in Example 3.5.4 calculate the selectivity defined as the ratio of the moles 
of EO produced per mole of ethylene consumed times 100 percent, and plot the selectivity 
versus conversion. 


Answer 
The selectivity can be calculated as: 


Teo 


sto = x 100% 


Teo + Teo, 


From the plot shown below, the selectivity declines as the conversion is increased because of 
combustion reactions that produce carbon dioxide. 


80 


70 


Selectivity 
a 
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50 
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Total conversion 
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In addition to the laboratory-scale reactors described here, there are numerous 
more specialized reactors in use. However, as mentioned previously, the perform- 
ance of these reactors must lie somewhere between the mixing limits of the PFR 
and the CSTR. Additionally, when using small laboratory reactors, it is often diffi- 
cult to maintain ideal mixing conditions, and the state of mixing should always be 
verified (see Chapter 8 for more details) prior to use. A common problem is that 
flow rates sufficiently large to achieve PFR behavior cannot be obtained in a small 
laboratory system, and the flow is laminar rather than turbulent (necessary for PFR 
behavior). If such is the case, the velocity profile across the reactor diameter is par- 
abolic rather than constant. 


Exercises for Chapter 3 


1. The space time necessary to achieve 70 percent conversion in a CSTR is 3 hb. 
Determine the reactor volume required to process 4 ft? min™'. What is the 
space velocity for this system? 

2. The following parallel reactions take place in a CSTR: 


A+B Ais Desired Product =k, = 2.0L (mol min)! 


B EN Undesired Product k, = 1.0 min™! 


If a liquid stream of A (4 mol L~', 50 L min™') and a liquid stream of B 
(2 mol L` ' 50 L min!) are co-fed to a 100 L reactor, what are the steady-state 
effluent concentrations of A and B? 

3. The irreversible reaction 2A —>B takes place in the gas phase in a constant 
temperature plug flow reactor. Reactant A and diluent gas are fed in equimolar 
ratio, and the conversion of A is 85 percent. If the molar feed rate of A is dou- 
bled, what is the conversion of A assuming the feed rate of diluent is 
unchanged? 

4. Consider the reversible first-order reaction of A = B in a CSTR of volume 
V = 2 L with forward and reverse rate constants of k; = 2.0 min”! and k_, = 
1.0 min” '. At time t = 0, the concentrations of A and B in the tank are both 
zero. The incoming stream of A has a volumetric flow rate of 3 L min“! at con- 
centration C{ = 2 mol L”'. Find the concentrations of A and B as functions of 
time. You do not need a computer to solve this problem. 

5. Consider the liquid phase reaction: A => products with rate r = 0.20 Cj (mol 
L! min“ ') that takes place in a PFR of volume 30 L. 


(a) What is the concentration of A (Cy) exiting the PFR? 


10 L min"! 
C9=1.2 mol L~! 
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(b) What is Cy in a PFR with recycle shown below? 


5Lmin! 


10 Lmin“! 
CR = 1.2 mol L~! 


(c) Now, add a separator to the system. Find Cf, C$, C} and Ç . For the sepa- 
rator, assume CÊ = 5C{. 


5 L min`! 


10 L min-! 


C? =1.2 mol L~! 


Separator 


(Problem provided by Prof. J. L. Hudson, Univ. of Virginia.) 

6. (Adapted from H. S. Fogler, Elements of Chemical Reaction Engineering, 3rd 
ed., Prentice Hall, Upper Saddle River, NJ, 1999.) Pure butanol is fed into a 
semibatch reactor containing pure ethyl acetate to produce butyl acetate and 
ethanol in the reversible reaction: 


CH3COOC3H; + C,H 9OH = CH3COOC,Ho9 + C,H;0H 


The reaction rate can be expressed in the Guldberg-Waage form. The reaction 
is carried out isothermally at 300 K. At this temperature, the equilibrium con- 
stant is 1.08 and the forward rate constant is 9.0 X 1075 L (mol s)~!. Initially, 
there are 200 L of ethyl acetate in the reactor and butanol is fed at a rate of 0.050 
Ls |. The feed and initial concentrations of butanol and ethyl acetate are 10.93 
mol L~! and 7.72 mol L~’, respectively. 
(a) Plot the equilibrium conversion of ethyl acetate as a function of time. 
(b) Plot the conversion of ethylacetate, the rate of reaction, and the concen- 
tration of butanol as a function of time. 

7. Dinitrogen pentoxide decomposes at 35°C with a first-order rate constant of 
8 xX 107° min™' [F. Daniels and E. H. Johnston, J. Am. Chem. Soc., 43 (1921) 
53] according to: 


2 N20; ==> 4NO, + O, 
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10. 


However, the product NO, rapidly dimerizes to N3204: 
2NO, = N,O, 


If the decomposition reaction is carried out in a constant volume at 35°C, plot 
the pressure rise in the reactor as a function of time, for an initial charge of pure 
N20; at 0.4 atm. Assume that the dimerization reaction equilibrates immedi- 
ately. The equilibrium constant of the NO, dimerization reaction at 35°C is 
3.68. Assume ideal behavior. 


Ethanol can decompose in a parallel pathway: 


ky ethylene + water 


ethanol 


k2 acetaldehyde + dihydrogen 

Assume that the reaction rates are both first-order in ethanol and that no prod- 
ucts are initially present. After 100 s in a constant volume system, there is 30 
percent of the ethanol remaining and the mixture contains 13.7 percent ethyl- 
ene and 27.4 percent acetaldehyde. Calculate the rate constants k, and kp. 
Compound A is converted to B in a CSTR. The reaction rate is first-order with 
a reaction rate constant of 20 min. ' Compound A enters the reactor at a flow 
rate of 12 m?/min (concentration of 2.0 kmol/m?). The value of the product B 
is $1.50 per kmol and the cost of reactor operation is $2.50 per minute per 
cubic meter. It is not economical to separate unconverted A to recycle it back 
to the feed. Find the maximum profit. 

A very simplified model for the dynamical processes occurring when an ani- 
mal is given a drug can be represented by the single compartmental model 
shown below: 


Absorption rate Elimination rate 


Upon administration of the drug, there is absorption into the body. 
Subsequently, the drug is converted to metabolites and/or is physically elimi- 
nated. As a result, the amount of drug in the body at any time is the net tran- 
sient response to these input and output processes. 

Find the maximum “body” alcohol level in grams and the time when it 
occurs for a 70 kg human who quickly consumes one can of beer. Assume the 


absorption and elimination rates are first-order. 


Data: The mass of one can of beer is 400 g and contains 5 wt. % alcohol. 


Kavsorption / Ketimination =5 
poun . - 1 
Ketimination = 0.008 min 
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Titanium dioxide particles are used to brighten paints. They are produced by 
gas-phase oxidation of TiCl, vapor in a hydrocarbon flame. The dominant 
reaction is hydrolysis, 


TiCl, + 2H,O = TiO, (s) + 4HCI 


The reaction rate is first-order in TiCl, and zero-order in HO. The rate con- 
stant for the reaction is: 


_ 88000 fel x 


k = 8.0 x 104 
exp| RT 


The reaction takes place at 1200 K in a constant pressure flow reactor at 1 atm 
pressure (1.01 X 10° Pa). The gas composition at the entrance to the reactor is: 


CO, 8% 
H2O 8% 
Op 5% 
TiCl, 3% 
Nz remainder 


(a) What space time is required to achieve 99 percent conversion of the TiCl, 
to TiO? 

(b) The reactor is 0.2 m diameter and 1.5 m long. Assuming that the reactor 
operates 80 percent of the time, how many kilograms of TiO, can be 
produced per year? (The molecular weight of TiO, is 80 g/mol.) 


R, = 8.3144 J/mol/K 


(Problem provided by Richard Flagan, Caltech.) 


The autocatalytic reaction of A to form Q is one that accelerates with conver- 
sion. An example of this is shown below: 


aA+o—bo+0 


However, the rate decreases at high conversion due to the depletion of reactant A. 
The liquid feed to the reactor contains 1 mol L~! of A and 0.1 mol L™? of Q. 


(a) To reach 50 percent conversion of A in the smallest reactor volume, would 
you use a PFR or a CSTR? Support your answer with appropriate calculations. 


(b) To reach 95 percent conversion of A in the smallest reactor volume, would 
you use a PFR or a CSTR? Support your answer with appropriate calculations. 


(c) What is the space time needed to convert 95 percent of A in a CSTR if 
k, = 1 L (mol s)? 


The irreversible, first-order, gas-phase reaction 


A=>2B+C 
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14. 


15. 


16. 


takes place in a constant volume batch reactor that has a safety disk designed 
to rupture when the pressure exceeds 1000 psi. If the rate constant is 0.01 s7}, 
how long will it take to rupture the safety disk if pure A is charged into the 
reactor at 500 psi? 

If you have a CSTR and a PFR (both of the same volume) available to carry 
out an irreversible, first-order, liquid-phase reaction, how would you connect 
them in series (in what order) to maximize the conversion? 

Find the minimum number of CSTRs connected in series to give an outlet con- 
version within 5 percent of that achieved in a PFR of equal total volume for: 
(a) first-order irreversible reaction of A to form B, kTper = 1 


(b) second-order irreversible reaction of A to form B, kC} Tprr = 1. 


Davis studied the hydrogenation of ethylene to ethane in a catalytic recycle 
reactor operated at atmospheric pressure (R. J. Davis, Ph.D. Thesis, Stanford 
University, 1989.) The recycle ratio was large enough so that the reactor 
approached CSTR behavior. Helium was used as a diluent to adjust the par- 
tial pressures of the gases. From the data presented, estimate the orders of the 
reaction rate with respect to ethylene and dihydrogen and the activation ener- 
gy of the reaction. 


Catalyst: 
5%Pd/Alumina 


Hydrogenation of ethylene over 50 mg of Pd/alumina catalyst. 


193 1.0 20 80 25.1 
193 1.0 10 90 16.2 
193 1.0 40 60 35.4 
193 2:5 20 78.5 8.55 
193 5.0 20 76 4.17 
175 1.0 20 80 3.14 


TER 


The Steady-State 
Approximation: Catalysis 


4.1 | Single Reactions 


One-step reactions between stable molecules are rare since a stable molecule is by 
definition a quite unreactive entity. Rather, complicated rearrangements of chemical 
bonds are usually required to go from reactants to products. This implies that most 
reactions do not proceed in a single elementary step as illustrated below for NO 
formation from N, and O,: 


One-step (not observed) Sequence of steps (obser ved) 
N2 +O, ==> 2NO N, +O = NO +N 
N-O NO N +0, => NO +0 
IOo ll => + m 
NO NO N, + O, === 2NO 


Normally, a sequence of elementary steps is necessary to proceed from reactants 
to products through the formation and destruction of reactive intermediates (see 
Section 1.1). 

Reactive intermediates may be of numerous different chemical types (e.g., free 
radicals, free ions, solvated ions, complexes at solid surfaces, complexes in a homo- 
geneous phase, complexes in enzymes). Although many reactive intermediates may be 
involved in a given reaction (see Scheme 1.1.1), the advancement of the reaction can 
still be described by a single parameter—the extent of reaction (see Section 1.2). If this 
is the case, the reaction is said to be single. Why an apparently complex reaction re- 
mains stoichiometrically simple or single, and how the kinetic treatment of such reac- 
tions can be enumerated are the two questions addressed in this chapter. 

There are two types of sequences leading from reactants to products through 
reactive intermediates. The first type of sequence is one where a reactive intermediate 
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is not reproduced in any other step of the sequence. This type of sequence is de- 
noted as an open sequence. The second type of sequence is one in which a reactive 
intermediate is reproduced so that a cyclic reaction pattern repeats itself and a large 
number of product molecules can be made from only one reactive intermediate. This 
type of sequence is closed and is denoted a catalytic or chain reaction cycle. This 
type of sequence is the best definition of catalysis. 

A few simple examples of sequences are listed in Table 4.1.1. The reactive in- 
termediates are printed in boldface and the stoichiometrically simple or single reaction 
is in each case obtained by summation of the elementary steps of the sequence. While 
all reactions that are closed sequences may be said to be catalytic, there is a distinct 
difference between those where the reactive intermediates are provided by a separate 
entity called the catalyst that has a very long lifetime and those where the reactive 
intermediates are generated within the system and may survive only during a limited 
number of cycles. The first category encompasses truly catalytic reactions (catalytic 
reaction cycle) in the narrow sense of the word, while the second involves chain re- 
actions (chain reaction cycle). Both types exhibit slightly different kinetic features. 
However, the two types are so closely related that it is conceptually straightforward 
to consider them together. In particular, both categories can be analyzed by means 
of the steady-state approximation that will be presented in the next section. 

Chain and catalytic reaction cycles provide energetically favorable pathways for 
reactant molecules to proceed to product molecules. This point is illustrated below 
for both types of cycles. Consider the reaction between dihydrogen and dichlorine 
to produce HCI that can be brought about in the gas phase by irradiating the reactants 
with light. It is known that over 10° molecules of HCl can be formed per absorbed 
photon. The reaction proceeds as follows: 


light eee 
Cl — 2C] (initiation) 


Cl + H, —> HCI + H (propagation) 
H + C — HCI + Cl (propagation) 


2C —> Ch (termination) 


Once chlorine atoms are produced (initiation), the propagation steps provide a closed 
cycle that can be repeated numerous times (e.g., 10°) prior to the recombination of 
the chlorine atoms (termination). 

The reason the chain reaction cycle dominates over a direct reaction between 
dihydrogen and dichlorine is easy to understand. The direct reaction between H3 
and Cl, has an activation energy of over 200 kJ/mol, while the activation energies 
of the two propagation steps are both less than 30 kJ/mol (see Figure 4.1.1). Thus, 
the difficult step is initiation and in this case is overcome by injection of photons. 

Now consider what happens in a catalytic reaction cycle. For illustrative pur- 
poses, the decomposition of ozone is described. In the presence of oxygen atoms, 
ozone decomposes via the elementary reaction: 


O + 03-420, 


Table 4.1.1 | Sequences and reactive intermediates 


0; —> 0, +0 open 
O + 0; — O, + O, 


203 => 302 


one = emer 
OO -O"O 
Aes Cue 


O +N, — NO+N chain 
N+0,—— NO+0 


N, + O, ==> 2NO 


SO; + O, —> SO; chain 
SO; + SO2> —> SO% + SOF 
S03” + SO% —> 28077 


25057 + O, ==> 28077 
* + HO —> H, + O* catalytic 
O* + CO —> CO, +* 
H,O + CO => H, + CO, 


ò 
. oO 
2 
H 
(0) 
(0) . 
H 
(0) 
(0) 
ee 


‘Adapted from M. Boudart, Kinetics of Chemical Processes, Butterworth-Heinemann, 1991, pp. 61-62. 


open 


chain 


OOe 


oxygen atoms in the 
gas phase 


solvated (in liquid SO2) 
benzhydryl ions 


oxygen and nitrogen 
atoms in the gas 
phase 


free radical ions 
SO; and SO; 


sites * on a catalyst 
surface and the surface 
complex O* 


cumyl and cumylperoxy 
free radicals in a 
solution of cumene 
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(a) 


Energy 


H, + Cl, 


H, Cl 
2 HCl 


Reaction coordinate 


Figure 4.1.1 | 

Energy versus reaction coordinate for H, + Cl, = 2HCI. 
(a) direct reaction, (b) propagation reactions for photon 
assisted pathway. 


The rate of the direct reaction can be written as: 
tq = k[O][O3] (4.1.1) 


where ry is in units of molecule/cm?/s, [O] and [O3] are the number densities (mol- 
ecule/cm?) of O and Os, respectively, and Ń is in units of cm?/s/molecule. In these 


units, k is known and is: 
k = 1.9 X 107" exp[—2300/T] 
where T is in Kelvin. Obviously, the decomposition of ozone at atmospheric con- 


ditions (temperatures in the low 200s in Kelvin) is quite slow. 
The decomposition of ozone dramatically changes in the presence of chlorine 


atoms (catalyst): 
ci +0, “4 0,+ clo 
co +0 + 0, +c 
O + O, = 20, 
where: 
kı = 5 X 107" exp(—140/T) cm?/s/molecule 
ky = 1.1 X 107" exp(—220/T)  cm?/s/molecule 


At steady state (using the steady-state approximation—developed in the next 
section), the rate of the catalyzed reaction r, is: 
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_ kik [O05] [C1] + [c10] 
= k,[O3] + k,[0] ae 


However, since [O] << [O3] and k; = ky: 
re = k,[O][[Cl] + [C10] (4.1.3) 


and 


(4.1.4) 


If 
[C1] + [C10] 
[Os] 


(a value typical of certain conditions in the atmosphere), then: 


= 107? 


ro k 
= = x 1073 = 5.79 X 1073 exp(2080/T) (4.1.5) 
d 


At T = 200 K, r, / ra = 190. The enhancement of the rate is the result of the cata- 
lyst (Cl). As illustrated in the energy diagram shown in Figure 4.1.2, the presence 
of the catalyst lowers the activation barrier. The Cl catalyst first reacts with O to 


(a) 


Energy 


O +0; 


ClO 


nÁÁ——_ 


Reaction coordinate 


Figure 4.1.2 | 
Energy versus reaction coordinate for ozone decomposition. 


(a) direct reaction, (b) Cl catalyzed reaction. 
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give the reaction intermediate ClO, which then reacts with O3 to give O, and 
regenerate Cl. Thus, the catalyst can perform many reaction cycles. 


VIGNETTE 4.1.4] 


Ozone exists in a dynamic equilibrium in the stratosphere: 


O, + light (<242 nm) > 20 (formation) 
O+ 0,0; 


O; + light (< ~300 nm)—>O + O, (destruction) 


-It is an important species in the stratosphere (15-55 km) for the survival of life on the planet 
_ since it absorbs harmful ultraviolet radiation (UV-B, 280-320 nm). Every September over 
a the past few years there has been a large loss of ozone (ozone hole) in the Antarctic strato- 
sphere (losses near 100 percent at altitudes between 15-20 km). The losses account for about 
3 percent of the entire global supply of stratospheric ozone in a period of 4 to 6 weeks, 
pr ary cause for the Antarctic ozone loss is the increase of stratospheric chlori 
_ ample, the total organochlorine concentration has changed as follows: 1950— 
billion by volume (ppbv), 1974—1.8 ppbv. 1990-—4.0 ppbv, while the only n 
„organochlorine species CHC] has remained 0.6 ppbv over the last 15 years. Where has the : 
_ other chlorine come from? The chlorine arises from chlorofluorocarbons (CFCs). CFC: ch 
as CFC-12 (CFC), CFC-11 (CFCI,), and CFC-113 (CFsCICFC1,) were used e 
_ ants, blowing agents, and cleaning agents, respectively. More than $28 billion/year of CF 
based products were manufactured. The total release (worldwide) to the atmosphere i 
_ the past two decades is estimated at CFC-12: 400 kt/year, CFC-11: 250 kt/year, and C 
413: 300 kt/year. Because CFCs are very inert (property built into the molecule for nw 
ous: applications), they are not destroyed to any appreciable extent in the lower portions of - 
the atmosphere and have lifetimes of many decades in the stratosphere. In the stratosphere, : 
- CFCs « can be degraded to provide a source of chlorine atoms: oo 


CRCI, + light ( <220 nm) > Cl + ma 


The reason a the chlorine i is not formed near the surface of the Barth j is that o and O, ab- 
sorb UV radiation i in the lower stratosphere. Once atomic chlorine is formed it can actas 
a catalyst for ozone decomposition as was shown in Section 4.1. In the presence of the - 
chlorine catalyst, the ozone can be quickly consumed. Tremendous efforts are now un- 

_ derway worldwide to curb these effects. a 


4.2 | The Steady-State Approximation 


Consider a closed system comprised of two, first-order, irreversible (one-way) ele- 
mentary reactions with rate constants k; and kz: 
k ky 
A —> B —> C 
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If C? denotes the concentration of A at time t = 0 and C$ = C? = 0, the material 
balance equations for this system are: 


dx dy dw 
Z = k < = kx — — = .2.1 
dt E dt * ~ hy at hay ee) 


where x = C,/Ci,y = C/C}, and w = Cc/C$Ì. Integration of Equation (4.2.1) 
with x = 1, y = 0, w = 0 at t = 0 gives: 


x = exp(—k,t) 
1 
= exp(—k,t) — exp(—kot 
y Ee ra p(—kit) p(—kat)] (4.2.2) 
k kı 
=1- + 
w meea exp(—kıt) Aan exp(—kt) 


EXAMPLE 4.2.1 | 


Show how the expression for y(t) in Equation (4.2.2) is obtained (see Section 1.5). 
E Answer 


d 
Placing the functional form of x(f) into the equation for 7 gives: 


d 
C + ky = kexp( kit) y = Oatr=0 


This first-order initial-value problem can easily be solved by the use of the integration fac- 
tor method. That is, 


d(ye**") = kı exp[ (k, — ky)tldt 


or after integration: 


Since y = O at z = 0: 


Substitution of the expression for y into the equation for y(t) gives: 


kat ky f ] 
yell = level = b= 


or 


k 


y = gogle) ~ exp(=ka)] 


Relative concentration 


E Ei 
E £ 
5 5 
z 2 
S 8 
B > 
V vo 
eA eA 
Time 
(c) 
Figure 4.2.1 | 
Two first-order reactions in series. 
a*B cC 
(a) ky = 0.1 ky, (b) ka = ki, (c) ky = 10 ky. 
It is obvious from the conservation of mass that: 
x+ty+w=1 (4.2.3) 
or 
dx dy dw 
+ + =0 4.2.4 
dt dt dt ( ) 


The concentration of A decreases monotonically while that of B goes through a max- 
imum (see, for example, Figure 4.2.1b). The maximum in Cg is reached at (Example 1.5.6): 


1 
fiak = In k k (4.2.5) 
(as (ky/ky) 
and is: 
k 
cum = ci al (4.2.6) 
2 


At fmax, the curve of C, versus t shows an inflection point, that is, (d?w)/(dt?) = 0. 

Suppose that B is not an intermediate but a reactive intermediate (see Section 1.1). 
Kinetically, this implies that k >> kı. If such is the case, what happens to the solution 
of Equation (4.2.1), that is, Equation (4.2.2)? As k; / k, — 0, Equation (4.2.2) reduces to: 


x = exp(—k,1) 


kı 

y = —exp(—kıt) (4.2.7) 

k 
w = 1 — exp(—k,2) 

Additionally, fmax —> 0 as does Ymax (see Figure 4.2.1 and compare as k,/k, — 0). 

Thus, the time required for Cg to reach its maximum concentration is also very 
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small. Additionally, the inflection point in the curve of Ce versus time is translated 
back to the origin. 
Equation (4.2.7) is the solution to Equation (4.2.8): 


dx 
dt = —kyx 
0 = kx = ky (4.2.8) 
dw 
—=k 
dt ay 


Note that Equation (4.2.8) involves two differential and one algebraic equations. The 
algebraic equation specifies that: 


—=0 (4.2.9) 


This is the analytical expression of the steady-state approximation: the time deriv- 
atives of the concentrations of reactive intermediates are equal to zero. Equation 
(4.2.9) must not be integrated since the result that y = constant is false [see Equa- 
tion (4.2.7)]. What is important is that B varies with time implicitly through A and 
thus with the changes in A (a stable reactant). Another way to state the steady-state 
approximation is [Equation (4.2.4) with dy/dt = 0]: 


dx __dw 


— = — 4.2.10 
dt dt ( ) 


Thus, in a sequence of steps proceeding through reactive intermediates, the rates of 
reaction of the steps in the sequence are equal. It follows from Equation (4.2.10) 
that the reaction, however complex, can be described by a single parameter, the ex- 
tent of reaction (see Section 1.2): 


nj(t) — ni 
P(t) = (1.2.4) 
Vi 
so that: 
d® 1d dn; 
Par ee (4.2.11) 
dt Vv, at U; al 


For the simple reaction A => C, Equation (4.2.11) simplifies to Equation (4.2.10). 
The steady-state approximation can be stated in three different ways: 


1. The derivatives with respect to time of the concentrations of the reactive 
intermediates are equal to zero [Equation (4.2.9)]. 

2. The steady-state concentrations of the reaction intermediates are small since 
as ky/ky < 1, fmax > 0 and C#* — 0. 

3. The rates of all steps involving reactants, products, and intermediates are 
equal [Equation (4.2.10)]. 


PE 
rE 


L- 
TF 


Intensity 
hamana err- toraman Apor: 


100 300 500 
Time (s) 


Figure 4.2.2 | 

Display of the data of Creighton et al. (Left) reprinted from Surface Science, vol. 138, no. 1, 
J. R. Creighton, K. M. Ogle, and J. M. White, “Direct observation of hydrogen-deuterium 
exchange in ethylidyne adsorbed on Pt(111),” pp. L137-L141, copyright 1984, with 
permission from Elsevier Science. Schematic of species observed (right). 


These conditions must be satisfied in order to correctly apply the steady-state 
approximation to a reaction sequence. Consider the H-D exchange with ethylidyne 
(CCH; from the chemisorption of ethylene) on a platinum surface. If the reaction 
proceeds in an excess of deuterium the backward reactions can be ignored. The con- 
centrations of the adsorbed ethylidyne species have been monitored by a technique 
called secondary ion mass spectroscopy (SIMS). The concentrations of the various 
species are determined through mass spectroscopy since each of the species on the 
surface are different by one mass unit. Creighton et al. [Surf. Sci., 138 (1984) L137] 
monitored the concentration of the reactive intermediates for the first 300 s, and the 
data are consistent with what are expected from three consecutive reactions. The re- 
sults are shown in Figure 4.2.2. 
Thus, the reaction sequence can be written as: 


D, == 2D 
Pt==C—CH,; + D> Pt=C—CH,D + H 
Pt==C—CH,D + D->Pt=C—CHD, +H 
Pt==C— CHD, + D> Pt=C—CD,;+ H 
2H == H, 
If the rate of D.—H> exchange were to be investigated for this reaction sequence, 
dCp, Cy, 
dt dt 


and the time derivative of all the surface ethylidyne species could be set equal to 
zero via the steady-state approximation. 
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EXAMPLE 4.2.2 | 


Show how Equation (4.1.2) is obtained by using the steady-state approximation. 


m Answer 
ci + 0, “+ 0, + clo 
clo + 0 > O, + Cl 
O + O; = 20, 


The reaction rate expressions for this cycle are: 


dos) _ 
Od L ajai; 

ATO = &{C1[O.] - afco] 

TO L hteo] + efcio]o] 


Using the steady-state approximation for the reactive intermediate [C10] specifies that: 


d{ClO] 
dt 


and gives: 
k,[C1][O3] = &[ClO][O} 
Also, notice that the total amount of the chlorine in any form must be constant. Therefore, 
[Cl]p = [Cl] + [C10] 
By combining the mass balance on chlorine with the mass balance at steady-state for [CIO], 
the following expression is obtained: 
ki[C1][0;] _ [0s] 


[clo] = oy pioj (Eo [C10]} 


After rearrangement: 


cioj- MOa _ _ Alato) 
i [o] 1 + ah k[O] + ki[0;] 
k[O] 


Recall that: 
ld® 1 dAj] a[O;] _ 1 dO] 


fa = 


€ Vd vw dt dt 2 dt 


Thus, by use of the rate expressions for ozone and dioxygen: 


2k,[C1][O3] = k[C1][0;] + &[CO][0] 


or 
k{C1][O3] = k[CIO][O] 
The rate of ozone decomposition can be written as: 
re = k [C1][0;] 
or 
r, = k [C0][0] 
Substitution of the expression for [CIO] in this equation gives: 
_ _ FilalCleLOJ[Os] 
© [O] + kis] 


or Equation (4.1.2). 


EXAMPLE 4.2.3 | 


Explain why the initial rate of polymerization of styrene in the presence of Zr(CgHs)4 in 
toluene at 303 K is linearly dependent on the concentration of Zr(CeHs)4 [experimentally 
observed by D. G. H. Ballard, Adv. Catal. 23 (1988) 285]. 


m Answer 
Polymerization reactions proceed via initiation, propagation, and termination steps as illus- 
trated in Section 4.1. A simplified network to describe the styrene polymerization is: 


Zr(C6H5)4 + styrene 2y (CsH5)3ZrCHCH;C6H5 G) 
(gi 
(CgHs)3Zr(polymer), + styrene SA (CeHs5)3Zr(polymer),.+1 Gi) 
Ct on 
(CgHs5)3Zr(polymer),, as (CeHs5)3Zr + CeHs(polymer), (iii) 
Cot 


where: 
(CoHs)32r(polymer),-1 
CoHs 
is the species shown on the right-hand side of Equation (i). Equations (i-iii) are the initia- 


tion, propagation, and termination reactions (8-hydrogen transfer terminates the growth of 
the polymer chains) respectively. The reaction rate equations can be written as: 


r = hCL, Gnitiation) 


i Thes s eae tee : 


I, = „e C ) (propagation) 


r = d ` C, ) (termination) 
i=1 


where C, is the concentration of Zr(CgHs)4, C, is the styrene concentration, and C; is the 
concentration of the Zr species containing (polymer),,—;. For simplicity, the rate constants for 
propagation and termination are assumed to be independent of polymer chain length (i.e., in- 
dependent of the value of 7). 

If the steady-state approximation is invoked, then r; = r, or 


KCC, = a > c) 
i=l 


Solving for the sum of the reactive intermediates gives: 
5 G= (F)c C 
AT NTS 


Substitution of this expression into that for r, yields: 


kik, s 
I= 7a Ce; 


The rate of polymerization of the monomer is the combined rates of initiation and propaga- 
tion. The long chain approximation is applicable when the rate of propagation is much faster 
than the rate of initiation. If the long chain approximation is used here, then the polymer- 
ization rate is equal to r,. Note that the r, is linearly dependent on the concentration of Zr(ben- 
zyl)4, and that the polystyrene obtained (polystyrene is used to form styrofoam that can be 
made into cups, etc.) will have a distribution of molecular weights (chain lengths). That is, 
CeHs(polymer),, in Equation (iii) has many values of n. The degree of polymerization is the 
average number of structural units per chain, and control of the molecular weight and its dis- 
tribution is normally important to the industrial production of polymers. 


The steady-state approximation applies only after a time ¢,, the relaxation time. 
The relaxation time is the time required for the steady-state concentration of the 
reactive intermediates to be approached. Past the relaxation time, the steady-state 
approximation remains an approximation, but it is normally satisfactory. Below, a 
more quantitative description of the relaxation time is described. k 

Assume the actual concentration of species B in the sequence A —l> B—4C, 
Cp, is different from its steady-state approximation C} by an amount é: 


Cp = C3(1 +€) (4.2.12) 
The expression: 


dC 
a = kC, — bC; (4.2.13) 
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still applies as does the equation [from taking the time derivative of Equation (4.2.12)]: 


dé _. dC 
— = Cm + (1+ 4.2.14 
dt AE € ) 
According to the steady-state approximation [see Equation (4.2.8)]: 
* kı 
C = Cy (4.2.15) 
ky 
Since dC ,/dt = —k,C,, 
cad pe He (4.2.16) 
dt Po sa 


Equating the right-hand sides of Equations (4.2.13) and (4.2.14) and substitut- 
ing the values for C} and dC;/dt from Equations (4.2.15) and (4.2.16), respec- 
tively, gives: 


dé 


ae + (ky — ke -— k, =0 (4.2.17) 
Integration of this initial-value problem with € = —1 (Cg = 0) at t = 0 yields: 
1 2i po 
€ = —>—— |K — exp| (K — kat 4.2.18 
E E-I) { p[( )kot]} ( ) 


where: 
K = k/k 


Since B is a reactive intermediate, K must be smaller than one. With this qualifica- 
tion, and at “sufficiently large values” of time: 


e=K (4.2.19) 


What is implied by “sufficiently large values” of time is easily seen from Equation 
(4.2.18) when K << 1. For this case, Equation (4.2.18) reduces to: 


E= e" (4.2.20) 


The relaxation time is the time required for a quantity to decay to a fraction 1 Je 
of its original value. For the present case, t, = 1/kz. Intuitively, it would appear 
that the relaxation time (sometimes called the induction time) should be on the 
same order of magnitude as the turnover time, that is, the reciprocal of the 
turnover frequency (see Section 1.3). As mentioned previously, turnover 
frequencies around 1 s™! are common. For this case, the induction time is short. 
However, if the turnover frequency is 107? s~!, then the induction time could 
be very long. Thus, one should not assume a priori that the induction time is 
brief. 
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VIGNETTE 4.2.1 


Now, let’s consider an important class of catalysts—namely, enzymes. Enzymes 
are nature’s catalysts and are made of proteins. The primary structure is the sequence 
of amino acids that are joined through peptide bonds (illustrated below) to create 
the protein polymer chain: 


H HO H H H HỌ H |l 
NZ l Na sage l | -C— OH 
N C—OH N C—OH 
ae Se -H,0 uA NNA Y 
C + C C N R2 
AN AN Z] 
H Ri H Rə R Hy 
amino acid amino acid 


The primary structure gives rise to higher order levels of structure (secondary, tertiary, 
quaternary) and all enzymes have a three-dimensional “folded” structure of the polymer 
chain (or chains). This tertiary structure forms certain arrangements of amino acid groups 
that can behave as centers for catalytic reactions to occur (denoted as active sites). How 
an active site in an enzyme performs the chemical reaction is described in Vignette 4.2.1. 


The elegance of enzyme Teactivily is voparalleled i in syothetic catalytic materials. Begin- 
| Fischer Proposed ae ae ee see for « e 


take oe jueous ae without utilizing water as a sie In addition to € ex- 
cluding water and providing the proper positioning of catalytic groups, the “closed” state 
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e 4.2.3 3| Schematic model of the induced fit mechanism for enzyme catalysis. 
A and C are particular functional groups in the enzyme binding site that must be 
properly aligned with the bound substrate for reaction to occur. The substrate binding 
_ induces a conformational change in the enzyme after which reaction of the bound — 

. complex takes place. Other conformational changes occur during the reaction of the 
substrate to produce the bound product. Desorption of the product returns the enzyme 

to inbound conformation. [Adapted from D. F. Koshland, Jn, Angew. Chem. Int. Ed. 

Engl. 33 (1994) 2375, with permission of WILEY-VCH Verlag GmbH and the author.] 


confines substrates and prevents the escape of reaction intermediates. Domain closure must 
be fast because the energy barrier between the “open” and “closed” states must not be 
Also, these states are only slightly different in energy in that they are in dynamic 
equilibrium. An important feature of this concept is that the alignment of the catalytic and 
binding groups are optimized for the transition state and that the attainment of this state 
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Energy 


_ Reaction coordinate 


Figure - 4.2.4 | nergy versus reaction coordinate. 


zyme (Ez)-mediated reaction. 

Prope! substrate binding allows for the bound (closed) state (E25) to be i in dynamic 
equilibrium with free substrate. Upon domain closure, catalytic reaction can occur to trans- | 
form the bound state (ES) to an energetically less stable state than the open state of the 
: protein (EzP) by altering the interactions between the protein and the bound molecule. 
Note that the upper limit on the rate of catalytic reaction should, therefore, be fixed by 


the rate of domain movements. ‘Since the open state is more pas favored, te 
podia will desorb to retum the eee to the Le state. 


sition state (see babe 4.2.4). How thisi is accomplished 1 ower 


a complex. sequence of events, 4 as illustrated above. = Upon aces r-flecrion. it e be ex- 


VIGNETTE 4.2.2 


Table sugar, sucrose, is just one of a family of natural sugars; for example, fructose (found 
in fruits), glucose (found i in com), and lactose (found in milk). Fructose has now become 
the sweetener of choice because of catalysis. 
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Glucose isomerase is an enzyme that converts d-glucose into d-fructose: 


= > O 
C—H CHOH 
coe © glucose ; 
=- H—C—OH | isomerase SE 
pane $ 
; a | 
HO—C--H 
H—C—OH 
_ C —OH 
_ CH,OH 
d-fructose 


Although ucose, oe wd sucrose are al sugars, they are not equally sweet. If s 
: crose would be nog as 100 on an eo! sweetness on then fructose au be 8 


feerorencous catalyst can provide greater than 18 tons of fructose per ton of catalyst. 


In order to describe the kinetics of an enzyme catalyzed reaction, consider the 
following sequence: 
ky kz ky 
Ez+S <== ES == EP —> Ez+P 


-1 C2 


where Ez is the enzyme, S is the substrate (reactant), EzS and EzP are enzyme bound 
complexes, and P is the product. An energy diagram for this sequence is shown in 
Figure 4.2.4. The rate equations used to describe this sequence are: 


dCs 

ae = —kyCp.Cs + k_\Cezs 
dCs ao eN eA 
oe hie kiCe.Cs — k-1Cr5 — kxCas + k-2C ep 

(4.2.21) 

dep kae kC t-s kC rep a KC pzp 

dt fi Z v4 ays 3 we 

ay 

dt 3G EzP 


Using the steady-state approximation for the reactive intermediates Cg-ş and Cg.p 
and the fact that: 


C}, = Ce + Cre + Cop (4.2.22) 
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where C2, is the concentration of the enzyme in the absence of substrate gives: 


kyk3C BCs 


r= 


kik- + kik; + kok 


(ky + k-2 + tcs + 


ki(ka + k- + ks) 


(4.2.23) 


If the product dissociates rapidly from the enzyme (i.e., k3 is large compared to kz 
and k_2), then a simplified sequence is obtained and is the one most commonly 
employed to describe the kinetics of enzyme catalyzed reactions. For this case, 


kı 
Ez + S = ES Ss Es + P 
-1 


with 
a = —k,C Cz, + kC 
di 1C sC Ez -1€ EzS 
dCx:5 
J = kiCsCpe, — k-1Crzs — kCrzs 
t 
dCp 
—— = kr 
di 3C EzS 
where 


Ci = Ce, + Cezs 
Using the steady-state approximation for Cz.5 gives: 
kK CsCr, CCE 
Crs = = 
(k-i + ks) K, 


m 


with: 


K 
m kı 


(4.2.24) 


(4.2.25) 


(4.2.26) 


(4.2.27) 


Km is called the Michaelis constant and is a measure of the binding affinity of 
the substrate for the enzyme. If k_, >> k then Km = k_, /ki or the dissociation 
constant for the enzyme. The use of Equation (4.2.25) with Equation (4.2.26) 
yields an expression for Cg-ş in terms of C$, and Cs, that is, two measurable 


quantities: 


CECs D Cézs Cs 
K, 


m 


Ces a 


or 
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C A Cs 
Crs = ae (4.2.28) 


Substitution of Equation (4.2.28) into the expression for dC, p/dt gives: 
dCp _ bsC3.Cs 


= 4.2.2 
dt =K,, + Cs ee 
If Tmax = kC, then Equation (4.2.29) can be written as: 
dC dC. EPRA 
= = -i 2 (4.2.30) 


dt dt Ka +Cs 


This form of the rate expression is called the Michaelis-Menton form and is used widely 
in describing enzyme catalyzed reactions. The following example illustrates the use of 
linear regression in order to obtain rmax and K,, from experimental kinetic data. 


EXAMPLE 4.2.4 | 


Para and Baratti [Biocatalysis, 2 (1988) 39] employed whole cells from E. herbicola immo- 
bilized in a polymer gel to catalyze the reaction of catechol to form L-dopa: 


ne (6) 
i 
wt $= {> CH, —C—COH 
i 
HO HO H 
Catechol L-dopa (levodopa) 


Do the following data conform to the Michaelis-Menton kinetic model? 


u Data 
The initial concentration of catechol was 0.0270 M and the data are: 


0.25 11.10 
0.50 22.20 
0.75 33.30 
1.00 44.40 
1.25 53.70 
1.50 62.60 
2.00 78.90 
2.50 88.10 
3.00 94.80 
3.50 97.80 
4.00 99.10 
4.50 99.60 


5.00 99.85 
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u Answer 
Notice that: 


+ 
dt 


| dCs | a K,, 1 
TnaxC's Tmax 


dCs |~! 
Thus, if =| is plotted as a function of 1 [Cc ‘5, the data should conform to a straight line 


with slope = K,, JEmax and intercept = 1 Tiai This type of plot is called a Lineweaver-Burk plot. 
First, plot the data for Cs (catechol) versus time from the following data [note that Cs = 


c$ (1 =f]: 


0.00 0.027000 
0.25 0.024003 
0.50 0.021006 
0.75 0.018009 
1.00 0.015012 
1.25 0.012501 
1.50 0.010098 
2.00 0.005697 
2.50 0.003213 
3.00 0.001404 
3.50 0.000594 
4.00 0.000243 
4.50 0.000108 
5.00 0.00004 1 


100 


C, (M) 
Conversion (%) 


0 1 2 3 4 5 
Time (h) 


Time (h) 


From the data of Cs versus time, dCs/dt can be calculated and plotted as shown below. Ad- 
ditionally, the Lineweaver-Burk plot can be constructed and is illustrated next. 


£ 
& if 
L 2 
2 ~ 
oi 
ne 
0 5 10 15 20 25 30 0 wa CRT ET dalek coe 
CUO M) 0 2 4 6 8 10 12 14 
1/C, (10-3 M=!) 
From the Lineweaver-Burk plot, the data do conform to the Michaelis-Menton rate law and 
kmol kmol 
K,, = 6.80 X 1073 z7 and Fma = 1.22 X 107° 3 
m m’-hr 


The previous example illustrates the use of the Lineweaver-Burk plot. Notice 
that much of the data that determine K,, and fmax in the Lineweaver-Burk analysis 
originate from concentrations at high conversions. These data may be more difficult 
to determine because of analytical techniques commonly used (e.g., chromatogra- 
phy, UV absorbance) and thus contain larger errors than the data acquired at lower 
conversions. The preferred method of analyzing this type of data is to perform non- 
linear regression on the untransformed data (see Appendix B for a brief overview 
of nonlinear regression). There are many computer programs and software packages 
available for performing nonlinear regression, and it is suggested that this method 
be used instead of the Lineweaver-Burk analysis. There are issues of concern when 
using nonlinear regression and they are illustrated in the next example. 


EXAMPLE 4.2.5 | 


Use the data given in Example 4.2.4 and perform a nonlinear regression analysis to obtain 
Km and Tmax 


E Answer 
A nonlinear least-squares fit of the Michaelis-Menton model (Equation 4.2.30) gives the fol- 


lowing results: 


Kn -Relative 
( (kmol/m _tkmolim!) error! 
Non-linear fitting 0 0 i (8.51 + 1.19) x 107° 5.4% 
Non-linear fitting 1 1 _ (1.68 + 0.09) x 107? (8.51 + 1.19) x 1077 5.4% 
Non-linear fitting 1.22 x 107° 680 107° (1.68 + 0.09) x 107? (8.51 + 1.19) x 107° 54% 
Lineweaver-Burk — = 1.22 x 107? 6.80 X 107° 15.2% 


Tax, 


‘Relative error = y 5 (sate e K,+ =) / >. (rate)? 


Since the nonlinear least-squares method requires initial guesses to start the procedure, 
three different initial trials were performed: (1) (0,0), (2) (1,1), and (3) the values obtained 
from the Lineweaver-Burk plot in Example 4.2.4. All three initial trials give the same result 
(and thus the same relative error), Note the large differences in the values obtained from the 
nonlinear analysis versus those from the linear regression. If the solutions are plotted along 


with the experimental data as shown below, it is clear that the Lineweaver-Burk analysis does 
not provide a good fit to the data. 


Rate (103M h’) 


Cy (103 M) 


However, if the solutions are plotted as (rate) ' rather than (rate), the results are: 


Ifrate (10-3 M~ h) 


0.01 0.10 1.00 10.00 100.00 
Cs (103 M) 


Thus, the Lineweaver-Burk method describes the behavior of (rate)! but not (rate). 

This example illustrates how the nonlinear least-squares method can be used and how 
initial guesses must be explored in order to provide some confidence in the solution obtained. 
It also demonstrates the problems associated with the Lineweaver-Burk method. 


VIGNETTE 4.2.3] - 


Parkinson's disease is an illness of the central nervous system where voluntary move- _ 
ments become slow and shaky. The cause of this disease is linked to the neurotransmitter 


CHjCH NH, HOCHCH,NH, 


HOW o 
vo OH © 
L-norepinephrine 


ine. However, because je cannot cross the bl 
administered : as a measure to relieve he oe 


opa does. This ei leat to the need for L- ope for ihe treatment of Parkin- 
son’s disease. 
l -dopa has or one chiral center. Until the 1970s, only enzymes could produce chiral almok- 


(Both P atoms are chiral centers) 


“NHCOCH, 


The § r s aie ; 


where the Č atom is a chiral center. Thus, synthetic catalysts could finally perform 
chiral reactions. This major breakthrough in catalytic science and technology provided 
the synthetic process for L-dopa which is now used worldwide to treat Parkinson’s 
disease. : 


4.3 | Relaxation Methods 


In the previous section the steady-state approximation was defined and illustrated. 
It was shown that this approximation is valid after a certain relaxation time that is 
a characteristic of the particular system under investigation. By perturbing the sys- 
tem and observing the recovery time, information concerning the kinetic parame- 
ters of the reaction sequence can be obtained. For example, with A > B “>, 
it was shown that the relaxation time when k;< kọ was k;'. Thus, relaxation 
methods can be very useful in determining the kinetic parameters of a particular 
sequence. 
Consider the simple case of 


(4.3.1) 


It can be shown by methods illustrated in the previous section for A —> B —> C, 
that the relaxation time for the network in Equation (4.3.1) is: 


1 

—~=k tk, (4.3.2) 
t, 

A perturbation in the concentration of either A or B from equilibrium would give 
rise to a relaxation that returned the system to equilibrium. Since 


K, = k/k; (4.3.3) 


and K, can be calculated from the Gibbs functions of A and B, experimental deter- 
mination of t, gives kı and k_, via the use of Equations (4.3.2) and (4.3.3). De- 
pending on the order of magnitude of t,, the experimentalist must choose an ana- 
lytical technique that has a time constant for analysis smaller than ¢,. For very fast 
reactions this can be a problem. 

A particularly useful method for determining relaxation times involves the use of 
flow reactors and labeled compounds. For example, say that the following reaction 
was proceeding over a solid catalyst: 


CO + 3H, => CH, + H,O 


At steady-state conditions, '*CO can be replaced by '*CO while maintaining all 
other process parameters (e.g., temperature, flow rate) constant. The outlet from the 
reactor can be continuously monitored by mass spectroscopy. The decay of the con- 
centration of '*CH, and the increase in the concentration of '*CH, can provide 
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Figure 4.3.1 | 

(a) Schematic of apparatus used for isotopic 
transient kinetic analysis and (b) transients 
during ethane hydrogenolysis on Ru/SiO, 

at 180°C. (Figure from “Isotopic Transient 
Kinetic Analysis of Ethane Hydrogenolysis 
on Cu modified Ru/SiO2” by B. Chen and 
J. G. Goodwin in Journal of Catalysis, 

vol. 158:228, copyright © 1996 by 
Academic Press, reproduced by permission 
of the publisher and the author.) F(t) in 

(b) represents the concentration of a species 
divided by its maximum concentration at 
any time. 


Mass spectrometer/ 
Gas chromatography 
and Data acquisition 


Vent 
Back-pressure 
regulator 
Inert gas = Switching 
valve 


Labeled 


Unlabeled /argon 
S | stream 


reactant 
Pressure 
transducer 
Make-up 
stream 


Reactor furnace and 
catalyst bed 


GC 4 
&) Back-pressure 
Bleed valve regulator 
MS i 


———}> Vent 


Differential pump 
(a) 


F(t) 


0 10 20 30 40 
Time (s) 


(b) 
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kinetic parameters for this system. This method is typically called “isotopic tran- 
sient kinetic analysis.” 


Figure 4.3.la shows a schematic of an apparatus to perform the steady-state, 


isotopic transient kinetic analysis for the hydrogenolysis of ethane over a Ru/SiO2 
catalysis: 


CH;CH, + H; = 2CH, 


A sampling of the type of data obtained from this experiment is given in Figure 
4.3.1b. Kinetic constants can be calculated from these data using analyses like those 
presented above for the simple reversible, first-order system [Equation (4.3.1)]. 


Exercises for Chapter 4 


1. 


N20; decomposes as follows: 
2N,0; => 4NO, + O, 
Experimentally, the rate of reaction was found to be: 


_ AO _ 
p= J k[N20;] 


Show that the following sequence can lead to a reaction rate expression that 
would be consistent with the experimental observations: 


ky 
N20; G NO, + NO; 
—1 


NO, + NO, Ma NO, 4 O, + NO 


NO + NO, <> 200, 


The decomposition of acetaldehyde (CH;CHO) to methane and carbon 
monoxide is an example of a free radical chain reaction. The overall reaction 
is believed to occur through the following sequence of steps: 


CH,CHO —“+ CH; + CHO. 
CH,CHO + CH,» —2> CH, + CH,CO> 
CH,CO- 25 CO + CH, 
CH GH == 


Free radical species are indicated by the * symbol. In this case, the free radical 
CHO» that is formed in the first reaction is kinetically insignificant. Derive a 
valid rate expression for the decomposition of acetaldehyde. State all of the 
assumptions that you use in your solution. 
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3. Chemical reactions that proceed through free radical intermediates can 
explode if there is a branching step in the reaction sequence. Consider the 
overall reaction of A = B with initiator / and first-order termination of free 
radical R: 


I —> R initiation 
R+A iM B+R propagation 


R+A—“35B4+R4R branching 


ka ine 
R —*> side product termination 


Notice that two free radicals are created in the branching step for every one 

that is consumed. 

(a) Find the concentration of A that leads to an explosion. 

(b) Derive a rate expression for the overall reaction when it proceeds below 
the explosion limit. 

4. Molecules present in the feed inhibit some reactions catalyzed by enzymes. In 
this problem, the kinetics of inhibition are investigated (from M. L. Shuler and 
F. Kargi, Bioprocess Engineering, Basic Concepts, Prentice Hall, Englewood 
Cliffs, NJ, 1992). 

(a) Competitive inhibitors are often similar to the substrate and thus compete 
for the enzyme active site. Assuming that the binding of substrate § and 
inhibitor / are equilibrated, the following equations summarize the relevant 
reactions: 


K, 


m 


ky 
Ez + S Œ ExsS — Ez +P 


K; 
Ez+tI S52 Ez 
Show how the rate of product formation can be expressed as: 


Tmax Cs 


Ee est Gil 
K, | += +C 
m K; 5 
(b) Uncompetitive inhibitors do not bind to the free enzyme itself, but instead 
they react with the enzyme-substrate complex. Consider the reaction 
scheme for uncompetitive inhibition: 


K, 


m 


ky 
Ez+ S 2 Ez — Ez +P 


K; 
zS + 1 Sp EzSI 
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Show how the rate of product formation can be expressed as: 


r= 


+) 
1+— 
K; 


(c) Noncompetitive inhibitors bind on sites other than the active site and reduce 
the enzyme affinity for the substrate. Noncompetitive enzyme inhibition 
can be described by the following reactions: 


K 
m k 
Ez+5 C2 ES —> Ez +P 


K; 

Ez+I << Ez 
K; 

EzS +I <> EzSI 
Km 

Ezl +S 422 EzSI 


The Michaelis constant, Km, is assumed to be unaffected by the presence 
of inhibitor 7. Likewise, K; is assumed to be unaffected by substrate S. 
Show that the rate of product formations is: 


(d) A high concentration of substrate can also inhibit some enzymatic 
reactions. The reaction scheme for substrate inhibition is given below: 


K, 
4 k 
Ez+S <> Es —> Ex+P 
Ks; 
EzS +S a EzS, 
Show that the rate of product formation is: 
Las 
r= ——— 


Cs 
Kn + Cs + 


Si 
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Enzymes are more commonly involved in the reaction of two substrates to 
form products. In this problem, analyze the specific case of the “ping pong bi 
bi” mechanism [W. W. Cleland, Biochim. Biophys. Acta, 67 (1963) 104] for 
the irreversible enzymatic conversion of 


A+B=>P+W 


that takes place through the following simplified reaction sequence: 


Kma 
M kə 
Ez+A <2 EzA —> Ez'+P 


King 
mM k 
E+B && EB —> Ez+W 


where £z' is simply an enzyme that still contains a molecular fragment of A 
that was left behind after release of the product P. The free enzyme is 
regenerated after product W is released. Use the steady-state approximation to 
show that the rate of product formation can be written as: 


TmaxC aCe 
T = 
CaCp + Kaa + KpCp 


where K,, Kg, and fmax are collections of appropriate constants. 
Hints: C, = Cg, + Cpa + Ce + Cop and dCp/dt = dCy/dt 


Mensah et al. studied the esterification of propionic acid (P) and isoamyl 
alcohol (A) to isoamyl propionate and water in the presence of the lipase 
enzyme [P. Mensah, J. L. Gainer, and G. Carta, Biotechnol. Bioeng., 60 
(1998) 434.] The product ester has a pleasant fruity aroma and is used 
in perfumery and cosmetics. This enzyme-catalyzed reaction is shown 
below: 


CH; 
O Hy | 
H3C C = 
bos a a S 
C OH HO C CH; 
Hp Hə 
Propionic acid Isoamy!l alcohol 
CH; 
o H2 | 
H3C C CH T H20 
N POO Oye SS 
c o c CH; 
H, Hə 


Isoamyl propionate 
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This reaction appears to proceed through a “ping pong bi bi” mechanism with 
substrate inhibition. The rate expression for the forward rate of reaction is 
given by: 


Tmax Cp Ca 


r= 
CpC, + Kofi + =) + KxC,4 

Kp; 
Use nonlinear regression with the following initial rate data to find values of 
max» K1, K2, and Kp;. Make sure to use several different starting values of the 
parameters in your analysis. Show appropriate plots that compare the model 
to the experimental data. 


Initial rate data for esterification of propionic acid and 
isoamyl alcohol in hexane with Lipozyme-IM 
(immobilized lipase) at 24°C. 


Ce (moi L) C4 (mol L~!) Rat 
0.15 0.10 1.19 
0.15 0.20 1.74 
0.15 0.41 1.92 
0.15 0.60 1.97 
0.15 0.82 2.06 
0.15 1.04 2.09 
0.33 0.10 0.90 
0.33 0.11 1.00 
0.33 0.20 1.29 
0.33 0.41 1.63 
0.33 0.60 1.88 
0.33 0.81 1.94 
0.33 1.01 1.97 
0.60 0.13 0.80 
0.60 0.13 0.79 
0.60 0.20 1.03 
0.60 0.42 1.45 
0.60 0.62 1.61 
0.60 0.83 1.74 
0.60 1.04 1.89 
0.72 0.14 0.73 
0.72 0.20 0.90 
0.72 0.41 1.27 
0.72 0.61 1.51 
0.72 0.82 1.56 
0.72 0.85 1.69 
0.72 1.06 1.75 
0.93 0.21 0.70 
0.93 0.42 1.16 
0.93 0.65 1.37 
0.93 0.93 1.51 
0.93 1.13 1.70 


From P. Mensah, J. L. Gainer and G. Carta, Biotechnol. Bioeng., 60 
(1998) 434. 
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Combustion systems are major sources of atmospheric pollutants. The 
oxidation of a hydrocarbon fuel proceeds rapidly (within a few milliseconds) 
and adiabatically to establish equilibrium among the H/C/O species (CO2, H20, 
O2, CO, H, OH, O, etc.) at temperatures that often exceed 2000 K. At such 
high temperatures, the highly endothermic oxidation of N3: 


N, + O, = 2NO AH, = 180.8 (kJ mol` ') 
becomes important. The reaction mechanism by which this oxidation occurs 
begins with the attack on N, by O: 
ky 
No + O m NO +N 


=] 
with rate constants of: 
k, 1.8 x 108e738400/T (m? mol` 's~!) 

k-i = 3.8 X 107e7 5/7 (m? mol~!s~!) 

The oxygen radical is present in its equilibrium concentration with the major 
ye P q j 

combustion products, that is, 

1/20, EO Ky = 2170 e737? (atm) 


The very reactive N reacts with O3: 


It 


ky 
N + 0) ==NO +0 
-2 


ky = 1.8 X 10* Te~4680/7 (m? mol™’s7» 
k-z = 3.8 X 10° Te™?™0800/T (m? mol 's™') 
(a) Derive a rate expression for the production of NO in the combustion products 


of fuel lean (excess air) combustion of a hydrocarbon fuel. Express this rate 
in terms of the concentrations of NO and major species (Oz and N3). 


(b) How much NO would be formed if the gas were maintained at the high 
temperature for a long time? How does that concentration relate to the 
equilibrium concentration? 

(c) How would you estimate the time required to reach that asymptotic concentration? 
(Problem provided by Richard Flagan, Caltech.) 

The reaction of H, and Br, to form HBr occurs through the following sequence 

of elementary steps involving free radicals: 

ky 
Br + H ==> HBr + H 
-1 


ky 
H+Br. ——> HBr + Br 


K3 
Bry © 2Br 
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10. 


Use the fact that bromine radicals are in equilibrium with Br, to derive a rate 
expression of the form: 


@,[Br,]'/2[H,] 


ETR (n 


As a continuation of Exercise 8, calculate the concentration of H radicals present 
during the HBr reaction at atmospheric pressure, 600 K and 50 percent conversion. 
The rate constants and equilibrium constant for the elementary steps at 600 K are 
given below. 


r = 


kı = 1.79 X 10’ cm? mol™! s7! 
k_, = 8.32 X 10'? cm? mol`! s™! 
ky = 9.48 X 101°? cm? mol! s™! 
K; = 8.41 X 107" mol cm™? 


Consider the series reaction in which B is a reactive intermediate: 
ky k 
A —> B — C 


As discussed in the text, the steady-state approximation applies only after a 
relaxation time associated with the reactive intermediates. Plot the time 
dependence of & (the deviation intermediate concentration from the steady- 
state value) for several values of k,/k, (0.5, 0.1, 0.05) and k3 = 0.1 s~'. What 
happens when: (a) k; = k2 and (b) kı > k2? 


CHAPTER 


Heterogeneous Catalysis 


5.1 | Introduction 


Catalysis is a term coined by Baron J. J. Berzelius in 1835 to describe the property 
of substances that facilitate chemical reactions without being consumed in them. A 
broad definition of catalysis also allows for materials that slow the rate of a reac- 
tion. Whereas catalysts can greatly affect the rate of a reaction, the equilibrium com- 
position of reactants and products is still determined solely by thermodynamics. 
Heterogeneous catalysts are distinguished from homogeneous catalysts by the dif- 
ferent phases present during reaction. Homogeneous catalysts are present in the same 
phase as reactants and products, usually liquid, while heterogeneous catalysts are 
present in a different phase, usually solid. The main advantage of using a hetero- 
geneous catalyst is the relative ease of catalyst separation from the product stream 
that aids in the creation of continuous chemical processes. Additionally, heteroge- 
neous catalysts are typically more tolerant of extreme operating conditions than their 
homogeneous analogues. 

A heterogeneous catalytic reaction involves adsorption of reactants from a fluid 
phase onto a solid surface, surface reaction of adsorbed species, and desorption of 
products into the fluid phase. Clearly, the presence of a catalyst provides an alter- 
native sequence of elementary steps to accomplish the desired chemical reaction 
from that in its absence. If the energy barriers of the catalytic path are much lower 
than the barrier(s) of the noncatalytic path, significant enhancements in the reaction 
rate can be realized by use of a catalyst. This concept has already been introduced 
in the previous chapter with regard to the Cl catalyzed decomposition of ozone 
(Figure 4.1.2) and enzyme-catalyzed conversion of substrate (Figure 4.2.4). A sim- 
ilar reaction profile can be constructed with a heterogeneous catalytic reaction. 

For example, G. Ertl (Catalysis: Science and Technology, J. R. Anderson and 
M. Boudart, Eds., vol. 4, Springer-Verlag, Berlin, 1983, p. 245) proposed the ther- 
mochemical kinetic profile depicted in Figure 5.1.1 for the platinum-catalyzed 
oxidation of carbon monoxide according to the overall reaction CO + 3 O, => CO). 
The first step in the profile represents the adsorption of carbon monoxide and 
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VIGNETTE 5.1.1 


. actions on supported, transition metal particles can often be reproduced on very well-defined : 
single crystal surfaces. ‘The ability to reliably interrogate catalytic chemistry on single crys- . 
tals allows for methodical exploration of the influence of atomic structure on catalytic activ- 
: ity [C. M Friend, Scientific American, 268 ( 1993) 74). Single crystals can be cut and processed _ 
to ‘expose: various low energy surface planes having specific atomic configurations. These 
various arrangements of surface atoms can be understood from the periodic nature of three- 

: dimensional crystals. The three crystal structures of transition metals relevant to catalysis are 
called face-centered cubic, body-centered cubic, and hexagonal (see Figure 5.1.2). 
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CO(g) + 5 O28) 


Figure 5.1.1 | 


Schematic energy diagram for the oxidation of CO and a Pt catalyst. (From data presented 
by G. Ertl in Catalysis: Science and Technology, J. R. Anderson and M. Boudart, Eds., 
vol. 4, Springer-Verlag, Berlin, 1983, p. 245.) All energies are given in kJ mol~!, For 
comparison, the heavy dashed lines show a noncatalytic route. 


dioxygen onto the catalyst. In this case, adsorption of dioxygen involves dissocia- 
tion into individual oxygen atoms on the Pt surface. The product is formed by ad- 
dition of an adsorbed oxygen atom (O,g,) to an adsorbed carbon monoxide mole- 
cule (CO,as). The final step in the catalytic reaction is desorption of adsorbed carbon 
dioxide (COz,4,) into the gas phase. The Pt catalyst facilitates the reaction by pro- 
viding a low energy path to dissociate dioxygen and form the product. The noncat- 


alytic route depicted in Figure 5.1.1 is extremely slow at normal temperatures due 
to the stability of dioxygen molecules. 


ps one the greatest triumphs of modern surface science is. ‘that rates of catalytic 


Body-centered Face-centered ‘Hexagonal 
cubic cubic : 


Figure 5.1.2 | Crystal structures of ey 
relevant transition metals. 


Figure 5.1.3 | Atomic arrangements of the low-index surface planes of an FCC crystal. 
(Adapted from R. Masel, Principles of Adsorption and Reaction on Solid Surfaces, Wiley, 
New York, copyright © 1996, p. 38, by permission of John Wiley & Sons, Inc.) 


Single crystal surfaces are associated with planes in the unit cells pictured in Figure 
5.1.2 and are denoted by ind lated to the unit cell parameters. Several examples of 
various low-index surface anes are shown in Figure 5.1.3 for the face-centered cubic 
structure. oe 
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races of stable planes separated by atomic-scale steps or ledges that may have kinks. 
In addition, various Point defects like atomic vacancies or surface adatoms may be 
T resent A schematic represer 1 ation of Ae oe surfaces i is shown i in noe > 1 A 


_ sites on. n etal surfaces. — o 


Since the number of atoms on the surface of a bulk metal or metal oxide is ex- 
tremely small compared to the number of atoms in the interior, bulk materials are 
often too costly to use in a catalytic process. One way to increase the effective sur- 
face area of a valuable catalytic material like a transition metal is to disperse it on 
a support. Figure 5.1.5 illustrates how Rh metal appears when it is supported as 
nanometer size crystallites on a silica carrier. High-resolution transmission electron 
microscopy reveals that metal crystallites, even as small as 10 nm, often expose the 
common low-index faces commonly associated with single crystals. However, the 
surface to volume ratio of the supported particles is many orders of magnitude higher 
than an equivalent amount of bulk metal. In fact, it is not uncommon to use cata- 
lysts with 1 nm sized metal particles where nearly every atom can be exposed to 
the reaction environment. 

Estimation of the number of exposed metal atoms is rather straightforward in 
the case of a single crystal of metal since the geometric surface area can be mea- 
sured and the number density of surface atoms can be found from the crystal structure. 


Figure 5.1.5 | 
(a) Rhodium metal particles supported on silica carrier. (b) High-resolution electron 


micrograph shows how small supported Rh crystallites expose low-index faces. (Top photo 
courtesy of A. K. Datye. Bottom photo from “Modeling of heterogeneous catalysts using 
simple geometry supports” by A. K. Datye in Topics in Catalysis, vol. 13:131, copyright 
© 2000 by Kluwer Academic, reproduced by permission of the publisher and the author.) 
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For supported metal catalysts, no simple calculation is possible. A direct mea- 
surement of the metal crystallite size or a titration of surface metal atoms is required 
(see Example 1.3.1). Two common methods to estimate the size of supported crys- 
tallites are transmission electron microscopy and X-ray diffraction line broadening 
analysis. Transmission electron microscopy is excellent for imaging the crystallites, 
as illustrated in Figure 5.1.5. However, depending on the contrast difference with 
the support, very small crystallites may not be detected. X-ray diffraction is usually 
ineffective for estimating the size of very small particles, smaller than about 2 nm. 
Perhaps the most common method for measuring the number density of exposed 
metal atoms is selective chemisorption of a probe molecule like Hz, CO, or Op. 
Selective chemisorption uses a probe molecule that does not interact significantly 
with the support material but forms a strong chemical bond to the surface metal atoms 
of the supported crystallites. Chemisorption will be discussed in more detail in Sec- 
tion 5.2. Dihydrogen is perhaps the most common probe molecule to measure the frac- 
tion of exposed metal atoms. An example of Hz chemisorption on Pt is shown below: 


2Pteurtace + H2 => 2P tsurfaceH 


The exact stoichiometry of the Pt-H surface complex is still a matter of debate since 
it depends on the size of the metal particle. For many supported Pt catalysts, an as- 
sumption of 1 H atom adsorbing for every 1 Pt surface atom is often a good one. 
Results from chemisorption can be used to calculate the dispersion of Pt, or the frac- 
tion of exposed metal atoms, according to: 


2 X (H, molecules chemisorbed) 


Fraction exposed = Dispersion = 
P P Total number of Pt atoms 


If a shape of the metal particle is assumed, its size can be estimated from chemisorp- 
tion data. For example, a good rule of thumb for spherical particles is to invert the 
dispersion to get the particle diameter in nanometers: 


1 

Particle diameter (nm) = ———— 
Dispersion 

Table 5.1.1 compares the average diameter of Pt particles supported on alumina 

determined by chemisorption of two different probe molecules, X-ray diffraction, 

and electron microscopy. The excellent agreement among the techniques used to 
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Table 5.1.1 | Determination of metal particle size on Pt/AloOz catalysts by 
chemisorption of Hə and CO, X-ray diffraction, and transmission 
electron microscopy. 


. ~ Electron ~ 


microscopy 
0.6° ; 1.6 
2.0? 1.6 1.8 
3.77 2.7 2.4 
3.7° 3.9 53 


“Pretreatment temperature of 500°C. 
>Pretreatment temperature of 800°C. 


Source: Renouprez et al., J. Catal., 34 (1974) 411. 


characterize these model Pt catalysts shows the validity in using chemisorption to 
estimate particle size. 

The reason for measuring the number of exposed metal atoms in a catalyst is that 
it allows reaction rates to be normalized to the amount of active component. As de- 
fined in Chapter 1, the rate expressed per active site is known as the turnover frequency, 
r, Since the turnover frequency is based on the number of active sites, it should not 
depend on how much metal is loaded into a reactor or how much metal is loaded onto 
a support. Indeed, the use of turnover frequency has made possible the comparison of 
rates measured on different catalysts in different laboratories throughout the world. 


VIGNETTE 5.1.2 


Dumesic and co-workers measured the rate of viene hydrogenation: 
as =CH; + Ha CH; — CH 


over a variety of Pt eatlyes i in a flow reactor with. a feed of 25 torr of ethylene, 150 torr 
of dihydrogen, and 585 torr of helium [R. D. Cortright, S. A. Goddard, J. E. Rekoske, and 
L A. Dumesic, J. Catal., 127 (1991) 342], Three of the catalysts consisted of Pt particles 
supported on Cab-O-Sil silica gel while the fourth was a bulk Pt wire. The fraction of Pt 
exposed on the supported catalysts, determined by chemisorption of dihydrogen, was 0.7 
on the catalyst with 1.2 wt% Pt and unity on the lower loaded Pt catalysts. The number of 
Pt atoms on the surface of the Pt wire was estimated from the geometric surface area. 
: Figure 5.1.6 shows the temperature dependence of the turnover frequency (TOF) on all of 
the catalysts at equivalent conditions. Over the entire temperature range, the turnover 
: frequency was found to be independent of the dispersion of the metal. The TOF measured 
on a bulk Pt wire was virtually the same as that found on | nm supported Pt clusters. Re- 
actions that reveal TOFs that are independent of dispersion are called structure insensitive. 


CHAPTER 5 Heterogeneous Catalysis 


In (TOF) 


— aw s uy soan 
- MT% 1000 (K ') - 


— a Poum a 5.1.6 g Arhenius-type of the turnover 


5.2 | Kinetics of Elementary Steps: 
Adsorption, Desorption, and 
Surface Reaction 


The necessary first step in a heterogeneous catalytic reaction involves activation of a 
reactant molecule by adsorption onto a catalyst surface. The activation step implies 
that a fairly strong chemical bond is formed with the catalyst surface. This mode of 
adsorption is called chemisorption, and it is characterized by an enthalpy change typ- 
ically greater than 80 kJ mol~’ and sometimes greater than 400 kJ mol™*. Since a 
chemical bond is formed with the catalyst surface, chemisorption is specific in nature, 
meaning only certain adsorbate-adsorbent combinations are possible. Chemisorption 
implies that only a single layer, or monolayer, of adsorbed molecules is possible since 
every adsorbed atom or molecule forms a strong bond with the surface. Once the avail- 
able surface sites are occupied, no additional molecules can be chemisorbed. 

Every molecule is capable of weakly interacting with any solid surface through 
van der Waals forces. The enthalpy change associated with this weak adsorption 
mode, called physisorption, is typically 40 kJ mol”! or less, which is far lower than 
the enthalpy of chemical bond formation. Even though physisorbed molecules are 
not activated for catalysis, they may serve as precursors to chemisorbed molecules. 
More than one layer of molecules can physisorb on a surface since only van der 
Waals interactions are involved. The number of physisorbed molecules that occupy 
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a monolayer on the surface of any material can be used to calculate its geometric 
surface area if the cross-sectional area of the adsorbate molecule is known. 


BET Method for Evaluation of Surface Area 


In 1919, the Fixed Nitrogen Laboratory was founded in Washington, D.C. to help the 
United States establish a synthetic ammonia industry. This was done to ensure a reliable 
supply of nitrate fertilizers and- explosives. It was in this laboratory environment that 
Stephen Brunauer and Paul Emmet worked together to study the adsorption of dinitrogen 
on promoted iron, the catalyst commonly used in ammonia synthesis reactors today. It be- 
came clear to the researchers that some measure of the catalyst surface area was needed 
to place their studies on a more quantitative basis. After enlisting the help of Edward 
Teller, then a professor at George Washington University, Brunauer and Emmett were able 
to describe i in very simple terms the phenomenon of multilayer adsorption of weakly ad- 
sorbed molecules, or physisorption. Figure 5.2.1 shows a pe physical oo l 
isotherm of N on a powdered catalyst surface. 
There i is no obvious transition in the isotherm that can be absbuted to the f I 
of a complete monolayer of adsorbed N3. Brunauer, Emmett. and Tellers re 
_ ecules like N, do not adsorb on a surface in a layer by laye 
fom multilayers before completion of a full monolayer. Thi: 
: schematically depicted in Figure 5.2.2. The following critical assumptions were made to 
enable solution of the problem: : 


VIGNETTE 5.2.1 


. The layers are densely packed. 
: . The heat of adsorption for the first we is greater than th 


second (and higher) layers. 


80 


: : Adsorbed volume (mL STP g) 


Rdativ pressure. PR, 


"Figure 5.2.4 L Adsorption of N- at 77.3 K on 
- y-alumina. _ 
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Adsorbate 


i Surface 


. Figure 5.2.2 2| Hlustration of multilayer adsorption. 


number of molecules ads rbed in a oe is moluplied by the cross 

( of the adsorbing gas. For No the molecular cross-sectional area is 0. 162 nm. 
1 ough th BET equation for multilayer adsorption \ was developed i in the late 1930s and 
fe assumptions that are not strictly correct, the universal applicability of the 
me } od for det rmining surface area has allowed its use to continue even today. Indeed, nearly 
_all surface area measurements on powdered catalysts are still analyzed by the BET method. 

— commercial i instruments perform the so-called one-point BET method. In doing s $0, the 
oo c is assumed to be so — that ee 6. 2.1) reduces to: 


2 oe _. 
P BO 3 P | cS 
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Notice that Vm can be obtained from one data point (Vaas; P/Po) by the use of Equa- 
tion (5.2.2). A problem with this method is that c may not be large enough to justify 
simplification of Equation (5.2.1) and is a priori usually unknown. Thus, the one-point 
method is normally useful for analysis of numerous samples of known composition for 
which c has been determined. 


The potential energy diagram for the chemisorption of hydrogen atoms on 
nickel is schematically depicted in Figure 5.2.3. As molecular hydrogen approaches 
the surface, it is trapped in a shallow potential energy well associated with the physi- 
sorbed state having an enthalpy of physisorption AH,. The deeper well found closer 
to the surface with enthalpy AH, is associated with the hydrogen atoms chemisorbed 
on nickel. There can be an activation barrier to chemisorption, E, which must be 
overcome to reach a chemisorbed state from the physisorbed molecule. Since mo- 
lecular hydrogen (dihydrogen) is dissociated to form chemisorbed hydrogen atoms, 
this phenomenon is known as dissociative chemisorption. 

Because rates of heterogeneous catalytic reactions depend on the amounts of 
chemisorbed molecules, it is necessary to relate the fluid phase concentrations of 


2Ni+H+H 


Dissociation 
energy 


Energy 
(not to scale) 


Distance from 
metal surface (nm) 


Figure 5.2.3 | 
Potential energy diagram for the chemisorption of hydrogen on nickel. 
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reactants to their respective coverages on a solid surface. For simplicity, the 
following discussion assumes that the reactants are present in a single fluid phase 
(i.e., either liquid or gas), all surface sites have the same energetics for adsorption, 
and the adsorbed molecules do not interact with each other. The active site for 
chemisorption on the solid catalyst will be denoted by *, with a surface concentra- 
tion [*]. The adsorption of species A can then be expressed as: 


kads 
Arrr SA 


des 


where A* corresponds to A chemisorbed on a surface site and kaas and Kaes refer to 
the rate constants for adsorption and desorption, respectively. Thus, the net rate of 
adsorption is given by: 


r = kal A][*] — kaeslA*] (5.2.3) 
Since the net rate of adsorption is zero at equilibrium, the equilibrium relationship is: 


= Kaas Nd [A*] 
= Kaes T [A][*] 


(5.2.4) 


The fractional coverage 0; is defined as the fraction of total surface adsorption sites 
that are occupied by A. If [*]o represents the number density of all adsorption sites 
(vacant and occupied) on a catalyst surface, then: 


[*] = [*] + [A*] (5.2.5) 


and 


(5.2.6) 


Combining Equations (5.2.4-5.2.6) gives expressions for [*], [A*], and 0, in terms 
of the measurable quantities [A] and Kags: 


[*]o 


[+] = DuA (5.2.7) 
_ Kaas[A][* lo 
[4*] = 1+ KalA] (5.2.8) 
= Kaasl 4] 
Ba o nr nA (5.2.9) 


Equation (5.2.9) is known as the Langmuir Adsorption Isotherm, and it is depicted 
in Figure 5.2.4. At low concentrations of A, the fractional surface coverage is pro- 
portional to [A], with a proportionality constant of Kaas, whereas, at high concen- 
trations of A, the surface coverage is unity and independent of [A] (i.e., saturation 
of the available sites). 
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Fractional coverage 


Concentration of A 


Figure 5.2.4 | 
Langmuir Adsorption Isotherm: Fractional coverage 04 
versus fluid phase concentration of A. 


When more than one type of molecule can adsorb on the catalyst surface, the 
competition for unoccupied sites must be considered. For the adsorption of molecule A 
in the presence of adsorbing molecule B, the site balance becomes: 


[*] = [*] + [A*] + [B*] 


and 04, Og can be expressed as: 


0, = KaisalA] (5.2.10) 
1 T KaasalA] + Kasp! B] 
Kaspl B] (5 2 11) 


6, = 
5 1 + Kasal A] s Kaasgl B] 


where the equilibrium constants are now associated with adsorption/desorption of 
either A or B. 

As mentioned above, some molecules like H} and O, can adsorb dissociatively 
to occupy two surface sites upon adsorption. The reverse reaction is known as as- 
sociative desorption. In these cases, the rate of adsorption now depends on the num- 
ber of pairs of available surface sites according to: 


Kads 
A> p okk zo AŽ*A 


des 
where ** refers to a pair of adjacent free sites and A**A refers to a pair of adjacent 
occupied sites. M. Boudart and G. Djega-Mariadassou (Kinetics of Heterogeneous 


Catalytic Reactions, Princeton University Press, Princeton, 1984) present expres- 
sions for [**] and [A**A], based on the statistics of a partially occupied square 
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Isolated A cannot desorb as A, 


A [ALA od A | 


AIAIA A 


Isolated vacant 


site cannot 
dissociate A, as 


Figure 5.2.5 | 
Schematic depiction of a square lattice populated by A 
atoms. Empty squares represent vacant surface sites. 


lattice, shown in Figure 5.2.5. The surface concentrations of adjacent pairs of un- 
occupied and occupied sites are: 


Tere ld 
pex] D (5.2.12) 
[A**A] = — (5.2.13) 


Thus, the net rate of dissociative adsorption becomes: 
r = KaaslAo][**] — kaes[A**A] 


and upon substitution for [**] and [A**A] with Equations (5.2.12) and (5.2.13), re- 

spectively, gives: 

t= 2 kads a 2 kaes 
[*]o [*]o 

The value of two before each rate constant in Equation (5.2.14) is a statistical factor 

that contains the number of nearest neighbors to an adsorption site on a square lattice 

and accounts for the fact that indistinguishable neighboring sites should not be dou- 


ble counted. For simplicity, this statistical factor will be lumped into the bimolecular 
rate constant to yield the following rate expression for dissociative adsorption: 


[Ao][*? [A+ (5.2.14) 


k k 
r=- = [a [tF = SEA] (5.2.15) 
[*]o [*]o 
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The total number of adsorption sites on the surface now appears explicitly in the 
rate expression for this elementary adsorption step. Since the site balance is the same 
as before (Equation 5.2.5), the equilibrium adsorption isotherm can be calculated in 
the manner described above: 
Kaas [A*? 
Kags = =- a (5.2.16) 

: Kaes [A>] [ ae 
___ fh 

lF COI 


1/27 k 


1 + (Kaasl42])” 


= (K asl A2]) 
1+ (Kas[Ao])!? 


[*] (5.2.17) 


4 (5.2.19) 


At low concentrations of Az, the fractional surface coverage is proportional to 
[A2], which is quite different than the adsorption isotherm derived above for the 
case without dissociation. In terms of fractional surface coverage, the net rate of 
dissociative adsorption is expressed by: 


r = kaas [*]o [A] — 04)? — kaesl*]o 04 (5.2.20) 


As expected, the rate is proportional to the total number of adsorption sites [*]o. 

The next step in a catalytic cycle after adsorption of the reactant molecules is 
a surface reaction, the simplest of which is the unimolecular conversion of an ad- 
sorbed species into a product molecule. For example, the following two-step se- 
quence represents the conversion of A into products through the irreversible surface 
reaction of A: 


(1) A + * == A* (reversible adsorption) 
(2) A* Has products + * (surface reaction) 
A => products (overall reaction) 


Since the surface reaction is irreversible (one-way), the mechanistic details 
involved in product formation and desorption are not needed to derive the rate 
equation. The rate of the overall reaction is: 


r= k[A*] = kal*]o 04 (5.2.21) 


If the adsorption of A is nearly equilibrated, the Langmuir adsorption isotherm 
can be used to find @,, and the final rate expression simplifies to: 


_ kK * oA] 


= 5.2.22 
j 1+ Kasl A] i i 
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EXAMPLE 5.2.1 | 


Use the steady-state approximation to derive the rate expression given in Equation (5.2.22). 


Kaas 
(1) A +* == A* (reversible adsorption) 
‘des 
k 
(2) A*t —> products + * (surface reaction) 
A ==> products (overall reaction) 


E Answer 
The rate of the reaction is: 


r= k[A*] (5.2.23) 


To solve the problem, [A*] and [*] must be evaluated by utilizing the site balance: 


[*]o = [A*] + [*] (5.2.24) 
and the steady-state approximation: 
df A*] 
ee 0 = kasl AJ[*] ~ Kaes[A*] — &[A*] (5.2.25) 


Solving Equations (5.2.24) and (5.2.25) simultaneously yields the following expression for 
the concentration of reactive intermediate: 


[A*] = (5.2.26) 


The ratio kags /kees is simply the adsorption equilibrium constant Kaas. Thus, the rate expres- 
sion in Equation (5.2.23) can be rewritten as: 


kKaasl A | * ]o 


r 7 (5.2.27) 
2 
1 + Kasla] + — 
käes 
by using Equation (5.2.26) together with Kaas, and is the same as Equation (5.2.22) except for 


the last term in the denominator. The ratio kz /kaes represents the likelihood of A* reacting to 
form product compared to simply desorbing from the surface. Equation (5.2.22) is based on 
the assumption that adsorption of A is nearly equilibrated, which means kaes is much greater 
than kz. Thus, for this case, kz/kaes can be ignored in the denominator of Equation (5.2.27). 


The previous discussion involved a two-step sequence for which the adsorp- 
tion of reactant is nearly equilibrated (quasi-equilibrated). The free energy change 
associated with the quasi-equilibrated adsorption step is negligible compared to 
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that of the surface reaction step. The surface reaction is thus called the rate- 
determining step (RDS) since nearly all of the free energy change for the overall 
reaction is associated with that step. In general, if a rate determining step exists, 
all other steps in the catalytic sequence are assumed to be quasi-equilibrated. The 
two-step sequence discussed previously is written in the notation outlined in 
Chapter 1 as: 


OQ A+* Œ A (quasi-equilibrated) 
(2) A* -A> products + * (rate-determining step) 
A => products (overall reaction) 


The intrinsic rate at which a catalytic cycle turns over on an active site is called 
the turnover frequency, rt, of a catalytic reaction and is defined as in Chapter 1 
[Equation (1.3.9)] as: 


dn 
ae 5.2.2 
dt ( 3) 


where § is the number of active sites in the experiment. As mentioned earlier, 
quantifying the number of active sites on a surface is problematic. With metals and 
some metal oxides, often the best one can do is to count the total number of ex- 
posed surface atoms per unit surface area as an approximation of [*]o. Thus, the 
turnover frequency for the reaction rate expressed by Equation (5.2.22) is calculated 
by simply dividing the rate by [*]o: 

r ky Kas A] 


l, = To = I+ K. [A] $ Ka lA] (5.2.29) 


Surface atoms on real catalysts reside in a variety of coordination environments 
depending on the exposed crystal plane (see Figure 5.1.3) and may exhibit differ- 
ent catalytic activities in a given reaction. Thus, a turnover frequency based on [*]o 
will be an average value of the catalytic activity. In fact, the calculated turnover fre- 
quency is a lower bound to the true activity because only a fraction of the total num- 
ber of surface atoms may contribute to the reaction rate. Nevertheless, the concept 
of a turnover frequency on a uniform surface has proven to be very useful in relat- 
ing reaction rates determined on metal single crystals, metal foils, and supported 
metal particles. 


VIGNETTE 5.2.2 


Ladas et al. measured the rate of CO oxidation by O- on a variety of Al,O.-supported 
_ Pd catalysts at 445 K, C e equal to 1.2 x 10 * Pa, and Po /Pco equal to 1.1 
_{S. Ladas, H. Poppa. and t, Surf. Sci., 102 (1981) 151]. The alumina was a 
flat single crystal onto “les were deposited by a metal evaporation method. 
The resulting Pd parti red directly by transmission electron microscopy. 
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ydrogenation 


ane hydrogenolysis 


Activity (x 107! molecules s”! cm?) 


_ Copper content (at %) 


-Figure 5.2.6 | Effect of alloy composition on the rates 
of ethane hydrogenolysis and cyclohexane dehydrogenation 
on Ni-Cu catalysts. (Figure from “Catalytic Hydrogenolysis es 
and Dehydrogenation Over Copper-Nickel Alloys” by J. H. - 
Sinfelt, J. L. Carter, and D. J. C. Yates in Journal of —— 
Catalysis, Volume 24:283, copyright © 1972 by Academic 
Press, reproduced by permission of the a oe 


The rate of a structure sensitive seaction catalyzed by a metal ge ayali is a 
a function of the exposed plane. As illustrated in Figure 5.1.3, the low-index planes of 
common crystal structures have different arrangements of surface atoms. Thus, caution | 
must be exercised when the rates of structure sensitive reactions measured on single crys- 
tals are compared to those reported for supported metal particles. 


As an extension to concepts discussed earlier, a rate expression for the reaction 
of A and B to form products can be developed by assuming an irreversible, rate- 
determining, bimolecular surface reaction: 


(1) A+ * <p A* (quasi-equilibrated adsorption of A) 

(2) B+* <> Be (quasi-equilibrated adsorption of B) 
ka 

(3) A® + B* -A> products + 2* (surface reaction, RDS) 


A + B = > products (overall reaction) 
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Table 5.2.2 | Pre-exponential faciors for selected unimolecular surface reactions. 


CO,4, > CO, Cu(001) 10!4 
CO,4, > CO, Ru(001) 10'°5 
CO,g, > CO, Pt(111) 10'4 
AU ags > Au, W(110) 10"! 
Cu aas > Cu, W(110) 10145 
Claas > Cl, Ag(110) 107° 
NO aas > NO, Pt(111) 10! 
CO,4, > CO, Ni(111) 1015 


Adapted from R. Masel, Principles of Adsorption and Reaction on Solid Surfaces, Wiley, New York, 
1996, p. 607. 


Before A and B can react, they must both adsorb on the catalyst surface. The next event 
is an elementary step that proceeds through a reaction of adsorbed intermediates and 
is often referred to as a Langmuir-Hinshelwood step. The rate expression for the 
bimolecular reaction depends on the number density of adsorbed A molecules that 
are adjacent to adsorbed B molecules on the catalyst surface. This case is similar to the 
one developed previously for the recombinative desorption of diatomic gases [reverse 
reaction step in Equation (5.2.20)] except that two different atomic species are present 
on the surface. A simplified rate expression for the bimolecular reaction is: 


r = k; [A*][B*]/[*]o = ks[*]o 04 0g (5.2.30) 


where 04 and 0g each can be expressed in the form of the Langmuir isotherm for 
competitive adsorption of A and B that are presented in Equations (5.2.10) and 
(5.2.11) and k; is the rate constant for step 3. Thus, the overall rate of reaction of 
A and B can be expressed as: 


= kz3KaasaKaasel * lol A J[B] 
(1 + Kasal A] T Kassl B]? 


r (5.2.31) 


Notice that the denominator is squared for a bimolecular surface reaction. In gen- 
eral, the exponent on the denominator is equal to the number of sites participating 
in a rate-determining surface-catalyzed reaction. Since trimolecular surface events 
are uncommon, the exponent of the denominator rarely exceeds 2. 

It is instructive to compare the values of pre-exponential factors for elementary 
step rate constants of simple surface reactions to those anticipated by transition 
state theory. Recall from Chapter 2 that the pre-exponential factor A is on the order 
of kT/h = 10'* s~' when the entropy change to form the transition state is 
negligible. Some pre-exponential factors for simple unimolecular desorption reac- 
tions are presented in Table 5.2.2. For the most part, the entries in the table are 
within a few orders of magnitude of 10'*s~'. The very high values of the pre- 
exponential factor are likely attributed to large increases in the entropy upon 
formation of the transition state. Bimolecular surface reactions can be treated in 
the same way. However, one must explicitly account for the total number of surface 
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Table 5.2.3 | Pre-exponential factors for 
2Hads > H2 g on transition 
metal surfaces. 


Pd(111) 10}? 
Ni(100) 103 
Ru(001) 10°45 
Pd(110) 10135 
Mo(110) 10% 
Pt(111) 10? 


“The values have been normalized by [*]o. 


Adapted from R. Masel, Principles of Adsorption 
and Reaction on Solid Surfaces, Wiley, New 
York, 1996, p. 607. 


sites in the rate expression. As discussed above, the rate of associative desorption 
of H, from a square lattice can be written as: 


2keesl H*]’ 

= 2, 
Tides [*]o (5 32) 
where the pre-exponential factor of the rate constant is now multiplied by 2/[*]o to 
properly account for the statistics of a reaction occurring on adjacent sites. For de- 
sorption of Hz at 550 K from a W(100) surface, which is a square lattice with 
[*]o = 5 X 10! cm™?, the pre-exponential factor is anticipated to be 4.6 X 107? 
cm? s™?. The reported experimental value of 4.2 X 107? cm? s7! is very close to 
that predicted by transition state theory (M. Boudart and G. Djega-Mariadassou, 
Kinetics of Heterogeneous Catalytic Reactions, Princeton University Press, Princeton, 
1984, p. 71). The measured pre-exponential factors for associative desorption of 
dihydrogen from other transition metal surfaces (normalized by the surface site 
density) are summarized in Table 5.2.3. Clearly, the values in Table 5.2.3 are con- 
sistent with transition state theory. 

A fairly rare elementary reaction between A and B, often called a Rideal-Eley step, 
occurs by direct reaction of gaseous B with adsorbed A according to the following 
sequence: 


A+ * == A* (reversible adsorption of A) 
A* + B ——> products (Rideal-Eley step) 


A + B ==> products (overall reaction) 


Theoretically, if reactions are able to proceed through either a Rideal-Eley step or a 
Langmuir-Hinshelwood step, the Langmuir-Hinshelwood route is much more preferred 
due to the extremely short time scale (picosecond) of a gas-surface collision. The 
kinetics of a Rideal-Eley step, however, can become important at extreme conditions. 
For example, the reactions involved during plasma processing of electronic materials 
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are believed to occur through Rideal-Eley steps. Apparently, the conditions typical of 
semiconductor growth favor Rideal-Eley elementary steps whereas conditions normally 
encountered with catalytic reactions favor Langmuir-Hinshelwood steps. This point is 
thoroughly discussed by R. Masel (Principles of Adsorption and Reaction on Solid 
Surfaces, Wiley, New York, 1996, pp. 444-448). 


EXAMPLE 5.2.2 | 


log;io[ 1B} 


A reaction that is catalyzed by a Bronsted acid site, or H”, can often be accelerated by ad- 
dition of a solid acid. Materials like ion-exchange resins, zeolites, and mixed metal oxides 
function as solid analogues of corrosive liquid acids (e.g., H3SO4 and HF) and can be used 
as acidic catalysts. For example, isobutylene (IB) reacts with itself to form dimers on cross- 
linked poly(styrene-sulfonic acid), a strongly acidic solid polymer catalyst: 


a cue T ci 
Pipe etn => CH; e CH, —C=CH, 

| 

CH3 CH; CH; 


The kinetics of IB dimerization are presented in Figure 5.2.7 for two different initial 
concentrations of IB in hexane solvent. The reaction appears to be first order at high 


100 


a 
200 300 400 0 100 200 300 400 500 600 
Time (min) Time (min) 
(a) (b) 


Figure 5.2.7 | Kinetics of liquid phase oligomerization of isobutylene catalyzed by 
poly(styrene-sulfonic acid) at 20°C in hexane solvent. (a) Corresponds to high initial 
concentration of isobutylene. (b) Corresponds to low initial concentration of isobutylene. 
[Figures from W. O. Haag, Chem. Eng. Prog. Symp. Ser., 63 (1967) 140. Reproduced 

with permission of the American Institute of Chemical Engineers. Copyright © 1967 AIChE. 
All rights reserved.] 
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concentrations of IB since a logarithmic plot of [IB] with respect to reaction time is linear. 
At low concentrations, however, the reaction shifts to second order since a plot of 1/[IB] as 
a function of time becomes linear. A rate expression consistent with these results is: 


a (1B)? 


r= T+ alB] (5.2.33) 


where qa, and œ, are constants. Show how a rate expression of this form can be derived for 
this reaction. 


E Answer 
The following two-step catalytic cycle for dimerization of IB is proposed. 
(1) IB + * <> BB (adsorption of IB on solid acid) 
ky 


(2) JB*+IB—Ae (IB) +* (Rideal-Eley reaction) 
2 IB = > (IB) (overall dimerization reaction) 


In this case, * represents a surface acid site and IB* designates an adsorbed t-butyl cation. 
Notice that step 2 involves the combination of an adsorbed reactant with one present in the 
liquid phase. The rate equation takes the form: 


r = k [IB*][IB] (5.2.34) 


The concentration of adsorbed IB is found by combining the equilibrium relationship for 
step 1 and the overall site balance to give: 


ape) = Kel Me] 


= Sal oP 2. 
1+ K,{1B] Ge) 


where [*]o represents the total number of acid sites on the catalyst surface, and Kaas is the 
adsorption equilibrium constant of IB. Substitution of Equation (5.2.35) into (5.2.34) yields 
a final form of the rate expression: 

= kK asl * lof IB? 


2; 
1+ KIB] (32:36) 


that has the same functional form as Equation (5.2.33) with @ = k)Kags[*]p and @ = Kags 
and is consistent with the experimental data shown in Figure 5.2.7. 


The rate of product desorption can also influence the kinetics of a surface- 
catalyzed reaction. Consider the following simple catalytic cycle: 
A+ * == A* 
AŤ <2 B* 
BY eo B+* 


A => B 
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If desorption of B from the surface is rate-determining, then all elementary steps 
prior to desorption are assumed to be quasi-equilibrated: 


(3) BY A> B+* 


The overall rate in the forward direction only is given by: 
r=13 = k[B*] (5.2.37) 


The rate expression is simplified by eliminating surface concentrations of species 
through the use of appropriate equilibrium relationships. According to step (2): 


[B*] = K,[A*] (5.2.38) 
and thus: 
r = k,K,[A*] (5.2.39) 


To find [A*], the equilibrium adsorption relationship is used: 


K, = as [A*] = K,[A][*] (5.2.40) 
<a] i 
which gives: 
r = kKyK,[A][*] (5.2.41) 


The concentration of vacant sites on the surface is derived from the total site balance: 
[*] = [*] + [A*] + [B*] 
[*]o = [*] + [A*] + K,[A*] 
(*Jo = [*] + K[A][*] + KK [A][*] 


ae [*]o 
bs oes K, F KORDA] (5.2.42) 


Substitution of Equation (5.2.42) into Equation (5.2.41) gives the final rate expres- 
sion as: 
_ _ BEKA] *]o 
1 + (K, + K-K,)[A] 


(5.2.43) 


Notice the rate expression for this case does not depend on the product concentration. 
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5.3 | Kinetics of Overall Reactions 


Consider the entire sequence of elementary steps comprising a surface-catalyzed reac- 
tion: adsorption of reactant(s), surface reaction(s), and finally desorption of product(s). 
If the surface is considered uniform (i.e., all surface sites are identical kinetically and 
thermodynamically), and there are negligible interactions between adsorbed species, 
then derivation of overall reaction rate equations is rather straightforward. 

For example, the reaction of dinitrogen and dihydrogen to form ammonia is 
postulated to proceed on some catalysts according to the following sequence of 
elementary steps: 


Step T; 
(1) N, + 2* <= 2N* 1 
(2) N* + H* == NH* + * 2 
(3) NH* + H* = NH,*+* 2 
(4) NH,* + H* == NH, + 2* 2 
(5) H, + 2* == 2H* 3 


where @; is the stoichiometric number of elementary step i and defines the number of 
times an elementary step must occur in order to complete one catalytic cycle accord- 
ing to the overall reaction. In the sequence shown above, 7, = 2 means that step 2 
must occur twice for every time that a dinitrogen molecule dissociately adsorbs in 
step 1. The net rate of an overall reaction can now be written in terms of the rate of 
any one of the elementary steps, weighted by the appropriate stoichiometric number: 


T; a Taj 
r= (5.3.1) 


The final form of a reaction rate equation from Equation (5.3.1) is derived by re- 
peated application of the steady-state approximation to eliminate the concentrations 
of reactive intermediates. 

In many cases, however, the sequence of kinetically relevant elementary steps 
can be reduced to two steps (M. Boudart and G. Djega-Mariadassou, Kinetics of 
Heterogeneous Catalytic Reactions, Princeton University Press, Princeton, 1984, p. 90). 
For example, the sequence given above for ammonia synthesis can be greatly sim- 
plified by assuming step 1 is rate-determining and all other steps are nearly equili- 
brated. The two relevant steps are now: 


ky 
(1) No + 2* Z2 2N* 
ky 


asl 


(rate-determining step) 


Ka 
(2) N*+3/2H, © NH; +* 2  (quasi-equilibrated reaction) 


_MAMAPTER > _ricierogenecous Catalysis — 


It must be emphasized that step 2 is not an elementary step, but a sum of all of the 
quasi-equilibrated steps that must occur after dinitrogen adsorption. According to this 
abbreviated sequence, the only species on the surface of the catalyst of any kinetic rel- 
evance is N*. Even though the other species (H*, NH™*, etc.) may also be present, ac- 
cording to the assumptions in this example only N* contributes to the site balance: 


[*]o = [N*] + [*] (5.3.2) 


In a case such as this one where only one species is present in appreciable concen- 
tration on the surface, that species is often referred to as the most abundant reac- 
tion intermediate, or mari. The overall rate of reaction can be expressed as the rate 
of dissociative adsorption of N3: 

k[N][*]  kalN*P 
[*]o [*]o 
where [*] and [N*] are determined by the equilibrium relationship for step 2: 
[N*][H.]*? 
[NH3][*] 


(5.3.3) 


r=rn -r= 
K, = (5.3.4) 


and the site balance. The constant K, is written in such a way that it is large when [N*] 
is also large. Solving Equations (5.3.2) and (5.3.4) for [*] and [N*], respectively, yields: 


[*] = = (=) (5.3.5) 
(EE, 
panam (5.3.6) 


Substitution of Equations (5.3.5) and (5.3.6) into (5.3.3) gives the rate equation for 
the reaction as: 


(5.3.7) 


r = 


At very low conversion (far from equilibrium), the reverse reaction can be neglected 
thus simplifying the rate expression to: 


ki[* [Na] 


f + rat F: 


(5.3.8) 


r= 


oat 
nee” 
| | 

bo 
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EXAMPLE 5.3.1 | 


Ruthenium has been investigated by many laboratories as a possible catalyst for ammonia 
synthesis. Recently, Becue et al. [T. Becue, R. J. Davis, and J. M. Garces, J. Catal., 179 
(1998) 129] reported that the forward rate (far from equilibrium) of ammonia synthesis at 
20 bar total pressure and 623 K over base-promoted ruthenium metal is first order in dinitrogen 
and inverse first order in dihydrogen. The rate is very weakly inhibited by ammonia. Pro- 
pose a plausible sequence of steps for the catalytic reaction and derive a rate equation con- 
sistent with experimental observation. 


E Answer 

In the derivation of Equation (5.3.8), dissociative adsorption of dinitrogen was assumed to 
be the rate-determining step and this assumption resulted in a first-order dependence of the 
rate on dinitrogen. The same step is assumed to be rate-determining here. However, the rate 
expression in Equation (5.3.8) has an overall positive order in dihydrogen. Therefore, some 
of the assumptions used in the derivation of Equation (5.3.8) will have to be modified. The 
observed negative order in dihydrogen for ammonia synthesis on ruthenium suggests that 
H atoms occupy a significant fraction of the surface. If H* is assumed to be the most abun- 
dant reaction intermediate on the surface, an elementary step that accounts for adsorption of 
dihydrogen must be included explicitly. Consider the following steps: 


ky 

(1) N + 2* -A> 2N* (rate-determining step) 
Ky 

(2) H, + 2* <2 2H* (quasi-equilibrated) 


that are followed by many surface reactions to give an overall equilibrated reaction repre- 
sented by: 


(3) N* + 3H* == NH; + 4* (quasi-equilibrated) 


As before, the forward rate of the reaction (far from equilibrium) can be expressed in terms 
of the rate-determining step: 


(5.3.9) 


To eliminate [*] from Equation (5.3.9), use the equilibrium relationship for step 2 combined 
with the site balance. Hence, the following equations: 


K, = a (5.3.10) 
[PPIE j 
[*] = [H*] + [*] (5.3.11) 
are solved simultaneously to give: 
$4] 
T= oe aes (5.3.12) 


1+ K]? 
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Substitution of Equation (5.3.12) into Equation (5.3.9) provides the final rate equation: 


ki[* [Na] 


= (1+ K (5.3.13) 
If the surface is nearly covered with adsorbed H atoms, then: 

KPB, >> 1 (5.3.14) 
and the rate equation simplifies to: 

r= (=) a (5.3.15) 


This expression is consistent with the experimental observations. For this example, the 
reaction equilibrium represented by step 3 is never used to solve the problem since the 
most abundant reaction intermediate is assumed to be H* (accounted for in the equilibrated 
step 2.) Thus, a complex set of elementary steps is reduced to two kinetically significant 
reactions. 


The concept that a multistep reaction can often be reduced to two kinetically 
significant steps is illustrated again by considering the dehydrogenation of methyl- 
cyclohexane to toluene on a Pt/Al O; reforming catalyst [J. H. Sinfelt, H. Hurwitz 
and R. A. Shulman, J. Phys. Chem., 64 (1960)1559]: 


CH, CH, 
M A 


The observed rate expression for the reaction operated far from equilibrium can be 
written in the form: 


M 
D aie (5.3.16) 
a 


2[M] 

The reaction occurs through a complex sequence of elementary steps that includes 
adsorption of M, surface reactions of M*, and partially dehydrogenated M*, and fi- 
nally desorption of both H, and toluene. It may be possible, however, to simplify 


this multistep sequence. Consider the following two step sequence that involves M* 
as the mari: 


da) M+* <2 M* (quasi-equilibrated adsorption) 


(2) MEAS con (rate-determining step) 
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The site balance and the Langmuir adsorption isotherm can be used to derive the 
forward rate expression: 
kK i[*]olM] 
r=r = k,,M*| = ——— 5.3.17 
2 al ] I+ Kil M] ( ) 
that has the same form as the observed rate expression, Equation (5.3.16). A word 
of caution is warranted at this point. The fact that a proposed sequence is consis- 
tent with observed kinetics does not prove that a reaction actually occurs by that 
pathway. Indeed, an alternative sequence of steps can be proposed for the above 
reaction: 


(1) M+ * dis e (irreversible adsorption) 
a (surface reactions) 
(2) A* ay * +A (irreversible desorption) 


The application of the quasi-steady-state approximation and the site balance (as- 
suming A* is the mari) gives the following expression for the reaction rate: 


ke(ki/ka)*lolM] ky [* Jol] 
1 + (kı/k)[M] 1 + (kı/k)[M] 


DT k,[A* | = (5.3.18) 


The functional form of the rate equation in Equation (5.3.18) is identical to that 
of Equation (5.3.17), illustrating that two completely different sets of assump- 
tions can give rate equations consistent with experimental observation. Clearly, 
more information is needed to discriminate between the two cases. Additional 
experiments have shown that benzene added to the methylcyclohexane feed 
inhibits the rate only slightly. In the first case, benzene is expected to compete 
with methylcyclohexane for available surface sites since M is equilibrated with 
the surface. In the second case, M is not equilibrated with the surface and the ir- 
reversibility of toluene desorption implies that the surface coverage of toluene is 
far above its equilibrium value. Benzene added to the feed will not effectively 
displace toluene from the surface since benzene will cover the surface only to 
the extent of its equilibrium amount. The additional information provided by the 
inclusion of benzene in the feed suggests that the second case is the preferred 
path. 

It is possible to generalize the treatment of single-path reactions when a most 
abundant reaction intermediate (mari) can be assumed. According to M. Boudart 
and G. Djega-Mariadassou (Kinetics of Heterogeneous Catalytic Reactions, Prince- 
ton University Press, Princeton, 1984, p. 104) three rules can be formulated: 


1. If in a sequence, the rate-determining step produces or destroys the mari, the 
sequence can be reduced to two steps, an adsorption equilibrium and the rate- 
determining step, with all other steps having no kinetic significance. 

2. Ifall steps are practically irreversible and there exists a mari, only two steps need 
to be taken into account: the adsorption step and the reaction (or desorption) step 
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of the mari. All other steps have no kinetic significance. In fact, they may be 
reversible, in part or in whole. 

3. All equilibrated steps following a rate-determining step that produces the 
mari may be summed up in an overall equilibrium reaction. Similarly, all 
equilibrated steps that precede a rate-determining step that consumes the mari 
may be represented by a single overall equilibrium reaction. 


The derivation of a rate equation from two-step sequences can also be gener- 
alized. First, if the rate-determining step consumes the mari, the concentration of 
the latter is obtained from the equilibrium relationship that is available. Second, if 
the steps of the two-step sequence are practically irreversible, the steady-state 
approximation leads to the solution. 

These simplifying assumptions must be adapted to some extent to explain the 
nature of some reactions on catalyst surfaces. The case of ammonia synthesis on 
supported ruthenium described in Example 5.3.1 presents a situation that is similar 
to rule 1, except the rate-determining step does not involve the mari. Nevertheless, 
the solution of the problem was possible. Example 5.3.2 involves a similar scenario. 
If a mari cannot be assumed, then a rate expression can be derived through repeated 
use of the steady-state approximation to eliminate the concentrations of reactive 
intermediates. 


EXAMPLE 5.3.2 | 


The oxidation of carbon monoxide on palladium single crystals at low pressures (between 
1078 and 1076 torr) and temperatures ranging from about 450 to 550 K follows a rate law 
that is first order in O and inverse first order in CO. An appropriate sequence of elementary 


steps is: 
(1) CO + * <— cox (quasi-equilibrated adsorption) 
(2) O, + * —> O*O (irreversible adsorption) 
(3) O*O + * —> 20* (surface reaction) 


(4) CO* + O* —> CO, + 2* (surface reaction/desorption) 


If CO* is assumed to be the mari, derive the rate expression. 


m Answer 
The rate of reaction is the rate of any single step in the sequence weighted by its appropri- 
ate stoichiometric number. Thus, for the reaction: 


co + 40, = CO, 


the rate can be written: 


r= (r — ra) = 2r, = 273 = r4 (5.3.19) 
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The simplest solution involves the two-step sequence: 


ad) CO + * < CO* (quasi-equilibrated adsorption) 
(2) On + * aly O*O (irreversible adsorption) 
where: 
r= 2r, = 2k,[0;][*] (5.3.20) 
Application of the site balance, assuming CO* is the mari gives: 
[*] = [*] + [CO*] (5.3.21) 
and the Langmuir isotherm for adsorption of CO can be written as: 


K a (5.3.22 
[colt oe 


Substitution of Equations (5.3.21) and (5.3.22) into Equation (5.3.20) yields: 


2k4| * |g, O 
p = a ead (5.3.23) 
1 + K,[CO] 
At high values of surface coverage, K [CO] >> 1, the rate equation simplifies to: 
2k[*]o{O 
r = hloa] (5.3.24) 
K [CO] 


which is consistent with the observed rate law. 

The rate constant for the reaction is composed of two terms, 2k, and K A Thus, the ap- 
parent activation energy contains contributions from the rate constant for O2 adsorption and 
the equilibrium constant for CO adsorption according to: 


Eapp = E2 — AH asco (5.3.25) 


Since adsorption of O, is essentially nonactivated, the apparent activation energy for CO ox- 
idation is simply the negative of the enthalpy of CO adsorption on Pd. This result has been 
experimentally observed [M. Boudart, J. Mol. Catal. A: Chem., 120 (1997) 271]. 


Example 5.3.2 demonstrates how the heat of adsorption of reactant molecules 
can profoundly affect the kinetics of a surface catalyzed chemical reaction. The ex- 
perimentally determined, apparent rate constant (2k/K,) shows typical Arrhenius- 
type behavior since it increases exponentially with temperature. The apparent 
activation energy of the reaction is simply Eapp = E2 — AHaasco = ~ AHaasco (see 
Example 5.3.2), which is a positive number. A situation can also arise in which a 
negative overall activation energy is observed, that is, the observed reaction rate 
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decreases with increasing temperature. This seemingly odd phenomenon can be 
understood in terms of the multistep mechanism of surface catalyzed reactions. Con- 
sider the rate of conversion of A occurring through a rate-determining surface 
reaction as described earlier: 

2e k2Kaasl*]o[A] (5.3.26) 

1+ Kasl A] Pal 

Experimental conditions can arise so that 1 >> K,,4,[A], and the reaction rate 
expression reduces to: 


r = kKyasl* |o[ A] (5.3.27) 
with an apparent rate constant k)K,qs. The apparent activation energy is now: 


E = Ez + AA nas (5.3.28) 


app 
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Figure 5.3.1 | 

Temperature dependence of the cracking of 
n-alkanes. [Reprinted from J. Wei, 
“Adsorption and Cracking of N-Alkanes 
over ZSM-5: Negative Activation Energy of 
Reaction,” Chem. Eng. Sci., 51 (1996) 2995, 
with permission from Elsevier Science.] 
Open square—Csg, inverted triangle—C jo, 
triangle—Cj5, plus—Cyj4, filled square—C,, 
diamond—C x, circle—C2p. 
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Figure 5.3.2 | 

Heats of adsorption of n-alkanes on ZSM-5. 
[Reprinted from J. Wei, “Adsorption and 
Cracking of N-Alkanes over ZSM-5: 
Negative Activation Energy of Reaction,” 
Chem. Eng. Sci., 51 (1996) 2995, with 
permission from Elsevier Science.] 


Since the enthalpy of adsorption is almost always negative, the apparent activation en- 
ergy can be either positive or negative, depending on the magnitudes of E, and AHag.. 

The cracking of n-alkanes over H-ZSM-S, an acidic zeolite, provides a clear 
illustration of how the apparent activation energy can be profoundly affected by the 
enthalpy of adsorption. An Arrhenius plot of the pseudo-first-order rate constant, 
k* = kKaas, for n-alkanes having between 8 and 20 carbon atoms is shown in 
Figure 5.3.1. The reaction of smaller alkanes (Cg—C,,) has a positive apparent acti- 
vation energy that declines with chain length, whereas the reaction of larger alkanes 
(Cig, C20) has a negative apparent activation energy that becomes more negative 
with chain length. Interestingly, the reaction of C46 is almost invariant to tempera- 
ture. The linear relationship in Figure 5.3.2 demonstrates that the adsorption enthalpy 
is proportional to the number of carbons in the alkanes. Thus, if the activation energy 
of the surface reaction step, E2, is not sensitive to the chain length, then Equation 
(5.3.28) predicts that the apparent activation energy will decrease with increasing 
length of the alkane. The temperature invariance of the pseudo-first-order rate 
constant for cracking of C,. apparently results from the cancellation of E, by AHags. 
It is also worth mentioning that the magnitude of k*, at a constant temperature, will 
be profoundly affected by carbon chain length through the equilibrium adsorption 
constant. 
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Figure 5.3.3 | 

The apparent first-order rate constant of 
n-alkane cracking over ZSM-S at 380°C. 
[Reprinted from J. Wei, “Adsorption and 
Cracking of N-Alkanes over ZSM-S: 
Negative Activation Energy of Reaction,” 
Chem. Eng. Sci., 51 (1996) 2995, with 
permission from Elsevier Science.] 


Indeed, Figure 5.3.3 illustrates the exponential dependence of k* on the size of 
the alkane molecule. The high enthalpies of adsorption for long chain alkanes means 
that their surface coverages will far exceed those associated with short chain mol- 
ecules, which translates into much higher reaction rates. 


VIGNETTE 5.3.1} ne ; oe ee 


Zeolites are highly porous, crystalline, aluminosilicates that are widely used as industrial 
catalysts. In 1756, the Swedish minerologist A. F. Cronstedt coined the term zeolite, which 
is derived from the Greek words “zeo,” to boil, and “lithos,” stone, after he observed that 
the mineral stilbite gave off steam when heated. Today, it is known that zeolites are con- 
structed from TO, tetrahedral (T = tetrahedral atom, e.g., Si, Al) with each apical oxygen 
atom shared with an adjacent tetrahedron. 
To understand the function of zeolites in a catalytic reaction, it is necessary to- 
first describe the crystal chemistry of their framework. From the valency of silicon it 
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y efer bonds with four neighboring atoms in tetra- 
uld be isolated, its formal charge would be —4 
| anion is —2. However, a eisite p pure oe 


e -o The ahere bose are ` NaX and : 
aY is the ratio of Si to Al: NaX ~ 1.1, NaY ~ 2.4). 
the materials are synthesized but rather their 
nission from M. E. Davis, Ind. Eng. Chem. 
an Chemical Society] _ 


Silica-based 
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 Cloverite 


Pore size a) 


Copyright 1991 American Chemical Society. - 
168 


CHAPTER 5 Heterogeneous Catalysis 169 


makes zeolites unique is that their pores are uniform in size (see Figure 5.3.6) and that 
they are in the same size range as small molecules (see Figure 5.3.5). Thus, zeolites 
are molecular sieves since they can discriminate molecules on the basis of size. Mol- 
ecules smaller than the aperture size are admitted to the crystal interior (adsorbed) 
_ while those larger are not. 
If the charge balancing cation in a , zeolite i is H”. hea the material i is a solid acid 
that can reveal shape selective properties due to the confinement of the acidic proton 
within the zeolite pore architecture. An example of shape selective acid catalysis is pro- 
vided in Figure 5.3.7. In this case, normal butanol and isobutanol were dehydrated over 
CaX and CaA zeolites that contained protons in the pore structure. Both the primary 
and secondary alcohols were dehydrated on the X zeolite whereas only the primary one 
reacted on the A zeolite. Since the secondary alcohol is ‘too large to diffuse through the 
pores of CaA, it cannot reach the active sites within the CaA crystals. 7 


Conversion (%) : 


X 


~ w 
i opar CC) 


[Reprinted with | permission from M. E. Davis, Ind. Er g 
Chem. Res.. 30 ( 1991) 1677. Copyright a American 
Chemical Society] 
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_ Figure 5.3.8 | Variation in the hexane cracking 
~ activity with aluminum content in ZSM-5. [Reprinted 
~ with permission from W. O. Haag, R. M. -o and P. B. 
Weisz, Nature, = (1984) 589.] o 


4 oan bE magnitude of proton loading (see Figure 5. 3. 8). Since ihe rate was found 
to be strictly proportional to the proton content, these catalytic sites were clearly iden- 
_ tical and noninteracting. W. O. Haag concluded that the ‘possibility : 
- zeolite catalysts with a well-defined, predetermined number of active sites of 
: activity was certainly without parallel in hetereogeneous catalysis (W. O. Haag in 
“Zeolites and Related Microporous Materials: State of the Art 1994,” J. Weitkamp 
etal, Eds., Studies in Surface Science and Catalysis, Vol. 84B, Elsevier Science r Va 
1994, P- 1375). oe 


The discussion to this point has emphasized kinetics of catalytic reactions on a 
uniform surface where only one type of active site participates in the reaction. 
Bifunctional catalysts operate by utilizing two different types of catalytic sites on 
the same solid. For example, hydrocarbon reforming reactions that are used to up- 
grade motor fuels are catalyzed by platinum particles supported on acidified alu- 
mina. Extensive research revealed that the metallic function of Pt/Al,O3 catalyzes 
hydrogenation/dehydrogenation of hydrocarbons, whereas the acidic function of the 
support facilitates skeletal isomerization of alkenes. The isomerization of n-pentane 
(N) to isopentane (I) is used to illustrate the kinetic sequence associated with a bi- 


functional Pt/AI,O3 catalyst: 


CH; 
Pt/AL,O, | 
CH3— CH) — CH) — CH — CH; ===> CH; — CH— CH) — CH3 


n-pentane (N) isopentane (I) 
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The sequence involves dehydrogenation of n-pentane on Pt particles to form 
intermediate n-pentene (N7), which then migrates to the acidic alumina and reacts 
to i-pentene (I~) in a rate-determining step. The i-pentene subsequently migrates back 
to the Pt particles where it is hydrogenated to the product i-pentane. The following 
sequence describes these processes (where * represents an acid site on alumina): 


Ky 

(1) N == N7 + HE (Pt-catalyzed) 
K3 

(2) NI +t nN 
kz 

(3) N7* -A> I7* 

(4) Pe et 

(5) +H, I (Pt-catalyzed) 

N => I 


Interestingly, the rate is inhibited by dihydrogen even though it does not appear in 
the stoichiometric equation. The rate is simply: 


r=r = k[N7*] (5.3.29) 


The equilibrium relationships for steps 1 and 2 give: 


[N°*] = K[NT][*] (5.3.30) 
[N7] =K, 7 (5.3.31) 
[H2] 
The site balance on alumina (assuming N * is the mari, far from equilibrium): 
[*] = [*] + [N7*] (5.3.32) 


and its use along with Equations (5.3.30) and (5.5.31) allow the rate expression for 

the forward reaction to be written as: 
K,Kzk:[*]o[N] 
[H2] + K,K[N] 


Thus, the inhibitory effect of H, in pentane isomerization arises from the equili- 
brated dehydrogenation reaction in step 1 that occurs on the Pt particles. 


5.4 | Evaluation of Kinetic Parameters 


Rate data can be used to postulate a kinetic sequence for a particular catalytic reac- 
tion. The general approach is to first propose a sequence of elementary steps consistent 
with the stoichiometric reaction. A rate expression is derived using the steady-state 
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approximation together with any other assumptions, like a rate-determining step, a 
most abundant reaction intermediate, etc. and compared to the rate data. If the func- 
tional dependence of the data is similar to the proposed rate expression, then the se- 
quence of elementary steps is considered plausible. Otherwise, the proposed sequence 
is discarded and an alternative one is proposed. 

Consider the isomerization of molecule A far from equilibrium: 


A=B 
that is postulated to occur through the following sequence of elementary steps: 
(1) A + * = A* 


(2) A* <== B* 
(3) BY == B+* 


Case 1. If the rate of adsorption is rate determining, then the forward rate of re- 
action can be simplified to two steps: 


k 
(1) At* Ay AX 
Kaa 


(2a) At Æ B+* 


where step 2a represents the overall equilibrium associated with surface reaction 
and desorption of product. A rate expression consistent with these assumptions is 
(derived according to methods described earlier): 


r= r = k[A][*] (5.4.1) 
Kaa = A] (5.4.2) 

*  [B][*] 
[*] = [*] + [A*] (5.4.3) 


The equilibrium constant is written such that K2, is large when [A*] is large. Com- 
bining Equations (5.4.1—5.4.3) results in the following expression for the forward rate: 
kil * Jol A 
gee (5.4.4) 
1+ KaB] 
Case 2. If the surface reaction is rate-determining, the following sequence for the 
forward rate is appropriate: 


K, 

O A+ * Ce A* 
ka 

(2) A* A> B* 
K3 
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This particular sequence assumes both A* and B* are present on the surface in ki- 
netically significant amounts. The rate expression for this case is: 


r= n = k[A*] (5.4.5) 

K, = A] 5.4.6 
Tl ae 

K, = ag (5.4.7) 

(+o = [*] + [4%] + (8% 6.48) 


ko[*]ol A] 
~ 1+ K,[A] + K,[B] 


(5.4.9) 


Case 3. In this last case, the desorption of product is assumed to be rate deter- 
mining. Similar to Case 1, two elementary steps are combined into an overall equil- 
ibrated reaction: 


Kia 
(la)  A+* = B* 
ky 
(3) BP -A> B+* 
The expression for the forward rate is derived accordingly: 
r= r = k;[B*] (5.4.10) 
K,, = a") (5.4.11) 
"TAIL E 
[*lo = [*] + [B*] (5.4.12) 
k3Kial*lolA] 
= —— Ad 
re T+ Kul A] ee, 


A common method used to distinguish among the three cases involves the meas- 
urement of the initial rate as a function of reactant concentration. Since B is not 
present at early reaction times, the initial rate will vary proportionally with the con- 
centration of A when adsorption of A is the rate-determining step (Figure 5.4.1). 

Similarly, the initial rate behavior is plotted in Figure 5.4.2 for Cases 2 and 3, 
in which the rate-determining step is either surface reaction or desorption of prod- 
uct. Since the functional form of the rate expression is the same in Cases 2 and 3 
when B is not present, additional experiments are required to distinguish between 
the two cases. Adding a large excess of product B to the feed allows for the difference 
between kinetic mechanisms to be observed. As shown in Figure 5.4.3, the presence 
of product in the feed does not inhibit the initial rate when desorption of B is the 
rate-determining step. If surface reaction of adsorbed A were the rate-determining 
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Initial rate 


[A] in feed 


Figure 5.4.1 | 
Results from Case 1 where adsorption is 
the rate-determining step. 


Tnitial rate 


[A] in feed 


Figure 5.4.2 | 
Results from Cases 2 and 3 where surface 
reaction or product desorption is the rate- 
determining step. 


step, then extra B in the feed effectively competes for surface sites, displaces A from 
the catalyst, and lowers the overall rate. 

Once a rate expression is found to be consistent with experimental observations, then 
rate constants and equilibrium constants are obtained from quantitative rate data. One 
way to arrive at numerical values for the different constants in a Langmuir-Hinshelwood 
rate expression is to first invert the rate expression. For Case 2, the rate expression: 


ka * Jol A] 
r = 
1 + K,[A] + K3[B] 


(5.4.14) 


Desorption is RDS 
~~ 
Mee 
Q “a 
s ~ 
= Sa 
a Sa tg 
= Surface reaction ^s, 
gn . 
4 is RDS W 
N 
N 
N 
N 
N 
N 
N 
> 
[B] in feed 


Figure 5.4.3 | 

The influence of extra B on the initial rate 
(at constant [A]) for cases with different 
rate-determining steps (RDS). 


becomes: 


1 1 K,|A K,|B 
- = +H eel: + Soa ] (5.4.15) 
ro k[*]l[A] k[*]llA] kal * ol A] 
Multiplying by [A] gives an equation in which the groupings of constants can be 
calculated by a linear least squares analysis: 


A 1 K K, 
Papa eel Eee ane 
The above expression is of the form: 
y= a, + a@,[A] + a3[B] 
with 
AN l = K, = K 
ee AP A E N 


If an independent measure of [*]o is available from chemisorption, the constants kz, 
Kı, and K, can be obtained from linear regression. It should be noted that many 
kineticists no longer use the linearized form of the rate equation to obtain rate con- 
stants. Inverting the rate expression places greater statistical emphasis on the low- 
est measured rates in a data set. Since the lowest rates are usually the least precise, 
a nonlinear least squares analysis of the entire data set using the normal rate 
expression is preferred. 
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EXAMPLE 5.4.1 


The reaction CO + Cl, => COCI, has been studied over an activated carbon catalyst. A sur- 
face reaction appears to be the rate-determining step. Fashion a rate model consistent with 
the following data: 


Rate (10° Peo (atm) Pa, (atm) Peoc, (atm) 


4.41 0.406 0.352 0.226 
4.4 0.396 0.363 0.231 
2.41 0.310 0.320 0.356 
2.45 0.287 0.333 0.376 
1.57 0.253 0.218 0.522 
3.9 0.610 0.113 0.231 
2.0 0.179 0.608 0.206 


u Answer 

The strategy is to propose a reasonable sequence of steps, derive a rate expression, and then 
evaluate the kinetic parameters from a regression analysis of the data. As a first attempt at 
solution, assume both Cl, and CO adsorb (nondissociatively) on the catalyst and react to form 
adsorbed product in a Langmuir-Hinshelwood step. This will be called Case 1. Another 
possible sequence involves adsorption of Cl, (nondissociatively) followed by reaction with 
CO to form an adsorbed product in a Rideal-Eley step. This scenario will be called Case 2. 


Case 1 


ky 

CO* + CL* A> COCL* + * 
K4 

coch* Œ COC + * 


The rate expression derived from the equilibrium relations for steps 1, 2, and 4, assuming all 
three adsorbed species are present in significant quantities, is: 


k3K-K,[*][CO][C1:] 
r Emad 
(1 + K,[Cl)] + K,[CO] + K,[COCI,]) 


The data fit well the above expression. However, some of the constants (not shown) have 
negative values and are thus unrealistic. Therefore, Case 1 is discarded. 
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Case 2 


K, 
Cl + * <& c* 


ky 
CO + CL* -A> coc, 
K, 
COCL* #2 COCH + * 


Assuming only Cl,* and COCI,* are present on the surface, the following rate expression is 
derived: 
kK, [*]o(CO][Cl2] 
f = 
1 + K [CL] + K3[COCI,] 


Fitting the data to the above equation results in the following rate model: 


1.642 [CO] [C1] ( mol ) 


"T+ 124.4[Cl] + 58.1[COCI;] \gcat-h 


where concentrations are actually partial pressures expressed in atm. Even though all the kinetic 
parameters are positive and fit the data set reasonably well, this solution is not guaranteed to 
represent the actual kinetic sequence. Reaction kinetics can be consistent with a mechanism but 
they cannot prove it. Numerous other models need to be constructed and tested against one an- 
other (as illustrated previously in this section) in order to gain confidence in the kinetic model. 


Rate constants and equilibrium constants should be checked for thermody- 
namic consistency if at all possible. For example, the heat of adsorption Aaa. 
derived from the temperature dependence of Kaas should be negative since 
adsorption reactions are almost always exothermic. Likewise, the entropy change 
ASaas for nondissociative adsorption must be negative since every gas phase 
molecule loses translational entropy upon adsorption. In fact, | AS,4,| < S, (where 
Sg is the gas phase entropy) must also be satisfied because a molecule cannot 
lose more entropy than it originally possessed in the gas phase. A proposed kinetic 
sequence that produces adsorption rate constants and/or equilibrium constants 
that do not satisfy these basic principles should be either discarded or considered 
very suspiciously. 


Exercises for Chapter 5 


1. (a) Calculate the BET surface area per gram of solid for Sample 1 using the 
full BET equation and the one-point BET equation. Are the values the 
same? What is the BET constant? 

(b) Calculate the BET surface area per gram of solid for Sample 2 using the 
full BET equation and the one-point BET equation. Are the values the 
same? What is the BET constant and how does it compare to the value 
obtained in (a)? 
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Dinitrogen adsorption data 


~ -Volume adsorbed (cm?/g) 
PIP) Sample 1 Sample 2 


0.02 23.0 0.15 
0.03 25.0 0.23 
0.04 26.5 0.32 
0.05 27.7 0.38 
0.10 31.7 0.56 
0.15 34.2 0.65 
0.20 36.1 0.73 
0.25 37.6 0.81 
0.30 39.1 0.89 


2. A0.5 wt. % Pt on silica catalyst gave the data listed below for the sorption of Hy. 
Upon completion of Run 1, the system was evacuated and then Run 2 was per- 
formed. Find the dispersion and average particle size of the Pt particles. Hint: Run 
1 measures the total sorption of hydrogen (reversible + irreversible) while Run 2 
gives only the reversible hydrogen uptake. Calculate the dispersion based on the 
chemisorbed (irreversible) hydrogen. 


kul 

Pressure (torr)  H/Pt 
10.2 1.09 10.7 1.71 
12.9 1.30 14.2 2.01 
16.1 1.60 18.2 2.33 
20.4 1.93 23.2 2.73 
25.2 2.30 28.9 3.17 
30.9 2.75 35.9 3.71 
37.9 3.30 44.4 4.38 
46.5 3.96 55.2 5.22 
57.2 4.79 66.2 6.05 
68.2 5.64 771.2 6.90 
79.2 6.49 88.3 7.72 
90.2 7.32 99.3 8.57 
101 8.18 110 9.42 
112 9.03 121 10.3 
123 9.87 132 11.1 
134 10.7 143 12.0 
145 11.6 154 12.8 


156 12.4 


3. A. Peloso et al. [Can. J. Chem. Eng., 57 (1979) 159] investigated the kinetics 
of the following reaction over a CuO/Cr203/SiO> catalyst at temperatures of 
225~285°C: 

CH,CH,OH = CH,;CHO + H, 
(Et) (Ad) (DH) 
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A possible rate expression to describe the data is: 


Z k| Pry ~ (PaaPon)/Ke| 
[1 + KePa + KaaPaal’ 


Write a reaction sequence that would give this rate expression. 


J. Franckaerts and G. F. Froment [Chem. Eng. Sci., 19 (1964) 807] investigated 
the reaction listed in Exercise 3 over the same temperature range using a 
CuO/CoO/Cr203 catalyst. The rate expression obtained in this work was of 
the form: 


k[ Pg = (PaaPpn)/Ke] 
[1 + KePe + KaaP aa + KouPonl 


Write a reaction sequence that gives a rate expression of this form. What is 
different from the sequence used in Exercise 3? 


The following oxidation occurs over a solid catalyst: 
it 1 
| 
CH3CHCH; + 1⁄2 O2 = CH3CCH3 + H2O 
(IP) (DO) (At) (W) 


If acetone cannot adsorb and the rate of surface reaction between adsorbed 
isopropanol and adsorbed oxygen is the rate-determining step, a rate expression 
of the form: 


k{IP][DO} 
(1 + K,[IP] + K.[W])(1 + K,{[DO}) 


can be obtained from what reaction sequence? 


For the reaction: 
CO + Cl, = COCI, 
the rate expression given below can be obtained: 


kPooPa, 
e z 
[1 + KPa, + KPcoo,] 


What does the exponent on the denominator imply and what does the lack of 
a K3Pco term in the denominator suggest? 


For the reaction of A to form B over a solid catalyst, the reaction rate has the 
form: 


kK,P, 
(1 + KyP, + KpPs) 
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However, there is a large excess of inert in the reactant stream that is known 
to readily adsorb on the catalyst surface. How will this affect the reaction order 
with respect to A? 

8. G. Thodor and C. F. Stutzman [/nd. Eng. Chem., 50 (1958) 413] investigated 
the following reaction over a zirconium oxide-silica gel catalyst in the presence 
of methane: 


CH, + HCl = C,H.Cl 


If the equilibrium constant for the reaction is 35 at reaction conditions, find a 
reaction rate expression that describes the following data: 


2.66 7.005 0.300 0.370 0.149 
2.61 7.090 0.416 0.215 0.102 
2.41 7.001 0.343 0.289 0.181 
2.54 9.889 0.511 0.489 0.334 
2.64 10.169 0.420 0.460 0.175 
2.15 8.001 0.350 0.250 0.150 
2.04 9.210 0.375 0.275 0.163 
2.36 7.850 0.400 0.300 0.208 
2.38 10.010 0.470 0.400 0.256 
2.80 8.503 0.500 0.425 0.272 


9. Ammonia synthesis is thought to take place on an iron catalyst according to 
the following sequence: 


No + 2* == 2N* (1) 
H, + 2* <== 2H* (2) 
N* + H* <= NH* + * (3) 

NH* + H* <= NH,* + * (4) 

NH,* + H* <== NH; + 2* (5) 


Obviously, step 2 must occur three times for every occurrence of step 1, and 
steps 3-5 each occur twice, to give the overall reaction of Na + 3H2 = 2NH3. 
Experimental evidence suggests that step 1 is the rate-determining step, meaning 
that all of the other steps can be represented by one pseudo-equilibrated overall 
reaction. Other independent evidence shows that nitrogen is the only surface 
species with any significant concentration on the surface (most abundant 
reaction intermediate). Thus, [*]o = [*] + [N*]. Equation (5.3.7) gives the rate 
expression consistent with the above assumptions. 


(a) Now, assume that the rate-determining step is actually: 


N2 + * 42N,* (associative adsorption of N>) 


CHAPTER 5_ Heterogeneous Catalysis 181 


10. 


with N2* being the most abundant reaction intermediate. Derive the rate 
expression for the reversible formation of ammonia. 


(b) Can the rate expression derived for part (a) and the one given in Equation 
(5.3.7) be discriminated through experimentation? 


Nitrous oxide reacts with carbon monoxide in the presence of a ceria-promoted 
rhodium catalyst to form dinitrogen and carbon dioxide. One plausible 
sequence for the reaction is given below: 


(1) N-O + * <2 N,O* 
(2) N,O* —> N, + O* 
(3) CO + * <> co* 
(4) CO* + O* —> CO, + 2* 


N20 + CO ==> N, + CO, 


(a) Assume that the surface coverage of oxygen atoms is very small to derive 
a rate expression of the following form: 


K\Px.o 
1 + K Pno + K3Pco 


T 


where the K’s are collections of appropriate constants. Do not assume a 
rate-determining step. 

(b) The rate expression in part (a) can be rearranged into a linear form with 
respect to the reactants. Use linear regression with the data in the following 
table to evaluate the kinetic parameters K,, K2, and K3. 


Rates of N20 + CO reaction at 543 K 


30.4 7.6 0.00503 
30.4 15.2 0.00906 
30.4 30.4 0.0184 
30.4 45.6 0.0227 
30.4 76 0.0361 
76 30.4 0.0386 
15.2 30.4 0.0239 
45.6 30.4 0.0117 
76 30.4 0.00777 
Source: J. H. Holles, M. A. Switzer, and R. J. Davis, J. Catal., 190 
(2000) 247. 


(c) Use nonlinear regression with the data in part (b) to obtain the kinetic 
parameters. How do the answers compare? 


(d) Which species, N2O or CO, is present on the surface in greater amount? 
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11. 


12. 


The reaction of carbon monoxide with steam to produce carbon dioxide and 
dihydrogen is called the water gas shift (WGS) reaction and is an important 
process in the production of dihydrogen, ammonia, and other bulk chemicals. 
The overall reaction is shown below: 


CO + H,O — CO, + H, 


Iron-based solids that operate in the temperature range of 360 to 530°C catalyze 

the WGS reaction. 

(a) One possible sequence is of the Rideal-Eley type that involves oxidation 
and reduction of the catalyst surface. This can be represented by the 
following steps: 


H,O + * == H, + O* 
CO + O* == CO, + * 


Derive a rate expression. 

(b) Another possible sequence for the WGS reaction is of the Langmuir- 
Hinshelwood type that involves reaction of adsorbed surface species. For 
the following steps: 


CO + * << cox (1) 
H,O + 3* © 2H* + O* (2) 
CO* + O* TS CO, + 2* (3) 

2H* <2 H, + 2* (4) 


derive the rate expression. (Notice that step 2 is an overall equilibrated 
reaction.) Do not assume that one species is the most abundant reaction 
intermediate. 

For the hydrogenation of propionaldehyde (CHCH CHO) to propanol 

(CH3;CH2CH2OH) over a supported nickel catalyst, assume that the rate- 

limiting step is the reversible chemisorption of propionaldehyde and that 

dihydrogen adsorbs dissociatively on the nickel surface. 

(a) Provide a reasonable sequence of reaction steps that is consistent with the 
overall reaction. 

(b) Derive a rate expression for the rate of consumption of propionaldehyde. 
At this point, do not assume a single mari. 

(c) Under what conditions would the rate expression reduce to the expe- 
rimentally observed function (where prop corresponds to propionaldehyde, 
and P represents partial pressure): 


KP prop 


0.5 
Py 


r = 
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13. 


Some of the oxides of vanadium and molybdenum catalyze the selective 
oxidation of hydrocarbons to produce valuable chemical intermediates. In a 
reaction path proposed by Mars and van Krevelen (see Section 10.5), the 
hydrocarbon first reduces the surface of the metal oxide catalyst by reaction 
with lattice oxygen atoms. The resulting surface vacancies are subsequently 
re-oxidized by gaseous O>. The elementary steps of this process are shown 
below. Electrons are added to the sequence to illustrate the redox nature of this 
reaction. 


RH, + 20°? —> RO+H,0 + 20 (+ 4e7) 


hydrocarbon lattice product surface 
oxygen vacancy 


O, + 20 (+ 4e7) —> 207? 
RH, + O, ==> RO + H,O 


Derive a rate expression consistent with the above sequence. For this problem, 
assume that the vacancies do not migrate on the surface. Thus, 20`? and 20 
can be considered as a single occupied and a single unoccupied surface site, 
respectively. Show that the expression can be transformed into the following 
form: 


1 1 1 


ro K [RH;] K,[O,] 


where the K’s are collections of appropriate constants. 


CHAPTER 


Effects of Transport 
Limitations on Rates 
of Solid-Catalyzed 
Reactions 


6.1 | Introduction 


To most effectively utilize a catalyst in a commercial operation, the reaction rate 
is often adjusted to be approximately the same order of magnitude as the rates 
of transport phenomena. If a catalyst particle in an industrial reactor were oper- 
ating with an extremely low turnover frequency, diffusive transport of chemicals 
to and from the catalyst surface would have no effect on the measured rates. 
While this “reaction-limited” situation is ideal for the determination of intrinsic 
reaction kinetics, it is clearly an inefficient way to run a process. Likewise, if a 
catalyst particle were operating under conditions that normally give an extremely 
high turnover frequency, the overall observed reaction rate is lowered by the 
inadequate transport of reactants to the catalyst surface. A balance between 
reaction rate and transport phenomena is frequently considered the most effec- 
tive means of operating a catalytic reaction. For typical process variables in in- 
dustrial reactors, this balance is achieved by adjusting reaction conditions to give 
a rate on the order of 1 umol/(cm°-s) [P. B. Weisz, CHEMTECH, (July 1982) 
424]. This reaction rate translates into a turnover frequency of about 1 s™' for 
many catalysts (R. L. Burwell, Jr. and M. Boudart, in “Investigations of Rates 
and Mechanisms of Reactions,” Part 1, Ch. 12, E. S. Lewis, Ed., John Wiley, 
New York, 1974). 

Figure 6.1.1 depicts the concentration profile of a reactant in the vicinity of 
a catalyst particle. In region 1, the reactant diffuses through the stagnant bound- 
ary layer surrounding the particle. Since the transport phenomena in this region 
occur outside the catalyst particle, they are commonly referred to as external, or 
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Region 1 Region 2 


Concentration of reactant 


Boundary Porous 
layer catalyst 
pellet 


Distance 


Figure 6.1.1 | 
Concentration profile of a reacting species in the vicinity 
of a porous catalyst particle. Distances are not to scale. 


interphase, transport effects. In region 2, the reactant diffuses into the pores of the 
particle, and transport phenomena in this region are called internal, or intraphase, 
transport effects. Both external and internal transport effects may be important in a 
catalytic reaction and are discussed separately in the following sections. In addition 
to mass transfer effects, heat transfer throughout the catalyst particle and the stag- 


nant boundary layer can dramatically affect observed reaction rates. 


6.2 | External Transport Effects 


For a solid-catalyzed reaction to take place, a reactant in the fluid phase must first 
diffuse through the stagnant boundary layer surrounding the catalyst particle. This 
mode of transport is described (in one spatial dimension) by the Stefan-Maxwell 


equations (see Appendix C for details): 


“| 

VX; = —— (XN, — XN, 
Sagan am 
j#i 


where X; is the mole fraction of component i, C is the total concentration, N; is the 
flux of component i, and Dj; is the diffusivity of component / in j. The following 
relationship for diffusion of A in a two component mixture at constant pressure 
(constant total concentration) can be obtained from simplifying the Stefan-Maxwell 


equations: 


1 
VC, = D (X,Ng — XgN,) 
AB 
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Since there are only two components in the mixture, Xg = 1 — X, and the above 
expression reduces to: 


ie 
VC, = paN + Nz) — N4] (6.2.3) 
AB 
Equimolar counterdiffusion (V4 = —Np) can often be assumed and further simpli- 
fication is thus possible to give: 


= .2.4 
VC, Day (6.2.4) 


The same equation can also be derived by assuming that concentrations are so di- 
lute that X4(N,4 + Ng) can be neglected. Equation (6.2.3) is known as Fick’s First 
Law and can be written as: 


Ng = ~Da VC, (equimolar counterdiffusion and/or (6.2.5) 
dilute concentration of A) 


The diffusivities of gases and liquids typically have magnitudes that are 107! 
and 107° cm? s~', respectively. The diffusivity of gases is proportional to T'S and 
inversely proportional to P, whereas, the diffusivity of liquids is proportional to T 
and inversely proportional to viscosity 4 (may strongly depend on T). 

To obtain the flux of reactant A through the stagnant boundary layer surround- 
ing a catalyst particle, one solves Equation (6.2.5) with the appropriate boundary 
conditions. If the thickness of the boundary layer ô is small compared to the radius 
of curvature of the catalyst particle, then the problem can be solved in one dimen- 
sion as depicted in Figure 6.2.1. In this case, Fick’s Law reduces to: 


dC, 


= = 6.2. 
AB (6.2.6) 


Nax = 


Catalyst Boundary Bulk fluid 


surface layer 
Cas Ka 
x=0 


Figure 6.2.1 | 
Concentration profile of reactant A in the 
vicinity of a catalyst particle. 
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Since the flux of A must be constant through the stagnant film (conservation of 
mass), the derivative of the flux with respect to distance in the film must vanish: 


dN Ax 


rei (6.2.7) 


Differentiating Equation (6.2.6) (assuming constant diffusivity) and combining with 
Equation (6.2.7), yields the following differential equation that describes diffusion 
through a stagnant film: 


aC, 
he =0 (6.2.8) 
with boundary conditions: 
Ca = Cas atx = 0 (6.2.9) 
C,=Ce atx=ô (6.2.10) 


The solution of Equation (6.2.8) results in a linear concentration profile through the 
boundary layer: 


x 
Ca = Cas + (Cab ~ Cas) (6.2.11) 
and the molar flux of A through the film is simply: 


-D 
Ne = - 


(Cas — Cas) (6.2.12) 


Although diffusion of reacting species can be written in terms of the diffusiv- 
ity and boundary layer thickness, the magnitude of ô is unknown. Therefore, the 
mass-transfer coefficient is normally used. That is, the average molar flux from the 
bulk fluid to the solid surface is (—x direction in Figure 6.2.1) 


Na = BC — Cag) (6.2.13) 


where k, is the mass transfer coefficient over the surface area of the particle. The 
mass transfer coefficient is obtained from correlations and is a function of the fluid 
velocity past the particle. If the fluid is assumed to be well mixed, the concentra- 
tion of A at the edge of the stagnant boundary layer is equivalent to that in the bulk 
fluid, C4g, and Equation (6.2.13) can therefore be written as: 


Na = EACig X Cas) (6.2.14) 


At steady-state, the flux of A equals the rate of reaction thus preventing accumula- 
tion or depletion. For a simple first-order reaction, the kinetics depend on the sur- 
face rate constant, ks, and the concentration of A at the surface: 


r= kCas = E (Cas — Cas) (6.2.15) 
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Solving for C4s yields: 


_ kCap 


z a 6.2.16 
ks + k, PN 


AS 


Substitution of the above expression for C4s into Equation (6.2.15) gives a rate ex- 
pression in terms of the measurable quantity, C4g, the reactant concentration in the 
bulk fluid: 


ksk Cap 
aay AR 
Sorang += 
ks ke 


(6.2.17) 


An overall, observed rate constant can be defined in terms of ks and ke as: 


l -(2)+(4) (6.2.18) 
Kobs ks k. = 


so that the rate expressed in terms of observable quantities can be written as: 


Tobs ™ Kobs Cag (6.2.19) 


For rate laws that are noninteger or complex functions of the concentration, C4s is 
found by trial and error solution of the flux expression equated to the reaction rate. 
The influence of diffusional resistance on the observed reaction rate is especially 
apparent for a very fast surface reaction. For that case, the surface concentration of 
reactant is very small compared to its concentration in the bulk fluid. The observed 
rate is then written according to Equation (6.2.15), but ignoring Cys: 


fos = he Cap (6.2.20) 


The observed rate will appear to be first-order with respect to the bulk reactant con- 
centration, regardless of the intrinsic rate expression applicable to the surface reac- 
tion. This is a clear example of how external diffusion can mask the intrinsic ki- 
netics of a catalytic reaction. In a catalytic reactor operating under mass transfer 
limitations, the conversion at the reactor outlet can be calculated by incorporating 
Equation (6.2.20) into the appropriate reactor model. 

Solution of a reactor problem in the mass transfer limit requires an estimation 
of the appropriate mass transfer coefficient. Fortunately, mass transfer correlations 
have been developed to aid the determination of mass transfer coefficients. For ex- 
ample, the Sherwood number, Sh, relates the mass transfer coefficient of a species 
A to its diffusivity and the radius of a catalyst particle, Rp: 


k.(2R 
Sh = Ke(Rp) (6.2.21) 


AB 


For flow around spherical particles, the Sherwood number is correlated to the 
Schmidt number, Sc, and the Reynolds number, Re: 


Sh = 2 + 0.6Re!’? Sc"? (6.2.22) 
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rn 
Se = (6.2.23) 
pPDap 
up(2R 
pe = eee (6.2.24) 
m 


where ji is the viscosity (kg m~’ s7’), p is the fluid density (kg m™°), and u is the 
linear fluid velocity (m s™'). However, most mass-transfer results are correlated in 
terms of Colburn J factors: 


pa Sh 
Sc! Re 


(6.2.25) 


that are plotted as a function of the Reynolds number. These J factor plots are avail- 
able in most textbooks on mass transfer. If one can estimate the fluid density, ve- 
locity, viscosity, diffusivity, and catalyst particle size, then a reasonable approxi- 
mation of the mass-transfer coefficient can be found. 

It is instructive to examine the effects of easily adjustable process variables on 
the mass-transfer coefficient. Combining Equations (6.2.21—6.2.24) gives the func- 
tional dependence of the mass-transfer coefficient: 


1 ets , 2/3 J 
Dap Eoi m i (Das) u! 2p 1/6 
x 


E) Nba) * (eG 


5 Dash — Das 
KOC a Oe 


€ 


Rel’? Sc? x 
P P P 


or 
3 ayy 
/3 1/2 1/6 
(D.s) u’ p’ 


Gy 


Equation (6.2.26) shows that decreasing the catalyst particle size and increasing the 
fluid velocity can significantly increase the mass-transfer coefficient. These simple 
variables may be used as process “handles” to decrease the influence of external 
mass-transfer limitations on the observed reaction rate. 

To quickly estimate the importance of external mass-transfer limitations, the 
magnitude of the change in concentration across the boundary layer can be calcu- 
lated from the observed rate and the mass-transfer coefficient: 


(6.2.26) 


pn Tobs 
Tos = (Cas — Cas) = AC, (6.2.27) 
If AC, << Cy4,, then external mass-transfer limitations are not significantly affect- 
ing the observed rate. 
The effects of heat transfer are completely analogous to those of mass trans- 
fer. The heat flux, q, across the stagnant boundary layer shown in Figure 6.2.1 
is related to the difference in temperature and the heat-transfer coefficient, h,, 
according to: 


q = h, (Tg — Ts) (6.2.28) 
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Steady state requires that the heat flux is equivalent to the heat generated (or con- 
sumed) by reaction: 


tosl AH,) = hy(Tx — Ts) (6.2.29) 


where AH, is the heat of reaction per mole of A converted. To estimate the influ- 
ence of heat-transfer limitations on the observed rate, the change in temperature 
across the film is found by evaluating the observed rate of heat generated (or con- 
sumed) and the heat-transfer coefficient (obtained from J factor correlations, simi- 
lar to the case of mass-transfer coefficients): 


obs AH,) a 


AT (6.2.30) 
h, 


Tops AH,) Ti h (Tg = Ts), 
if |AT] « Tp, then the effect of external heat-transfer limitations on the observed 
rate can be ignored. Equation (6.2.30) can also be used to find the maximum tem- 
perature change across the film. Using Equation (6.2.15) to eliminate the observed 
rate, the resulting equation relates the concentration change across the film to the 
temperature change: 


k(Cap — Ca) AH, = h{T, — Ts) (6.2.31) 


The maximum temperature change across the film will occur when Cys ap- 
proaches zero, which corresponds to the maximum observable rate. Solving Equa- 
tion (6.2.31) for AT,,,, with Cas = 0 gives the following expression: 


AT. = Cap (6.2.32) 


that can always be calculated for a reaction, independent of an experiment. If both 
external heat and mass transfer are expected to affect the observed reaction rate, the 
balances must be solved simultaneously. 


6.3 | Internal Transport Effects 


Many solid catalysts contain pores in order to increase the specific surface area 
available for adsorption and reaction, sometimes up to 10° m? g~'. Since nearly all 
of the catalytically active sites in highly porous solids are located in the pore net- 
work, diffusion of molecules in confined spaces obviously plays a critical role in 
the observed rate of reaction. 

The preceding section assumed that the mass-transport mechanism in a fluid 
medium is dominated by molecule-molecule collisions. However, the mean free path 
of gases often exceeds the dimensions of small pores typical of solid catalysts. In 
this situation, called Knudsen diffusion, molecules collide more often with the pore 
walls than with other molecules. According to Equation (6.3.1), the Knudsen diffu- 
sivity of component A, Dga, is proportional to T'?, but is independent of both 
pressure and the presence of other species: 
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T 1/2 
Dra = (9.7 x 10°) : Roore A (7) cm? s7! (6.3.1) 


Ma 


where Rpore is the pore radius in cm, T is the absolute temperature in Kelvins, and 
M, is the molecular weight of A. Recall that the diffusivity D4, for molecular dif- 
fusion depends on the pressure and the other species present but is independent of 
the pore radius. In cases where both molecule-molecule and molecule-wall colli- 
sions are important, neither molecular diffusivity nor Knudsen diffusivity alone can 
adequately describe the transport phenomena. Under the conditions of equimolar 
counterdiffusion of a binary mixture, a transition diffusivity of component A, Dry, 
can be approximated by the Bosanquet equation (see Appendix C for derivation): 


VIGNETTE 6.3.1 


oF | 


Figure 6.3.1 
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(6.3.2) 
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Consider the idealized cylindrical pore in a solid catalyst slab, as depicted in 
Figure 6.3.3. For an isothermal, isobaric, first-order reaction of A to form B that oc- 
curs on the pore walls, the mole balance on a slice of the pore with thickness Ax 
can be written as: 


(Rate of input A) — (Rate of output A) + (Rate of generation A) = 0 (6.3.3) 
TR sore Na x ai TR oneal x4 ax ae k,Ca(277R pore)( Ax) = 0 (6.3.4) 


where N, is the flux of A evaluated at both sides of the slice, k, is the first-order 
rate constant expressed per surface area of the catalyst (volume/ {surface area }/time), 
and 277Ryoe(Ax) is the area of the pore wall in the catalyst slice. Rearranging 


0 x 


© 


Figure 6.3.3 | 
Schematic representation of component A diffusing and 
reacting in an idealized cylindrical pore. 


Equation (6.3.4) and taking the limit as Ax approaches zero gives the following 
differential equation for the mole balance: 


(6.3.5) 


Recall that the Stefan-Maxwell equation relates the molar flux of A to its concen- 
tration gradient according to: 


n 


1 
VC, = $p (XAN; - XN) (6.3.6) 
faa A 


For diffusion in one dimension in the absence of bulk flow: 


6.3.7 
dx ( 1 1 i E 
PEA + paa 
Das Dra 
which is Fick’s First Law that can be written as: 
dC, 
Ng = —Dr, ae! (6.3.8) 
dx 


where Dz, is defined by Equation (6.3.2). Substitution of Fick’s Law into the 
mole balance, Equation (6.3.5), yields the following second-order differential 


equation: 
d dc s) 2k, 
D = —— C 6.3. 
dx ( TA dx Ris A ( 9) 
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Assuming Dy, is constant: 


dC, 2k, 
dx D TAR pore 


C,=0 (6.3.10) 


The surface rate constant can be rewritten on a volume basis by using the surface 
to volume ratio of a cylindrical pore: 


A 2mRporl 2 
A Ln (6.3.11) 
Volume = TRo rel  Rpore 
and 

k= Ai 6.3.12 
j Roore : = 

To simplify the mole balance, let: 

x 

== 6.3.13 
X=F ( ) 


— Jk 
=[,/— 6.3.14 
$ Din ( ) 


and their substitution into Equation (6.3.10) gives: 
cag oC, =0 (6.3.15) 
dy? A ate 


Boundary conditions at each end of the pore are needed to solve the mole balance. 
At x = 0 (the pore mouth), the concentration of A is equal to Cas. At the other end 
of the pore, the gradient in concentration is equal to zero. That is, there is no flux 
at the end of the pore. These conditions can be written as: 


C=C aty=0 (6.3.16) 
dC 
—*=0 aty=1 (6.3.17) 
dx 


The solution of Equation (6.3.15) using boundary conditions given in Equations 


(6.3.16) and (6.3.17) is: 
X 
cost (1 i z)| 


cosh] | 


The term ¢, also known as the Thiele modulus, is a dimensionless number com- 
posed of the square root of the characteristic reaction rate (kC4s) divided by the 


Ca = Cas (6.3.18) 


TaC as 


D 
characteristic diffusion rate( 72 ) The Thiele modulus indicates which process 
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Figure 6.3.4 | 
Effect of Thiele modulus on the normalized concentration 
profiles in a catalyst pore with first-order surface reaction. 


is rate-limiting. Figure 6.3.4 illustrates the concentration profile of reactant A along 
the pore for various values of the Thiele modulus. When ¢ is small, the diffusional 
resistance is insufficient to limit the rate of reaction and the concentration can be 
maintained near C4; within the catalyst particle. However, when ¢ is large, a sig- 
nificant diffusional resistance prevents a constant concentration profile of A within 
the catalyst particle and thus lowers the observed rate. 

Now consider a catalyst pellet with a random network of “zig-zag” pores. 
The surface of the pellet is composed of both solid material and pores. The flux 
equation derived earlier must be modified to account for the fact that the flux, 
Na, is based only on the area of a pore. A parameter called the porosity of the 
pellet, or €,, is defined as the ratio of void volume within the pellet to the to- 
tal pellet volume (void + solid). The flux can be expressed in moles of A diffusing 
per unit pellet surface area (containing both solids and pores) by using €, as 
follows: 

a = dC, 

N, = &,N,(based on pore) = TE Dra 
Since the porosity of many solid catalysts falls between 0.3 and 0.7, a reasonable es- 
timate of g, in the absence of experimental data is 0.5. The second parameter needed 
to modify the flux is the tortuosity, T, which accounts for the deviations in the path 
length of the pores. Since the concentration gradient is based on the pellet geometry, 
the flux equation must be corrected to reflect the actual distance molecules travel in 
the pores. The tortuosity is the ratio of the “zig-zag length” to the “straight length” of 
the pore system. Obviously, 7 must be greater than or equal to one. For example, an 
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ideal, cylindrical pore has T equal to 1, and a network of randomly oriented cylindri- 
cal pores has 7 equal to approximately 3. The flux equation can be written to take into 
account the “true” diffusion path length as: 


€ dC 
N, (pellet) = = Dra os 


Since the tortuosity of many solid catalysts falls between 2 and 7, a reasonable es- 


timate of 7 in the absence of experimental data is 4. The diffusivity in a unimodal 
pore system can now be defined by the flux of reactant into the pellet according to: 


& dC dC 
N,(pore) = = Drs as Di, Pa (6.3.19) 


alj g! 


N, (pellet) = 


where the superscript e refers to the effective diffusivity. Likewise, the following 
effective diffusivities can be written: 


z 
Dg, = = Dra (6.3.20) 
Diy (6.3.21) 


Now consider several ideal geometries of porous catalyst pellets shown in 
Figure 6.3.5. The first pellet is an infinite slab with thickness 2x,. However, since 


Xp 


(a) (b) (c) 


Figure 6.3.5 | 
Schematic representations of ideal catalyst pellet geometries. (a) Infinite slab. (b) Infinite 
right cylinder. (c) Sphere. 
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Figure 6.3.6 | 
Schematic of the shell balance on a spherical catalyst 
pellet. 


pores can have openings on both faces of the slab because of symmetry, the char- 
acteristic length associated with the slab is half of the thickness, or Xp. The sec- 
ond pellet is an infinite right cylinder with radius R,, and the third pellet is a 
sphere with radius R,. End effects (or edge effects) are ignored in the cases of the 
slab and the cylinder. 

As an example, simultaneous diffusion and reaction in a spherical catalyst pel- 
let is described in detail below. The results are then generalized to other pellet shapes. 
The reaction is assumed to be isothermal, since the high thermal conductivity of 
most solid catalysts ensures a fairly constant temperature within a single pellet. In 
addition, the reaction is assumed to be isobaric, which implies negligible mole 
change upon reaction. For reactions with a significant mole change with conversion, 
the presence of a large excess of inert material can reduce the impact of reacting 
species on the total pressure. Isobaric conditions can therefore be achieved in a va- 
riety of catalytic reactions, regardless of reaction stoichiometry. 

A diagram of the shell balance (material balance) for simultaneous diffusion 
and first order reaction of component A in a sphere is shown in Figure 6.3.6. The 
material balance in the spherical shell is given by: 


(Rate of input A) — (Rate of output A) + (Rate of generation A) = 0 
Aar?Nals — 4a ?Naleaae — kCy4ar77Ar =0 (6.3.22) 
The third term in Equation (6.3.22) is the rate of consumption of A in the differen- 


tial volume defined between 7 and F + Ar. Simplifying Equation (6.3.22) and tak- 
ing the limit as Ar approaches zero yields the following differential equation: 


d(F°N,) 
dř 


PKC, = 0 (6.3.23) 


The flux of A can be expressed in terms of concentration for binary systems ac- 
cording to Fick’s Law (in spherical coordinates): 


dC 
Na = -Dia P (equimolar counterdiffusion) (6.3.24) 
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Substitution of Equation (6.3.24) into (6.3.23) gives: 


- kC, = 0 
dr kea 
Ee dC 
iP —A + oF c| PkC, = 0 
HC, 2 £] 
+i— = 3.25 
al m ae a (6.3.25) 


The above equation can be made dimensionless by the following substitutions: 


C 
y = ~ (6.3.26) 
Cas 
r 
=— 32 
ae (6.3.27) 


p 
where Cas is the concentration of A on the external surface and R, is the radius of 
the spherical particle. Rewriting Equation (6.3.25) in terms of dimensionless con- 
centration and radius gives: 

dy 2ap _ (Rp) 


2 e 
dw w dw TA 


y=0 (6.3.28) 


The Thiele modulus, ġ, for a sphere is defined as: 


k 


$ =R, : (6.3.29) 
TA 
so that Equation (6.3.28) becomes: 
dy 2 dp 
— ~+-— -py = .3.30 
a Odo gy =0 (6.3.30) 
with boundary conditions: 
w= 1 atw = 1 (surface of sphere) (6.3.31) 
dy 
FA =0 atw = 0 (center of sphere) (6.3.32) 
@ 


The zero-flux condition at the center results from the symmetry associated with the 
spherical geometry. The solution of the above differential equation with the stated 
boundary conditions is: 


C, — sinh(dew) 
Cas ‘ wsinh(d) 


y= (6.3.33) 
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Figure 6.3.7 | 

Effect of Thiele modulus on the normalized concentration 
profiles in a spherical catalyst particle with first-order 
reaction. The external surface of the particle is located at 
7/R, = 1. 


Figure 6.3.7 illustrates the effect of the Thiele modulus on the concentration profile 
within a spherical catalyst pellet. 

An effectiveness factor, ņ, can be defined as the ratio of the observed rate (raps) 
to the rate that would be observed in the absence of internal diffusional limitations 


(Tmax): 


v Rp Rp 2 
C,)dV Cil4ardr nt Ve 
Tos | a | ae s) leiz ja (6.3.34) 


p 


mal iC) Vyr(Cas) 7 Vir(Cys) 


where V, is the volume of the catalyst pellet, S, is the external surface area of the 
pellet, and r(C4) is the reaction rate determined with concentration C4. The de- 
nominator in Equation (6.3.34) is simply the rate of reaction in the catalyst pellet 
assuming the reactant concentration is equal to that on the external surface, Cas. 
For a first-order reaction in a spherical particle, the rate observed in the absence of 
diffusional limitations is: 


4 
Tmax = 3 T(R) KCas (6.3.35) 


At the steady state, the flux of A entering the pellet must be equivalent to the net 
rate of consumption of A in the pellet. Thus, the flux entering the sphere can be 
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used to determine the observed rate of reaction in the presence of diffusional 
limitations. 


Tops = 4a(R,)° TA a (6.3.36) 


Substituting Equations (6.3.35) and (6.3.36) into (6.3.34) gives: 


E” 67 dC, 
ám (R,) DS, —— s 
Tob A Pa dr \r=k, 3 Dg, dF |F=R, 
== = (6.3.37) 
Tmax 4 R k Cc 
37 (R,}? kCas P AS 


The above equation is made nondimensional by the substitutions defined in Equa- 
tions (6.3.26) and (6.3.27) and is: 

3 dp 

n= 


= Bde (6.3.38) 


w=l 


The derivative is evaluated from the concentration profile, (6.3.33), to give: 


S a seas) 

n pP dwlu- ¢ dw wsinh(d) aes 
; k e ao 

da (Senta a 

a e | -4 — -4 39 
a _.. 


Figure 6.3.8 illustrates the relationship between the effectiveness factor and the 
Thiele modulus for a spherical catalyst pellet. 


Figure 6.3.8 | 
Effectiveness factor for a first-order reaction in a sphere 
as a function of the Thiele modulus. 


CHAPTER 6 Effects of Transport | imitations on Rates of Solid-Catalyzed Reactions 201 


Table 6.3.1 | Influence of catalyst particle geometry on concentration profile and 
effectiveness factor for a first-order, isothermal, isobaric reaction 


Cylinder . — ooo 
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1, is a modified Bessel function of order i. 


Table 6.3.2 | Characteristic length 
parameters of common 
pellet shapes. 


Eo 
Slab Length of pore, x, 
Cylinder R,/2 
Sphere R,/3 


A low value of the Thiele modulus results from a small diffusional resistance. 
For this case, the effectiveness factor is approximately 1 (values of ¢ typically less 
than 1). Large values of the Thiele modulus are characteristic of a diffusion-limited 
reaction with an effectiveness factor less than 1. For @ >> 1, the value of the ef- 
fectiveness factor in a sphere approaches 3/d, as illustrated in Figure 6.3.8. 

The concentration profile and the effectiveness factor are clearly dependent on 
the geometry of a catalyst particle. Table 6.3.1 summarizes the results for catalyst 
particles with three common geometries. 

Aris was the first to point out that the results for the effectiveness factor in dif- 
ferent pellet geometries can be approximated by a single function of the Thiele mod- 
ulus if the length parameter in ¢ is the ratio of the pellet volume, V,, to the pellet 
external surface area, S,, [R. Aris, Chem. Eng. Sci., 6 (1957) 262]. Thus, the length 
parameter, L,, is defined by: 


L, = (6.3.40) 


and the Thiele modulus is defined by: 
| k 
o E Laaj e (6.3.41) 


TA 


where Table 6.3.2 summarizes the characteristic length parameter for common 
geometries. 


0.1 1 10 
do 


Figure 6.3.9 | 

Effectiveness factor [7 = tanh($)/bo] for a first-order 
reaction in a catalyst as a function of the Thiele modulus 
with generalized length parameter. 


According to the above definitions, the effectiveness factor for any of the above 
shapes can adequately describe simultaneous reaction and diffusion in a catalyst par- 
ticle. The equation for the effectiveness factor in a slab is the simplest in Table 6.3.1 
and will be used for all pellet shapes with the appropriate Thiele modulus: 


n= vais) (6.3.42) 


po 
This relationship is plotted in Figure 6.3.9. The effectiveness factor for a severely 
diffusion-limited reaction in a catalyst particle is approximated by the inverse of the 
Thiele modulus. 


EXAMPLE 6.3.1 | 


The double bond isomerization of 1-hexene to form 2-hexene was studied in a laboratory 
reactor containing rhodium particles supported on alumina at 150°C and atmospheric 
pressure: 


H.C = CH CH, CH, CH2 CH; = H,C CH = CH oe CH, eo CH; ape CH, 


The reaction was found to be first order in 1-hexene with a rate constant of 0.14 s~'. Find 
the largest pellet size that can be used in an industrial reactor to achieve 70 percent of the 
maximum rate. The pore radius of the alumina is 10 nm, and Dy, is 0.050 cm? s7'. 

mw Answer 

It is desired to find the particle size that gives an internal effectiveness factor equal to 0.70. 


For any geometry, the Thiele modulus is determined from: 
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pe aie 


$o 
by = 1.18 


Assuming a spherical catalyst pellet with radius R,,, the Thiele modulus is: 


V, k R k 
$o = 1.18 = ŻA 
Sp Dia 3 Diy 


Since the rate constant is known, estimation of the effective diffusivity allows the calcula- 
tion of particle radius. In the absence of experimental data, the porosity and tortuosity are as- 
sumed to be 0.5 and 4, respectively. Thus, 


é 0.5 E 
e= = Das = 77 ` 0.050 = 0.0062 em? s~! 


The Knudsen diffusivity is calculated from the temperature, pore radius, and molecular weight 
of hexene (84 g mol7!) according to Equation (6.3.1): 


IT 
Dga = (9.7 X 10°) *Roore’4/—— (em? s7!) 
M, 
[423K 
Dga = (9.7 X 10°)(1.0 xX 107%em) <a = 0.022 cm? s7! 


0.5 
Dig = -7 ` 0.022 = 0.0027 cm? s~! 


The effective transition diffusivity is calculated from the Bosanquet equation assuming 
equimolar counter diffusion, which is what happens with isomerization reactions: 


1 1 1 

E e + e 
Di, Dip Dia 
D$, = 0.0019 cm? s~! 


Substituting the necessary terms into the expression for the Thiele modulus yields the radius 
of the spherical catalyst pellet: 


freee 
0.0019 
R, = 3-118 -4/ 


= 0.41 cm 


Thus, spherical particles of about 1/3 in. diameter will have an effectiveness factor of 0.70. 


It is worthwhile to examine how reasonably well a single characteristic length pa- 
rameter describes reaction/diffusion in a finite cylinder, a very common catalyst pellet 
configuration. The pellet shown has a cylinder length (2x,) and radius R,: 


The material balance for a first-order reaction of A in the pellet is given by: 


8C ôC, 8C 
il al Achi A 


| = kC, (6.3.43) 


TA op2 Fa ax 


with the flux equations being written for both the axial and radial directions: 


dC, . 
N, = -Dia T (radial) (6.3.44) 


dC, , 
N, = —Dfîa—— (axial) (6.3.45) 
dx 
The solution of these equations, with appropriate boundary conditions, provides the 
concentration profile and the effectiveness factor for a finite cylinder. As discussed 
earlier, an approximation of the effectiveness factor: 


h 
aea (2o) (6.3.42) 


$o 


can be used with any geometry as long as the Thiele modulus is based on the char- 
acteristic length defined by the volume-to-surface ratio. The volume and surface 
area of the finite cylindrical pellet are simply: 


V, = @(R,) 2x, (6.3.46) 
S, = 2m (R,)? + (2a, *2x,) (6.3.47) 
Thus, the characteristic length for the finite cylinder is: 
V a(R,)°* 2x, R 
= = : p) 2% = 4 (6.3.48) 
p 2a(R Ê+ (2mR p 2x) Pepa 
x 
p 


and the Thiele modulus for use in Equation (6.3.42) is: 


V k R, k 
by = 2> = J= (6.3.49) 
O SN Da | Rp Dia 
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For comparison, the “radius” of an “equivalent” spherical particle, Rp(sphere)}; can be 
calculated by equating the volume-to-surface ratios: 


(3) 7 @ 
S, finite cylinder S, sphere 


R, a R p(sphere) 
R, 3 


Therefore, the radius of an “equivalent” sphere is: 


R p(sphere) = 3 aaa (6.3.50) 


which can be used to evaluate the Thiele modulus and effectiveness factor. Fig- 
ure 6.3.10 compares the effectiveness factor derived from the full solution of the 
material balance for a finite cylinder (individual points) to the approximate solu- 
tion using the “equivalent” radius of a sphere based on the volume to surface ratio. 
Also shown is the solution for an infinite cylinder with equal (V, /S,,). Clearly, the 
agreement among the sets of results confirms that substituting the characteristic 


1.0 
0.8 7 


Infinite cylinder: 


a Equal Volp 
` 


0.6 4 


0.44 


0.24 


T T 
0.1 0.2 0.4 0.6 0.8 1 2 4 6 8 10 


Figure 6.3.10 | 
Effectiveness factors for sphere, infinite cylinder, and finite cylinder pellet geometries 


where the Thiele modulus is based on equal V,,/S,,. Individual points correspond to the 
numerical solutions of the material balance on a finite cylinder. 
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length in the Thiele modulus by (V, /S,,) is an excellent approximation to the true 
solution. 


EXAMPLE 6.3.2 | 


The rate constant for the first-order cracking of cumene on a silica-alumina catalyst was mea- 
sured to be 0.80 cm?/(s-gcat) in a laboratory reactor: 


SiO,-Al,0, 
= + CH;CHCH, 
1 atm 


(Cumene) (Benzene) (Propylene) 


Is the observed rate constant the true rate constant or is there influence of pore diffusion? 
Additional data: 


R, = 0.25 cm 
p = 1.2 gcat cm~? 
6, = 1.0 X 0 ers 
E Answer 
Recall that the effectiveness factor can be approximated by: 


T tanh(d 9) 
bo 


when the Thiele modulus is defined in terms of the characteristic length of a pellet: 


For the spherical particles in this problem: 


f 3 
ESI RII (5 | ae er 


=L = = 
$o = LN DE T 3 VDR 3 a 
1.0 x 10( 5 ) 


Since the observed rate is first-order: 
Tops 7 KopsCas 
and, by definition, the effectiveness factor is: 


observed rate K opsCas 


rate in absence of diffusion _ kCas 
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Substitute the Thiele modulus into the expression for the effectiveness factor to solve for k, 
the true rate constant, by trial and error: 


tanh(do) _ tanh(2.9Vk) kos _ 0.80 
ho 2.9Vk k k 


c 3 


k=54—— 7 =0.15 
s+ gcat 


Since 7 is small, there is a great influence of pore diffusion on the observed rate. 


The material balance for simultaneous reaction and diffusion in a catalyst pel- 
let can be extended to include more complex reactions. For example, the general- 
ized Thiele modulus for an irreversible reaction of order n is: 


Vp n+1 kOe 
S 2 TA 


Pp 


do = n> -~l (6.3.51) 
The generalized modulus defined in Equation (6.3.51) has been normalized so that 
the effectiveness factor is approximately 1 /bo at large values of dp, as illustrated in 
Figure 6.3.9. 

The implications of severe diffusional resistance on observed reaction kinetics 
can be determined by simple analysis of this more general Thiele modulus. The ob- 
served rate of reaction can be written in terms of the intrinsic rate expression and 
the effectiveness factor as: 


Tops = KC 5 (6.3.52) 


As discussed earlier, the effectiveness factor is simply the inverse of the Thiele mod- 
ulus for the case of severe diffusional limitations (Figure 6.3.9.) Thus, the observed 
rate under strong diffusional limitations can be written as: 


1 
Tobs = oo 
0 


Substitution of the generalized Thiele modulus, Equation (6.3.51), into (6.3.53) gives 
the following expression for the observed rate: 


kC's (6.3.53) 


Nh 


ra = 2 (—2— ppt) Chet? = keys (6.3.54) 
obs V, l TA AS obs™ A Sane 
The order of reaction observed under conditions of severe diffusional limitations, 
Anops, becomes (n + 1)/2 instead of the true reaction order n. The temperature de- 
pendence of the rate is also affected by diffusional limitations. Since the ob- 
served rate constant, Kobs, is proportional to (D§,k)°, the observed activation energy is 
(E pt E)/2, where Ep is the activation energy for diffusion and Æ is the activation en- 
ergy for reaction. Diffusional processes are weakly activated compared to chemical 
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Slope = ~E/QR,) 


Diffusion 

limited 

region a 
Xe Slope = -E/R, 


In Kobs 


Reaction 
limited 
region 


1/T 


Figure 6.3.11 | 
Temperature dependence of the observed rate constant of 
a reaction occurring in a porous catalyst pellet. 


reactions, and the value of Ep can often be neglected compared to E. Thus, the ob- 
served activation energy for a severely diffusion-limited reaction is approximately one 
half the true value. An Arrhenius plot of the observed rate constant, shown in Figure 
6.3.11, illustrates the effect of diffusional resistances on the observed activation en- 
ergy. At low temperatures, the reaction rate is not limited by diffusional resistances, 
and the observed activation energy is the true value. At high temperatures, the reac- 
tion rate is inhibited by diffusional resistances, and the activation energy is half the 


true value. 


EXAMPLE 6.3.3 | 


Develop expressions for the Thiele modulus and the concentration profile of A for the fol- 
lowing reversible first-order reaction that takes place in a flat plate catalyst pellet: 


ky 
A=B, K=- 

kay 
Catalyst slab 


a 

H 

© 
kad 
H 
be 
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E Answer 
The material balance for diffusion/reaction in one dimension is given by: 


o dC, 
d| -Di,—* 


T = —r = —[k,C, — k-C;] (6.3.55) 


With C representing the total concentration, C, + Cp, the rate expression can be rewritten in 
terms of C and C4, thus eliminating the explicit dependence on Cg: 


1 kı K+1 G 
= — kk bes = p -—C= = 
r kiC, k (C Ca) a(i Ja K C mt Y(c -) 


Assuming Dfa is constant, the following equation can be solved for the concentration 


profile: 
2 
e r = „(£ 2 ‘Vc, = -) (6.3.56) 
with boundary conditions: 
Ca = Cas atx =x, (external surface of the slab) (6.3.57) 
dC, : ; 
pr =0 atx = 0 (center line, point of symmetry) (6.3.58) 


The following change of variables facilitates solution of the problem. Lety = C, — C/ (K + 1) 
and y = x/x p SO that the material balance can be written as: 
dy 
dx? 


kı [1+ K\- = 
-E i: y-o (6.3.59) 


By expressing the material balance in this form, the Thiele modulus appears as the dimen- 
sionless constant ġ: 


b= x, k (4 a £) (6.3.60) 


e 
TA K 


The general solution of Equation (6.3.59), with arbitrary constants a, and @, is: 
Y = a,sinh(dy) + @cosh(¢x) (6.3.61) 


The boundary conditions expressed in terms of the variables that are used to evaluate the con- 
stants @, and œ, are: 


C 
w= Cys T Ral atx = 1 (6.3.62) 
E 
aw 


at x = 0 (6.3.63) 
dx 
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The constant œ, vanishes due to the second boundary condition [Equation (6.3.63)]: 


a = a, fcosh(0) + w ġsinh(0) = 0 
and 
cosh(0) = 1 
so 
a, = 0 


The first boundary condition is used to evaluate œ, and thus completes the solution of the 
problem as shown below: 


C = h 
AS K+ a COS: (4) 
C 
C 
is E 
a, = 
cosh| 
= c \cosh\dy 
y= (cx ) | (6.3.64) 
K+1 cosh(¢) 
cost( 4>) 
He ea an 
AT AS ee ge Noe 
K+1 K +1/ cosh(4) 
x 
cosh( z) 
C ee. 
C, == + Z ) (6.3.65) 
K+1 K+1 cosh(¢) 
where the Thiele modulus is defined by: 
k + 
$ = xa] ( £) (6.3.60) 
ra\ K 


EXAMPLE 6.3.4 | 


Set up the equations necessary to calculate the effectiveness factor for a flat-plate catalyst 
pellet in which the following isothermal reaction takes place: 


oe 


Benzene Cyclohexane 
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m Answer 


To solve this problem, the Stefan-Maxwell relations for molecular diffusion in a multicom- 
ponent gas mixture (see Appendix C for details) should be used: 


n 1 
VX, = X:N; — X)N) 
Cp, ( J J 


ji 


For the case of diffusion in one dimension within a porous medium, these equations yield 
the following expression, which is derived in Appendix C: 


OE le eee 
R,T dx 


jži 


3 z (6.3.66) 
Dj Ki 
The above equation reduces to a familiar form for two components if equimolar counterdif- 
fusion of A and B (Na = —Np) at constant temperature is assumed: 
1 dP XpN4 — XAN, N, 1 1 
A eae 4 =u +1) 
R,T dx Dip Dia Dig Dia 
P 
dar) 
N, l £ pe, A (6.3.67) 
1 1 dx dx 
e T e 
AB D KA 


Recall this equation is similar to Equation (6.3.7) for the flux of A in one dimension. To solve 
the multicomponent diffusion/reaction problem of benzene hydrogenation in one dimension, 


Equation (6.3.66) must instead be used. First, let: 
Benzene = component 1 
Dihydrogen = component 2 


Cyclohexane = component 3 


The following diffusivities (Knudsen and binary) need to be determined from tabulated data, 
handbooks, correlations, theoretical equations, etc.: 

Benzene: Dx;, Diz, Di3 

Dihydrogen: Dga, D21, D23 

Cyclohexane: Dx3, D31, D32 


The porosity (€,) and tortuosity (7 ) of the flat plate catalyst pellet are then used to calculate 
the effective diffusivities associated with each component according to: 


Ep 
Co om me 
Dki = z Dki 


(6.3.68) 


(6.3.69) 


wae : F Solid-C React 


From the stoichiometry of the hydrogenation reaction, the ratios of the fluxes of the compo- 
nents are: 


Substitution of these relations into Equation (6.3.66) gives the appropriate flux equations: 


P dX, (2 +551) vl | 6.3.70) 
RT dx | i2 Di, / Dg we 
P dX, 3X,—X, 3X, +X, 3 

=N, + —] + (6.3.71) 
R,T dx 21 D$ Dio 


Finally, the material balance on a slice of the catalyst pellet that is needed to completely spec- 
ify the reaction/diffusion problem is: 

A E (6.3.72) 

——— = Rate(X, 3. 

Ay e(X), X2) 
Rate (X,, X2) is the rate expression for benzene hydrogenation that depends on X, and X2. 
For example, the following rate equation could be used if the constants œ, and &, were known 
at the reaction temperature: 


aXX, P? 


Rate(X,, X3) = EF 


(6.3.73) 
The three equations representing the material balance and the flux relations can be solved si- 
multaneously to determine the dependent variables (X1, X2, and N,) as a function of the inde- 
pendent variable x. (Recall that X3 can be expressed in terms of X, and X3: 1 = X, + Xz + Xa.) 
The boundary conditions for these equations are: 


X,=Xis and X, = Xs at x = x, (external surface of pellet) 

N, =0 atx = 0 (center line of the slab) 
To calculate the effectiveness factor, the actual reaction rate throughout the catalyst is divided 
by the rate determined at the conditions of the external surface, that is, Rate(X ış, X25). The 


overall reaction rate throughout the particle is equivalent to the flux N, evaluated at the ex- 
ternal surface of the catalyst. Thus, the final solution is: 


N, hau Sp 
n ar ) (6.3.74) 
Rate(X 15> Xas) p 


The temperature profile in the catalyst pellet can be easily incorporated into this solution by 
including the energy balance in the system of equations. 


The previous discussion focused on simultaneous diffusion and reaction in 
isothermal catalyst pellets. Since AH, is significant for many industrially relevant 
reactions, it is necessary to address how heat transfer might affect solid-catalyzed 
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reactions. For isothermal catalyst pellets, the effectiveness factor is less than or equal 
to unity, as illustrated in Figure 6.3.9. This is rationalized by examining the terms that 
comprise the effectiveness factor for the reaction of A in a flat plate catalyst pellet: 


Pane 
q = -= = — (6.3.75) 


For an isothermal pellet: 


[e)a < (Cys) (6.3.76) 
0 


If, as stated in Chapter 1, the rate is separable into two parts, one dependent on the 
temperature and the other dependent on the concentrations of reacting species, that is, 


r = k(T) - F(C,) (6.3.77) 
then the concentration of A inside the pellet is less than that on the external surface, 
F (Ca) = F(Cys) (6.3.78) 


for reactions with nonnegative reaction orders. Thus, 


| "F(c,)ax = FCs) (6.3.79) 


0 


and explains the upper limit of unity for the isothermal effectiveness factor in a cat- 
alyst pellet. The situation can be very different for a nonisothermal pellet. For ex- 
ample, the temperature dependence of the reaction rate constant, &(T), is generally 
expressed in an Arrhenius form 


k(T) =A exo( =“) (6.3.80) 


8 


For an endothermic reaction in the presence of significant heat-transfer resistance, 
the temperature at the surface of the pellet can exceed the temperature of the inte- 
rior, which according to Equation (6.3.80), gives: 


k(T) = k(T;) (6.3.81) 


Since F (C4) = F (C45) as discussed above, the effectiveness factor is always less 
than or equal to unity for an endothermic reaction. For an exothermic reaction, the 
opposite situation can occur. The temperature of the interior of the particle can ex- 
ceed the surface temperature, T > Ts, which leads to: 


k(T) = K(Ts) (6.3.82) 
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Recall that A(T) is a strong function of temperature. The effectiveness factor for an 
exothermic reaction can be less than, equal to, or greater than unity, depending on 
how &(T) increases relative to F (C,) within the particle. Thus, there are cases where 
the increase in k(T) can be much larger than the decrease in F (Ca), for example, 


KT) - F(C4) > k(Ts): F(Cas) 


To evaluate the effectiveness factor for a first-order, isobaric, nonisothermal, 
flat plate catalyst pellet, the material and energy balances must be solved simulta- 
neously. As shown previously, the mole balance in a slab is given by: 


dN, 


Se Ci (6.3.83) 


where the rate constant is of the Arrhenius form: 
K(T) =A (=) (6.3.84) 
= Á exp| —— 3. 
PRT 
The flux of A can be written in terms of Fick’s Law: 


dC 
N, = -D$ ae (6.3.85) 


and substituted into the mole balance to give: 


. aC, 


TA? = k(T)-C, (6.3.86) 


The energy balance is written in the same manner as the mole balance to give: 


d 
ST = (—AH,)-k(T) °C, (6.3.87) 
dx 
where the flux is expressed in terms of the effective thermal conductivity of the 
fluid-solid system, A°, and the gradient in temperature: 


ee 
dx 


Toma’ 
an 
Ww 
fo) 
o0 

Ne” 


Qe 
4 


The heat of reaction, A H,, is defined to be negative for exothermic reactions and pos- 
itive for endothermic reactions. Substitution of Equation (6.3.88) into (6.3.87) results in: 
aT 


À aT (-AH,) k(T) C3 (6.3.89) 


To render the material and energy balances dimensionless, let: 


x= (6.3.90) 


x 
Xp 


c 
y = < (6.3.91) 
Cas 
T 
r=> 3.92 
T, (6 ) 


The rate constant k(T) is expressed in terms of Ts by first forming the ratio: 


DEG] E] e 


(6.3.94) 


where: 


The dimensionless group y is known as the Arrhenius number. Substitution of the 
dimensionless variables into the material and energy balances gives: 


a y jem] -exp| (2 _ 1)| P (6.3.95) 

f= [eel ae fy as 

Both equations can be expressed in terms of the Thiele modulus, ¢, according to: 
oe =g. ap -y£ z 1)| a (6.3.97) 

a feeda fafta aom 


A new dimensionless grouping called the Prater number, B, appears in the energy 
balance: 


= (-AH,) *Doa*Cas 


6.3.9 
B XT, (6.3.99) 
Thus, the energy balance is rewritten: 
aT 1 
ae = -$°- Bex] -o(F ps i) v (6.3.100) 


The material and energy balances are then solved simultaneously with the follow- 
ing boundary conditions: 


kars at y = 1 (6.3.102) 
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Figure 6.3.12 | 

Effectiveness factors for a first-order reaction in a 
spherical, nonisothermal catalysts pellet, (Reprinted 
from P. B. Weisz and J. S. Hicks, “The Behavior of 
Porous Catalyst Particles in View of Internal Mass and 
Heat Diffusion Effects,’ Chem. Eng. Sci., 17 (1962) 
265, copyright 1962, with permission from Elsevier 
Science.) 


Since the equations are nonlinear, a numerical solution method is required. Weisz 
and Hicks calculated the effectiveness factor for a first-order reaction in a spheri- 
cal catalyst pellet as a function of the Thiele modulus for various values of the Prater 
number [P. B. Weisz and J. S. Hicks, Chem. Eng. Sci., 17 (1962) 265]. Figure 6.3.12 
summarizes the results for an Arrhenius number equal to 30. Since the Arrhenius 
number is directly proportional to the activation energy, a higher value of y corre- 
sponds to a greater sensitivity to temperature. The most important conclusion to 
draw from Figure 6.3.12 is that effectiveness factors for exothermic reactions (pos- 
itive values of @) can exceed unity, depending on the characteristics of the pellet 
and the reaction. In the narrow range of the Thiele modulus between about 0.1 and 
1, three different values of the effectiveness factor can be found (but only two rep- 
resent stable steady states). The ultimate reaction rate that is achieved in the pellet 
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depends on how the reaction is initiated. Effectiveness factors associated with the 
negative values of 8 on Figure 6.3.12 are all less than one, which is expected for 
endothermic reactions. 

It is often useful to quickly estimate the maximum possible temperature rise, 
also known as the adiabatic temperature rise, in a catalyst pellet. Since no heat is 
transferred to the surroundings in this case, all energy generated (or consumed) by 
the reaction goes to heat (or cool) the pellet. The temperature difference between 
the surface and the pellet interior is directly related to the concentration difference. 
Dividing the material balance by the energy balance eliminates the reaction rate: 


A 
a = 3 (6.3.103) 
dx? 
dT = -B d’y4 (6.3.104) 
Integrating once gives: 
av = -B -dy +a, (6.3.105) 


The constant a, is evaluated by using the condition at the center of the pellet: 
dr =dp =0 aty = 0 
a, =0 (6.3.106) 
Integrating a second time gives: 
T=-B-p+a, (6.3.107) 
The constant œ, is found by using the condition at the surface of the pellet: 
T=w=1 aty = 1 
and 
@,=1+ 8 (6.3.108) 


Therefore, the relationship between temperature and concentration is: 


r=1+p-¥# 
T Siy ees (1 a) 
Ts MTs Cas 
—AH,)D$ 
T=T;+ $ ae cas Cs) (6.3.109) 


Equation (6.3.109) is called the Prater relation. From this relationship, the adi- 
abatic temperature rise in a catalyst pellet can be calculated. The maximum 
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temperature is reached when the reactant is completely converted in the pellet, that 


is, Ca = 0: 
—AH,)DFsC 
Tre- T ( 2 rar as (6.3.110) 
Trax Ts (-AA,)DiuCas 
- 6.3.111 


Notice that the dimensionless maximum temperature rise in the catalyst pellet is 
simply the Prater number PB: 


6.4 | Combined Internal and 
External Transport Effects 


The previous two sections describe separately the significant role that diffusion 
through a stagnant film surrounding a catalyst pellet and transport through the cat- 
alyst pores can play in a solid-catalyzed chemical reaction. However, these two dif- 
fusional resistances must be evaluated simultaneously in order to properly interpret 
the observed rate of a catalytic reaction. 


VIGNETTE 6.4.1 | 


Kehoe and Butt studied the hydrogenation of benzene over a solid catalyst consisting of 
58 wt. % Ni metal particles supported on kieselguhr powder [J. P. G. Kehoe and J. B. 
- Butt, AICHE J.. 18 (1972) 347]. The catalyst had a surface area of 150 m? ge! and an av- 
erage pore radius of 3.7 nm. This powder was compressed into a cylindrical pellet (1.3 
em diameter by 5.8 cm height) large enough to incorporate four thermocouples along the 
radial direction. A second pellet was prepared by diluting the original Ni catalyst powder 
with alumina and graphite in order to increase the thermal conductivity of the catalyst by 
one order of magnitude. Figure | 6. 41 shows the temperature profile through | the film and _ 
t the catalyst for both pellets exposed to the same feed conditions and run at the same 
reaction Tat The u diluted catalyst pellet (upper figure) had a measurable intraparticle 
temperature gradien Indeed, the center of the pellet was almost 30 K hotter than the ex- 
ternal surface, whereas the temperature change over the external film was less than 10 K. 
The effectiveness factor for this pellet (1.9) was significantly greater than unity because 
the pellet was hotter than the surrounding bulk fluid. Fhe temperature profile in the sec- 
ond pellet was virtually flat throughout the entire pellet because of its high thermal con- 
ductivity (Figure 6.4.1). The only significant temperature gradient for the second pellet was 
measured across the film. Since the second pellet was operating at a temperature higher 
than the bulk fluid, the effectiveness factor (1.2) also exceeded unity. However, it was not 
as high as that encountered with the first pellet because of its lower operating temperature. 
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figure aad Ni eataly diluted | in alumina and graphite _ 
(lower figure). Feed conditions: 14% CHo, 86% H, 
-Teea = 338-340 K. P = 1 atm, H, flow 9.0/4 1.2) 
-x 10 mol ~ Measured rate: 2.44 + 0.08 x 10 ° 
mols | gcat '. (Adapted from J. P. G. Kehoe and J. B. 
Butt, AIChE J., 18 (1972) 347, with permission of the _ 
American Institute of Chemical Engineers. Corrieri g o 
-1972 AIChE. All rights reserved.) 


Consider a first-order reaction occurring on a nonporous flat plate catalyst pel- 
let. In Section 6.2, it was shown that the concentration of reactant A on the exter- 
nal surface of the catalyst is related to both the mass transfer coefficient, k,, and the 
surface rate constant, ks: 


Cys = OE (6.4.1) 


A dimensionless parameter Da, called the Damkohler number, is defined to be the 
ratio of ks and k« 


Da = = (6.4.2) 


so that the surface concentration can be written as: 


_ Cap 
Cas = a Da (6.4.3) 
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The Damkohler number indicates which characteristic first-order process is faster, ex- 
ternal diffusion or reaction. For very large values of Da (ks >> X,), the surface concen- 
tration of reactant approaches zero, whereas for very small values of Da (ks << k,), the 
surface concentration approaches the bulk fluid concentration. An interphase effec- 
tiveness factor, 7, is defined as the reaction rate based on surface conditions divided 
by the rate that would be observed in the absence of diffusional limitations: 

ksCas 1 


= = (6.4.4) 
kCn 1+Da 


Now consider the first-order reaction in a porous flat plate catalyst pellet so 
that both external (interphase) and internal (intraphase) transport limitations are en- 
countered. At steady state, the flux of A to the surface of the pellet is equal to the 
flux entering the pellet: 


EelCas — Cas) = -Da —4 (6.4.5) 


The energy balance is completely analogous: 


h, (T; — Tz) = —A° (6.4.6) 


dxls 


Rewriting these two equations in dimensionless form, using the usual substitution 
for distance: 


x 
=^ 6.4. 
X X, (6.4.7) 
yields: 
C 
toa) c 
a Bin 1 ss (6.4.8) 
dx X=1 Cap 
47) 
= = Bi 1 ss, (6.4.9) 
dx |x=1 L B] 
where: 
ui, 
Bi, = — Biot number for mass (6.4.10) 
TA 
X,h, 
Bi, = x Biot number for heat (6.4.11) 


Since the concentration and temperature variables in Equations (6.4.8) and (6.4.9) 
are grouped with their respective bulk fluid values, new dimensionless parameters 
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need to be defined. Let: 


Ca 

P =- (6.4.12) 
Cap 

= _T 

P= 4.13 
T, (6.4.13) 


The dimensionless material and energy balances, with associated boundary condi- 
tions, must be solved simultaneously to get the concentration and temperature pro- 
files through the stagnant film and into the catalyst particle. Those relationships are 
given below: 


ay 1 
aT 1 
a = -BoY epl -7(2 _ 1)| (6.4.15) 
where: 
pam -k(Ts) (-AH,)DisCas E 
oe Dh ATs saa RA; 


Notice that all of the parameters are based on bulk fluid values of the concentration 
and temperature. The boundary conditions are: 


av _ av atx = 0 (6.4.16) 
i ay X A. 
dv 

— = Bi, (1 - Y =1 A. 
ay Bi,,( ) at x (6.4.17) 
ado = 

ay BLT) axs (6.4.18) 


In general, solution of these equations requires a numerical approach. 


EXAMPLE 6.4.1 | 


Find an expression for the overall effectiveness factor of a first-order isothermal reaction in 
a flat plate catalyst pellet. 


E Answer 
Since the reaction is isothermal, the energy balance can be ignored and the mass balance re- 
duces to: 

dY 5 

— ,=¢oVv (6.4.19) 
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with boundary conditions: 


ay = 0 aty = 0 (6.4.20) 
dx 
dv 
—-=Bi,(1- WV) aty=1 (6.4.21) 
dx 


As discussed previously, the general solution of the differential equation is: 
WV = a exp(yx) + œ exp(- ox) (6.4.22) 


The constants are evaluated by using the appropriate boundary conditions. At the center of 
the pellet: 


dv 


: = 0 = & Gexp($ - 0) ~ &:dexp(-d - 0) (6.4.23) 
X x=0 


ay r a (6.4.24) 


Substitution of Equation (6.4.24) into (6.4.22) eliminates one of the integration constants: 


Y = a,exp(dyx) + &iexp(-ox) (6.4.25) 
S 99 29W u i (6.4.26) 
Y = 2a,cosh(dy) (6.4.27) 
dv wap! 8 

ay = 2a,¢ sinh ($x) (6.4.28) 


The boundary condition at the external surface provides another relation for d W/d xX: 


dY 
dX x=! 


Bi, {1 — Y] = Bi,[1 — 2@,cosh(¢)] (6.4.29) 


Equating Equations (6.4.28) and (6.4.29), at y = 1, enables the determination of a: 
2a,¢sinh(d) = Bi,,[1 — 2a, cosh()] (6.4.30) 


z Bin, 
% = 2[@sinh(}) + Bi,,cosh()] 


(6.4.31) 


and therefore, 


Bi,,cosh(@x) 
sinh(d) + Bi,,cosh(d) 


(6.4.32) 


Since the concentration profile is determined by Equation (6.4.32), evaluation of the over- 
all effectiveness factor, No, is straightforward. By definition, 7, is the observed rate di- 
vided by the rate that would be observed at conditions found in the bulk fluid. Recall 
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that the observed rate must equal the flux of A at the surface of the pellet at the steady 


state: 
dC 
(Area) e A ay 
Tops dx XEN dx x=l 
n = = = i 2 (6.4.33) 
Di (Area) x,kC ag h 
tanh (ġ) 
j 6.4.34 
7 $tanh (6) Cae 
Oo) 1 eE 
Bi, 


The overall effectiveness factor is actually comprised of the individual effec- 
tiveness factors for intraphase and interphase transport: 


No = Nintraphase * Minterphase T N “7 (6.4.35) 


For example, an isothermal, first-order reaction in a flat plate catalyst pellet has in- 
dividual effectiveness factors that are: 


{oe (6.4.36) 
$ 
Ts 1 + seme (6.4.37) 
Bim 


Common ranges of diffusivities, thermal conductivities, mass transfer coeffi- 
cients, heat transfer coefficients, and catalyst pore sizes can be used to estimate the 
relative magnitude of artifacts in kinetic data obtained in industrial reactors. For gas- 
solid heterogeneous systems, the high thermal conductivity of solids compared to 
gases suggests that the temperature gradient in the film surrounding the catalyst par- 
ticle is likely to be greater than the temperature gradient in the particle. Since the 
Knudsen diffusivity of gaseous molecules in a small pore of a catalyst particle is 
much lower than the molecular diffusivity in the stagnant film, intraphase gradients 
in mass are likely to be much greater than interphase gradients. For liquid-solid 
heterogeneous systems, internal temperature gradients are often encountered. A typ- 
ical range of Bin /Bi, is from 10 to 10* for gas-solid systems and from 1074 to 107! 
for liquid solid systems. 


VIGNETTE 6.4.2 


One important process in the manufacturing of electronic materials and devices involves 
the deposition of thin films onto patterned surfaces. As feature sizes of silicon-based de- 
vices continue to shrink in order to increase memory capacity, deposition of uniform films 
onto surfaces with micron-scale trenches is ‘required. One such film-growth process is 
called chemical vapor deposition (CVD) that involves the reaction of a vapor phase 
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Reactor 


Flow 


(a) 


(b) 


_ Figure 6.4.2 | (a) Schematic diagram of CVD apparatus. MFC and RP represent a 
mass flow controller and a rotary pump, respectively. (b) Schematic structure of the 
macrocavity reactor consisting of two silicon wafers, each patterned with microcavity 
trenches. (Reproduced fr abe and H. Komiyama, “Micro/Macrocavity __ 
Method Applied to the Study « tep Coverage Formation Mechanism of SiO, Films 
by LPCVD,” J. Electrochem. Soc., 137 (1990) 1222, with permission of the 
Electrochemical Society, Inc.) 


reactant with a surface. The deposition of ‘reacting species on silicon wafers and in 
micron-sized trenches involves a balance between diffusion of reactants to the surface and 
the kinetics of surface deposition reactions. Watanabe and Komiyama analyzed the si- 
multaneous diffusion/reaction phenomena involved with CVD of SiO; thin films by re- 
action of SiH, and O> [K. Watanabe and H. Komiyama, J. Electrochem. Soc., 137 (1990) 
1222]. Figures 6.4.2 (a) and (b) illustrate the CVD system used to study the deposition 
process. Micron-scale trenches were etched into silicon wafers by normal lithographic 
procedures. Two wafers were attached to each other with spacers between them, as illus- 
trated in Figure 6.4.2(b). The openings between the two wafers were oriented parallel to 
the direction of flow. Thus, the reactor configuration has two regions that require diffu- 
_ sive transport of reactants, the macrocavity between the two wafers and the micron-sized 
trenches (microcavities) on each wafer. f ee a 
_ The depth profile of SiO, film deposited in a macrocavity of width 0.55 mm at 673 K 
after 120 min of reaction is shown in Figure 6.4.3. The thickness of the film is greatest 
at the two open ends of the macrocavity and then rapidly decreases towards the center, 
‘presumably because of depletion of reactive species in the macrocavity interior. 

Analysis of this system is rather straightforward since it is mathematically equiva- 
lent to a catalyst pellet in which reaction and diffusion occur simultaneously: The rate of 
reaction in this case is simply the growth rate of the film. The collision frequency of gas- 
phase molecules of A with the surface is given by gas kinetic theory as (V,/4)C.4, where 
Va = mean velocity of the gas phase A molecules (V8AT//7(M,))) and M, is the 
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oe weight of. |. Thus, the pooh ae at ie film is ye the fection of mole 
cules that stick to the surface, sticking coefficient So times the overall collision rate with. 
the surface, 5,(V, /4)C,. The material balance « on the ee is analogous to Equa- 


tion (6.3.10) and is: - 
$ i Va 
we sf 4 ) 


LWN 


nl) 


where W., is the width of the macrocavity. Solving Equation (6.4.38) with the following 
boundary conditions: 


C,=0 (6.4.38) 


C= Cl atx =0 


=O atx =E, (where L, is the half length of the macrocavity) 
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gives an analytical expression for C4 throughout the macrocavity and thus the growth rate 
of the deposited film, which is: 


J hio. ~x) La] 
ae = (L. =x) ‘) (64.39) 


Growth Rate = S$, 
rowth Rate 5G cosh) 


Thiele modulus. In this case, the Thiele modulus is the ratio of the chi r 
oS on rate 1 he aam diffusion rate according to: 


“In (film thickness) 


a Figui 6.4.4 | Growth rate e prolil ia -o 
___ the macrocavity reactor predicted by Equation a 
6.4.39. Film thickness is normalized by the _ 
value at inlet of the cavity. (Adapted from K. 
Watanabe and H. Komiyama, “Micro/ 
Macrocavity Method Applied to the Study of 
the Step Coverage Formation Mechanism of 
SiO- Films by LPCVD.’ J. Electrochem. Soc.. 
137 (1990) 1222, with permission of the 
Electrochemical Society, Inc.) 


In (film thickness) 


Figure 6.4.5 | Growth rate profiles _ 
obtained in the macrocavity reactor at various 
temperatures. Solid curves were obtained 
_ from the model containing gas-phase reaction 
and deposition on the surface. Film thickness _ 
is normalized by value at inlet of the cavity. 
(Adapted from K. Watanabe and 
H. Komiyama, ‘““Micro/Macrocavity Method 
_ Applied to the Study of the Step Coverage 
~ Formation Mechanism of SiO, Films by 
LPCVD." J. Electrochem. Soc., 137 (1990) 
1222, with permission of the Electrochemical - 
mi Inc. ) : 


Although the curves in Figure 6.4.4 represent the essential features of the simulta- 
neous reaction/diffusion phenomena that occur in CVD processing, they do not reproduce 
the measured film thickness throughout the entire reactor as given in Figure 6.4.3. Watan- 
abe and Komiyama derived a slightly more complex reaction/diffusion model in which 
the SiH, reacts in the gas phase to form a very dilute reactive intermediate which then de- 
posits onto the wafer as SiO2. This new model incorporates diffusion, gas-phase reaction, 
and surface deposition and fits the experimental data very well at three different temper- 
atures, as illustrated in Figure 6.4.5. 

Deposition of SiO, in the micron-sized trenches is also dependent on simultaneous 
diffusion and reaction. Watanabe and Komiyama found that the growth rate of the film at 
573-723 K on the bottom of 1.2 um deep trenches was less than that on the surface for 


trench widths less than about 3 wm. Clearly, solution of reaction/diffusion equations over 
many length scales is required to model the deposition of thin films during CVD pro- 
cessing of electronic materials. 


6.5 | Analysis of Rate Data 


To arrive at a rate expression that describes intrinsic reaction kinetics and is suit- 
able for engineering design calculations, one must be assured that the kinetic data 
are free from artifacts that mask intrinsic rates. A variety of criteria have been pro- 
posed to guide kinetic analysis and these are thoroughly discussed by Mears [D. E. 
Mears, Ind. Eng. Chem. Process Des. Develop., 10 (1971) 541]. 

A lack of significant intraphase diffusion effects (i.e., 7 = 0.95) on an irreversible, 
isothermal, first-order reaction in a spherical catalyst pellet can be assessed by the 
Weisz-Prater criterion [P. B. Weisz and C. D. Prater, Adv. Catal., 6 (1954) 143]: 


Tobs (R ae 


| (6.5.1) 
DisCas 


where Tops is the observed reaction rate per unit volume and R, is the radius of a 
catalyst particle. An important aspect of this criterion is that it uses the observed 
rate and the reactant concentration at the external surface. The intrinsic rate and the 
concentration profile inside the pellet are not needed. For power law kinetics where 
n is the reaction order (other than 0), the following expression can be used: 


= (R,)° < 1 
DiaCas n 


(6.5.2) 


The influence of mass transfer through the film surrounding a spherical cata- 
lyst particle can also be examined with a similar expression. Satisfaction of the 
following inequality demonstrates that interphase mass transfer is not significantly 
affecting the measured rate: 


Tops Rp < 0.15 


= 6.5.3 
k.CaB n i i 


where k, is the mass transfer coefficient and the reactant concentration is determined 
in bulk fluid. The above relationship is analogous to the modified Weisz-Prater cri- 
terion with k, replacing D{,/R,. 

Criteria have also been developed for evaluating the importance of intraphase 
and interphase heat transfer on a catalytic reaction. The Anderson criterion for es- 
timating the significance of intraphase temperature gradients is [J. B. Anderson, 
Chem. Eng. Sci., 18 (1963) 147]: 


IAH, lt (Ry)? RT 
Je ere (Ro) — gag Rebs 
XT; E 


(6.5.4) 
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where A° is the effective thermal conductivity of the particle and E is the true acti- 
vation energy. Satisfying the above criterion guarantees that ro», does not differ from 
the rate at constant temperature by more than 5 percent. Equation (6.5.4) is valid 
whether or not diffusional limitations exist in the catalyst particle. An analogous cri- 
terion for the lack of interphase temperature gradients has been proposed by Mears 
[D. E. Mears, J. Catal., 20 (1971) 127]: 


[AH [ros Rp < 0158 6.5.5 
hT, “TE en) 


where h, is the heat transfer coefficient and Tz refers to the bulk fluid temperature. 
The Mears criterion is similar to the Anderson criterion with h, replacing ASR, In 
addition, the Mears criterion is also valid in the presence of transport limitations in 
the catalyst particle. 

While the above criteria are useful for diagnosing the effects of transport 
limitations on reaction rates of heterogeneous catalytic reactions, they require 
knowledge of many physical characteristics of the reacting system. Experimen- 
tal properties like effective diffusivity in catalyst pores, heat and mass transfer 
coefficients at the fluid-particle interface, and the thermal conductivity of the cat- 
alyst are needed to utilize Equations (6.5.1) through (6.5.5). However, it is dif- 
ficult to obtain accurate values of those critical parameters. For example, the 
diffusional characteristics of a catalyst may vary throughout a pellet because of 
the compression procedures used to form the final catalyst pellets. The accuracy 
of the heat transfer coefficient obtained from known correlations is also ques- 
tionable because of the low flow rates and small particle sizes typically used in 
laboratory packed bed reactors. 

Madon and Boudart propose a simple experimental criterion for the absence of 
artifacts in the measurement of rates of heterogeneous catalytic reactions [R. J. 
Madon and M. Boudart, Ind. Eng. Chem. Fundam., 21 (1982) 438]. The experiment 
involves making rate measurements on catalysts in which the concentration of ac- 
tive material has been purposely changed. In the absence of artifacts from transport 
limitations, the reaction rate is directly proportional to the concentration of active 
material. In other words, the intrinsic turnover frequency should be independent of 
the concentration of active material in a catalyst. One way of varying the concen- 
tration of active material in a catalyst pellet is to mix inert particles together with 
active catalyst particles and then pelletize the mixture. Of course, the diffusional 
characteristics of the inert particles must be the same as the catalyst particles, and 
the initial particles in the mixture must be much smaller than the final pellet size. 
If the diluted catalyst pellets contain 50 percent inert powder, then the observed 
reaction rate should be 50 percent of the rate observed over the undiluted pellets. 
An intriguing aspect of this experiment is that measurement of the number of ac- 
tive catalytic sites is not involved with this test. However, care should be exercised 
when the dilution method is used with catalysts having a bimodal pore size distri- 
bution. Internal diffusion in the micropores may be important for both the diluted 
and undiluted catalysts. 
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Another way to change concentration of active material is to modify the cata- 
lyst loading on an inert support. For example, the number of supported transition 
metal particles on a microporous support like alumina or silica can easily be varied 
during catalyst preparation. As discussed in the previous chapter, selective 
chemisorption of small molecules like dihydrogen, dioxygen, or carbon monoxide 
can be used to measure the fraction of exposed metal atoms, or dispersion. If the 
turnover frequency is independent of metal loading on catalysts with identical metal 
dispersion, then the observed rate is free of artifacts from transport limitations. The 
metal particles on the support need to be the same size on the different catalysts to 
ensure that any observed differences in rate are attributable to transport phenomena 
instead of structure sensitivity of the reaction. 

A minor complication arises when dealing with exothermic reactions, since the 
effectiveness factor for a catalyst pellet experiencing transport limitations can still 
equal one. To eliminate any ambiguity associated with this rare condition, the 
Madon-Boudart criterion for an exothermic reaction should be repeated at a differ- 
ent temperature. 

The simplicity and general utility of the Madon-Boudart criterion make it one 
of the most important experimental tests to confirm that kinetic data are free from 
artifacts. It can be used for heterogeneous catalytic reactions carried out in batch, 
continuous stirred tank, and tubular plug flow reactors. 


VIGNETTE 6.5.1 


A good illustration of the Madon-Boudart criterion is the liquid-phase hydrogenation of 
cyclohexene to cyclohexane over supported Pt/SiO, catalysts that differ in Pt loading by 
a factor of 4 [R. J. Madon and M. Boudart, Ind. Eng. Chem. Fundam., 21 (1982) 438}. 


PL — 
Cyclohexene Cyclohexane 


Two catalysts were prepared with 1.5 and 0.38 percent Pt supported on silica. 
Chemisorption experiments revealed that the percentage of metal exposed was 100 per- 
cent on both catalysts. The turnover frequency for liquid-phase cyclohexene hydrogena- 
tion (101.3 kPa H, pressure) was 2.67 s’l and 2.51 s-' at 275 K and 9.16 and 9.02 at 
307 K. The similarity of the turnover frequencies at each of two different temperatures 
indicates that the measured rates were not influenced by transport limitations. 


Development of rate expressions and evaluation of kinetic parameters require 
rate measurements free from artifacts attributable to transport phenomena. Assum- 
ing that experimental conditions are adjusted to meet the above-mentioned criteria 
for the lack of transport influences on reaction rates, rate data can be used to pos- 
tulate a kinetic mechanism for a particular catalytic reaction. 
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Figure 6.5.1 | 

Effect of agitation on the rate of 2-propanol 
dehydrogenation to acetone at 355 K over Ni catalysts. 
[Rates are calculated at constant conversion level from 
the data in D. E. Mears and M. Boudart, AIChE J., 12 
(1966) 313.] In this case, increasing the stirring speed 
increased the rate of acetone diffusion away from the 
catalyst pellet and decreased product inhibition. 


If mass and heat transfer problems are encountered in a catalytic reaction, 
various strategies are employed to minimize their effects on observed rates. For 
example, the mass transfer coefficient for diffusion through the stagnant film sur- 
rounding a catalyst pellet is directly related to the fluid velocity and the diameter 
of the pellet according to Equation (6.2.26). When reactions are not mass trans- 
fer limited, the observed rate will be independent of process variables that affect 
the fluid velocity around the catalyst pellets. Conversely, interphase transport lim- 
itations are indicated if the observed rate is a function of fluid flow. Consider the 
results illustrated in Figure 6.5.1 for the dehydrogenation of 2-propanol to ace- 
tone over powdered nickel catalyst in a stirred reactor. The dependence of the rate 
on stirring speed indicates that mass transfer limitations are important for stirring 
speeds less than 3600 rpm. Additional experiments with different surface area cat- 
alysts confirmed that rates measured at the highest stirring speed were essentially 
free of mass transfer limitations [D. E. Mears and M. Boudart, AIChE J., 12 (1966) 
313]. 

Both interphase and intraphase mass transfer limitations are minimized by 
decreasing the pellet size of the catalyst. Since a packed bed of very small catalyst 
particles can cause an unacceptably large pressure drop in a reactor, a compro- 
mise between pressure drop and transport limitations is often required in 
commercial reactors. Fortunately, laboratory reactors that are used to obtain 
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Figure 6.5.2 | 
Schematic illustration of the influence of catalyst pellet 
size on the observed reaction rate. 


intrinsic reaction kinetics require relatively small amounts of catalyst and can be 
loaded with very small particles. For the case presented in Figure 6.5.2, observed 
rates measured on catalyst pellets larger than 1 mm are affected by transport 
limitations. 


Exercises for Chapter 6 


1. 


The isothermal, first-order reaction of gaseous A occurs within the pores of a 

spherical catalyst pellet. The reactant concentration halfway between the 

external surface and the center of the pellet is equal to one-fourth the 

concentration at the external surface. 

(a) What is the relative concentration of A near the center of the pellet? 

(b) By what fraction should the pellet diameter be reduced to give an 
effectiveness factor of 0.7? 

The isothermal, reversible, first-order reaction A = B occurs in a flat plate 

catalyst pellet. Plot the dimensionless concentration of A (C4/Cas) as a 

function of distance into the pellet for various values of the Thiele modulus 

and the equilibrium constant. To simplify the solution, let Cys = 0.9(C4 + Cg) 

for all cases. 

A second-order, irreversible reaction with rate constant k = 1.8 L mol”! s7 

takes place in a catalyst particle that can be considered to be a one-dimensional 

slab of half width = 1 cm. 


1 


Cas =0.098 mol L! Cap = 0.1 mol L~! 


lem 


The concentration of reactant in the gas phase is 0.1 mol L~" and at the surface 
is 0.098 mol L~!. The gas-phase mass-transfer coefficient is 2cms~'. Determine 
the intraphase effectiveness factor. (Contributed by Prof. J. L. Hudson, Univ. 
of Virginia.) 
Consider the combustion of a coal particle occurring in a controlled burner. 
Assume the rate expression of the combustion reaction at the surface of the 
particle is given by: 
r= 10° exp[—100/(R,Ts)]Cs  EinkJ mol”! 
where the rate is in units of moles O, reacted min™! (m? external surface) ', 
Ts is the surface temperature of the coal particle in Kelvins, and Cy is the 
surface concentration of O2. The estimated heat and mass-transfer coefficients 
from the gas phase to the particle are h, = 0.5 kJ min™' K`’ m~? and k, = 
0.5 m min” |, and the heat of reaction is —150 kJ (mol O)~'. Consider the 
bulk temperature of the gas to be Tg = 500°C and the bulk concentration of 
O; to be 2 mol m™°?. 
(a) What is the maximum temperature difference between the bulk gas and 
the particle? What is the observed reaction rate under that condition? 
(b) Determine the actual surface temperature and concentration, and therefore 
the actual reaction rate. 
The irreversible, first-order reaction of gaseous A to B occurs in spherical 
catalyst pellets with a radius of 2 mm. For this problem, the molecular 
diffusivity of A is 1.2 X 107! cm? s7! and the Knudsen diffusivity is 9 X 1077 
cm? s_'. The intrinsic first-order rate constant determined from detailed 
laboratory measurements was found to be 5.0 s7". The concentration of A in 
the surrounding gas is 0.01 mol L~!. Assume the porosity and the tortuosity 
of the pellets are 0.5 and 4, respectively. 


(a) Determine the Thiele modulus for the catalyst pellets. 
(b) Find a value for the internal effectiveness factor. 
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(c) For an external mass-transfer coefficient of 32 s~' (based on the external 
area of the pellets), determine the concentration of A at the surface of the 
catalyst pellets. 

(d) Find a value for the overall effectiveness factor. 

J. M. Smith (J. M. Smith, Chemical Engineering Kinetics, 2nd ed., McGraw- 

Hill, New York, 1970, p. 395) presents the following observed data for Pt- 

catalyzed oxidation of SO, at 480°C obtained in a differential fixed-bed reactor 

at atmospheric pressure and bulk density of 0.8 g/cm’. 


Bulk partial pressure (a 


Mass velocity - 
gh"! cm™*) SO, SO 
251 0.06 0.0067 
171 0.06 0.0067 
119 0.06 0.0067 
72 0.06 0.0067 0.2 0.0956 


The catalyst pellets were 3.2 by 3.2 mm cylinders, and the Pt was superficially 
deposited upon the external surface. Compute both external mass and 
temperature gradients and plot AC,,, and AT versus the mass velocity. Can 
you draw any qualitative conclusions from this plot? If the reaction activation 
energy is 30 kcal/mol, what error in rate measurement attends neglect of an 
external AT? What error prevails if, assuming linear kinetics in SO2, external 
concentration gradients are ignored? 


Hints: 


Mites soi ; 
J =~ Sc = 0.817 Reo" 


catalyst pellet is nonporous 
reaction carried out with excess air 
Hair = 1.339 g/h/cm @ 480°C 
Dso,~air = 2.44 ft?/h @ 480°C 

Eg = void fraction of bed = 0.4 


Se = 1.28 
rie 
Prandtl] number = = 0.686 
C, = 7.514 cal/mol/K 
pes surface area = 18.75 mm”! 


volume 
AH, = —30 kcal/mol 
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7. The importance of diffusion in catalyst pellets can often be determined by 


measuring the effect of pellet size on the observed reaction rate. In this exercise, 
consider an irreversible first-order reaction occurring in catalyst pellets where 
the surface concentration of reactant A is Cas = 0.15 M. 


Data: 


Diameter of sphere (cm) | o 0.06 02 0.006 
Tops (Mol/h /em?) 0.25 0.80 2.5 


(a) Calculate the intrinsic rate constant and the effective diffusivity. 

(b) Estimate the effectiveness factor and the anticipated rate of reaction (r,1,) 
for a finite cylindrical catalyst pellet of dimensions 0.6 cm X 0.6 cm 
(diameter = length). 

Isobutylene (A) reacts with water on an acidic catalyst to form t-butanol (B). 


(CH,),C=CH, + H,O = (CH,);COH 


When the water concentration greatly exceeds that of isobutylene and t-butanol, 
the reversible hydration reaction is effectively first order in both the forward 
and reverse directions. 

V. P. Gupta and W. J. M. Douglas [AIChE J., 13 (1967) 883] carried out the 
isobutylene hydration reaction with excess water in a stirred tank reactor utilizing 
a cationic exchange resin as the catalyst. Use the following data to determine the 
effectiveness factor for the ion exchange resin at 85°C and 3.9 percent conversion. 


Data: 


Equilibrium constant @ 85°C = 16.6 = [B]/[A] 
Di, = 2.0 X 1075 cm? s7! 

Radius of spherical catalyst particle = 0.213 mm 
Density of catalyst = 1.0 g cm™? 

Rate of reaction at 3.9 percent conversion = 1.11 X 1075 mols”! gcat7! 


Cas = 1.65 X 107? M (evaluated at 3.9 percent conversion) 
C4 = 1.72 X 10°? M (reactor inlet concentration) 


(Problem adapted from C. G. Hill, Jr., An Introduction to Chemical Engineering 
Kinetics and Reactor Design, Wiley, NY, 1977.) 

Ercan et al. studied the alkylation of ethylbenzene, EB, with light olefins 
(ethylene and propylene) over a commercial zeolite Y catalyst in a fixed-bed 
reactor with recycle [C. Ercan, F. M. Dautzenberg, C. Y. Yeh, and H. E. Barner, 
Ind. Eng. Chem. Res., 37 (1998) 1724]. The solid-catalyzed liquid-phase 
reaction was carried out in excess ethylbenzene at 25 bar and 190°C. Assume 
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the reaction is pseudo-first-order with respect to olefin. The porosity of the 
catalyst was 0.5, the tortuosity was 5.0, and the density was 1000 kg m`’. The 
observed rate (fobs) and rate constant (kobs}) were measured for two different 
catalyst pellet sizes. Relevant results are given below: 


R, — k 


— To ~ k - : ~ 
mm  (msù9 — (kmol (kgeats) ) (m° (kgeat s) D 
0.63 5.69 X 107+ 8.64 x 107° 0.33 x 107? 
0.17 1.07 x 1073 11.7 x 107° 1.06 x 1073 


(a) Determine whether or not external and internal mass transfer limitations 
are significant for each case. Assume the diffusivity of olefins in 
ethylbenzene is Daz = 1.9 X 1074 cm? s™!. 

(b) Calculate the Thiele modulus, ġ, and the internal effectiveness factor, n, 
for each case. 

(c) Determine the overall effectiveness factor for each case. 


10. Reaction rate expressions of the form: 


kL, 
T TEKO 


reveal zero-order kinetics when KC, >> 1. Solve the material balance 
(isothermal) equation for a slab catalyst particle using zero-order kinetics. Plot 
C4(x)/C4s for a Thiele modulus of 0.1, 1.0, and 10.0. If the zero-order kinetics 
were to be used as an approximation for the rate form shown above when 
KC 45 >> 1, would this approximation hold with the slab catalyst particle for 
the Thiele moduli investigated? 

11. Kehoe and Butt [J. P. Kehoe and J. B. Butt, AIChE J., 18 (1972) 347] have 
reported the kinetics of benzene hydrogenation of a supported, partially 
reduced Ni/kieselguhr catalyst. In the presence of a large excess of hydrogen 
(90 percent) the reaction is pseudo-first-order at temperatures below 200°C 
with the rate given by: 

=E 
r = (P9k? K exp) =E P, 


& 


where 


Pg = benzene partial pressure, torr 
P, = dihydrogen partial pressure, torr 
K? = 4.22 X 10°! torr”! 

ke = 4,22 mol/gcat/s/torr 

E = —2.7 kcal/mol 
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12. 


13. 


14. 


For the case of Ph = 685 torr, Pa = 75 torr, and T = 150°C, estimate the 

effectiveness factor for this reaction carried out in a spherical catalyst particle 

of density 1.88 gcat/cm?, Df, = 0.052 cm/s, and R, = 0.3 cm. 

A first-order irreversible reaction is carried out on a catalyst of characteristic 

dimension 0.2 cm and effective diffusivity of 0.015 cm/s. At 100°C the 

intrinsic rate constant has been measured to be 0.93 s~' with an activation 

energy of 20 kcal/mol. 

(a) For a surface concentration of 3.25 X 107° mol/L, what is the observed 
rate of reaction at 100°C? 

(b) For the same reactant concentration, what is the observed rate of reaction 
at 150°C? Assume that Dj, is independent of temperature. 

(c) What value of the activation energy would be observed? 

(d) Compare values of the Thiele modulus at 100°C and 150°C. 

The catalytic dehydrogenation of cyclohexane to benzene was accomplished 

in an isothermal, differential, continuous flow reactor containing a supported 

platinum catalyst [L. G. Barnett et al., AICHE J., 7 (1961) 211]. 


Pt/alumina f N 
eriet | + 3H, 
Pa 


C6H2 = 0.002 mol s7! 
H; = 0.008 mol s~! 


Dihydrogen was fed to the process to minimize deposition of carbonaceous residues 
on the catalyst. Assuming the reaction is first-order in cyclohexane and the diffusivity 
is primarily of the Knudsen type, estimate the tortuosity 7 of the catalyst pellets. 


Additional Data: 


Diameter of catalyst pellet = 3.2 mm 
Pore volume of the catalyst = 0.48 cm? g7 
Surface area = 240 m° g™! 


1 


1 s 


Pellet density p, = 1.332 g cm 


Pellet Porosity €, = 0.59 
Effectiveness factor 7 = 0.42 


For a slab with first-order kinetics: 


tanhd (1) 
e = PTI + dtanh($) Bi, | 


How important is the mass Biot number in Equation (1) with respect to its 
influence upon n, for (a) @ = 0.1, (b) @ = 1.0, (c) d = 5.0, (d) d = 10.0? 
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15. 


Consider the effect of the Biot number significant if it changes n, by more 
than 1 percent. Can you draw any qualitative conclusions from the behavior 
observed in parts (a)—(d)? 

The liquid-phase hydrogenation of cyclohexene to cyclohexane (in an inert 
solvent) is conducted over solid catalyst in a semibatch reactor (dihydrogen 
addition to keep the total pressure constant). 


P = constant 


Draw a schematic representation of what is occurring at the microscopic 
level. Provide an interpretation for each of the following figures. 


Cyclohexene concentration 


Time 


Figure 1 | 

Linear relationship between cyclohexene concentration in 
the reactor and reaction time. Results apply for all 
conditions given in the figures provided below. 


Rate of reaction 


Weight of catalyst 


Figure 2 | 
Effect of catalyst weight on reaction rate. 


In (rate constant) 


A/T) 


Figure 3 | 
Evaluation of temperature effects on the reaction rate 
constant. 
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CHAPTER 


Microkinetic Analysis 
of Catalytic Reactions 


7.1 | Introduction 


A catalytic reaction consists of many elementary steps that comprise an overall 
mechanistic path of a chemical transformation. Although rigorous reaction mecha- 
nisms are known for simple chemical reactions, many catalytic reactions have been 
adequately described by including only the kinetically significant elementary steps. 
This approach was used in Chapter 5 to simplify complex heterogeneous catalytic 
reaction sequences to kinetically relevant surface reactions. The next step in fur- 
thering our understanding of catalytic reactions is to consolidate the available ex- 
perimental data and theoretical principles that pertain to elementary steps in order 
to arrive at quantitative models. This is the role of microkinetic analysis, which is 
defined as an examination of catalytic reactions in terms of elementary steps and 
their relation with each other during a catalytic cycle (J. A. Dumesic, D. F. Rudd, 
L. M. Aparicio, J. E. Rekoske, and A. A. Trevino, The Microkinetics of Heteroge- 
neous Catalysis, American Chemical Society, Washington, D.C., 1993, p. 1). In this 
chapter, three catalytic reactions will be examined in detail to illustrate the concept 
of microkinetic analysis and its relevance to chemical reaction engineering. The first 
example is asymmetric hydrogenation of an olefin catalyzed by a soluble 
organometallic catalyst. The second and third examples are ammonia synthesis and 
olefin hydrogenation, respectively, on heterogeneous transition metal catalysts. 


7.2 | Asymmetric Hydrogenation 
of Prochiral Olefins 


The use of soluble rhodium catalysts containing chiral ligands to obtain high stere- 
oselectivity in the asymmetric hydrogenation of prochiral olefins represents one of 
the most important achievements in catalytic selectivity, rivaling the stereoselectiv- 
ity of enzyme catalysts [J. Halpern, Science, 217 (1982) 401]. Many chiral ligands 
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H .. O 
pH 


H;C~¢-N~-C~ 9 —CH; 
| 


Oo ; SS 
I N-acetyl-(R)-phenylalanine methyl ester 
He _7[C—0— CH; R) 


+H, (Rh catalyst) 


C=C 
Cre eat 
I a N H,C~9—-C~-N~c—CH; 


I 


MethyI]-(Z)-o-acetamidocinnamate 
(MAC) | N 9 
a 
N-acetyl-(S)-phenylalanine methyl ester 
(S) 


Figure 7.2.1 | 
Hydrogenation of MAC catalyzed by a homogeneous Rh catalyst to give R and S 
enantiomers of N-acetylphenylalanine methyl ester. 


have been used to create this class of new asymmetric hydrogenation catalysts. In 
addition, stereoselectivity has been observed with a variety of olefins during hydro- 
genation reactions in the presence of these chiral catalysts, demonstrating the general 
utility of the materials. As an example of microkinetic analysis, the asymmetric hy- 
drogenation of methyl-(Z)-a-acetamidocinnamate, or MAC, to give the enantiomers 
(R and S) of N-acetylphenylalanine methyl ester will be discussed in detail. The 
overall reaction is illustrated in Figure 7.2.1. 

C. R. Landis and J. Halpern found that cationic rhodium, Rh(I), with the chiral 
ligand R,R-1,2-bis[(phenyl-o-anisol)phosphinoJethane, or DIPAMP (see Figure 
7.2.2), was very selective as a catalyst for the production of the S enantiomer of 


OCH; 
HCO ~ 
R 

A r oN 
| i 
i | 

P a 

R,R-DIPAMP 


R,R-1,2-bis[(phenyl-o-anisol )phosphino]ethane 


Figure 7.2.2 | 
Chiral ligand for enantioselective 
rhodium catalyst 
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N-acetylphenylalanine methyl ester during MAC hydrogenation in methanol sol- 
vent [C. R. Landis and J. Halpern, J. Am. Chem. Soc., 109 (1987) 1746]. The DI- 
PAMP coordinates to the rhodium through the phosphorus atoms and leaves plenty 
of space around the Rh cation for other molecules to bind and react. The unique 
feature of this system is that the chirality of the DIPAMP ligand induces the high 
stereoselectivity of the product molecules. An analogous nonchiral ligand on the 
Rh cation produces a catalyst that is not enantioselective. 

To understand the origin of enantioselectivity in this system, the kinetics of the 
relevant elementary steps occurring during hydrogenation had to be determined. The 
catalytic cycle can be summarized as: (a) reversible binding of the olefin (MAC) to 
the Rh catalyst, (b) irreversible addition of dihydrogen to the Rh-olefin complex, 
(c) reaction of hydrogen with the bound olefin, and (d) elimination of the product 
into the solution to regenerate the original catalyst. Landis and Halpern have mea- 
sured the kinetics of step (a) as well as the overall reactivity of the adsorbed olefin 
with dihydrogen [C. R. Landis and J. Halpern, J. Am. Chem. Soc., 109 (1987) 1746]. 
Figure 7.2.3 shows two coupled catalytic cycles that occur in parallel for the pro- 
duction of R and S enantiomers from MAC in the presence of a common rhodium 
catalyst, denoted as *. Since the catalyst has a chiral ligand, MAC can add to the 
catalyst in two different forms, one that leads to the R product, called MAC*®, and 
one that leads to the S product, called MAC*®. The superscripts refer to the cat- 
alytic cycles that produce the two enantiomers. 


MAC 
R 
ki KS 
R 
" o 
g Major Minor r 
MAC intermediate * intermediate MAC 


Hy 


R S 
Minor Major 
product product 


Figure 7.2.3 | 
Scheme of the coupled catalytic cycles for the asymmetric hydrogenation of MAC. 
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Expressions for relative concentrations of the intermediates and products are 
developed from concepts discussed in earlier chapters, namely, the use of a total 
catalytic site balance and the application of the steady-state approximation. The to- 
tal amount of rhodium catalyst in the reactor is considered constant, [*]o, so that 
the site balance becomes: 


[*] = [MAC#®] + [MAC#S] + [*] (1.2.1) 


The steady-state approximation indicates that the concentrations of reactive inter- 
mediates remain constant with time. In other words, the net rate of MAC binding 
to the catalyst to form an intermediate must be the same as the rate of hydrogena- 
tion (or disappearance) of the intermediate. The steady-state approximation for the 
coupled catalytic cycles is expressed mathematically as: 


d[MAC*® 

= E ee (7.2.2) 
d[MAC*S 

Í P ] Ser r -rS (7.2.3) 


or in terms of the rate expressions as: 
0 = kR[MAC][*]—k® [MAC *}]-k$[MAC*E][H,;] (7.2.4) 
0 = kf[MAC][*]—&8 [MAC *§]—&§ [MAC*S][H,] (7.2.5) 


Rearranging Equations (7.2.4 and 7.2.5) gives the concentrations of reactive 
intermediates: 


[MAC *?] = kī [MAC][*] (7.2.6) 
KR, + k3[H] k 
k$ [MAC][* 
[MAC *5] = cilia (7.2.7) 
k2, + k3 [Hy] 
that can be used to derive an equation for their relative concentration: 
[MAC ae kS\ kB, + kŽ[H] 
sR z) A ae (7.2.8) 
[M J \ER/ kS, + kS[H,] 


The ratio of concentrations of the products R and S can be derived in a similar fashion: 
m= rka (7.2.9) 
s 
i 


as (7.2.10) 


S'MAC al 2] k$\ [MAC *"] 
are = (7.2.11) 
Ri 


Ho] [MAC **] 
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Table 7.2.1 | Kinetic parameters for the asymmetric hydrogenation of MAC 
catalyzed by Rh(R,R-DIPAMP) at 298 K. 


kı (L mmol™! s7!) 5.3 11 


kı (74 0.15 3.2 
K, (L mmol™!) 35 3.3 
kə (L mmol”! 574) 1.1 x 1077 0.63 


Source: C. R. Landis and J. Halpern, J. Am. Chem. Soc., 109 (1987) 1746. 


The relative concentration of reactive intermediates given in Equation (7.2.8) is then 
substituted into Equation (7.2.11) to give the ratio of final products: 


[S] _ - + k® [H;] 
KẸ k3/ kŠ, + k3 [H] 


7.2.12 
[R] ( ) 


Notice that the relative concentrations of the intermediates and products depend 
only on temperature (through the individual rate constants) and the pressure of 
dihydrogen. 

At sufficiently low dihydrogen pressures, the reversible binding of MAC to the 
catalyst is essentially equilibrated because: 


kÈ, >> k} [HD] (7.2.13) 
and 
kS, >> k$ [Hy] (7.2.14) 


In other words, the rate-determining step for the reaction at low dihydrogen pres- 
sures is the hydrogenation of bound olefin. Simplification of Equations (7.2.8) and 
(7.2.12) by assuming low dihydrogen pressure gives the following expressions for 
the relative concentrations of intermediates and products: 


[MAC °]  /kS\ kB, K$ 
[Mac] \kR/kS, K ery 
L ] 1 =] 1 
[S] _ Ga KR k3 7.2.16) 
R] ERES, KR RR Pa 


Landis and Halpern have measured the relevant rate constants for this reaction sys- 
tem and they are summarized in Table 7.2.1 [C. R. Landis and J. Halpern, J. Am. 
Chem. Soc., 109 (1987) 1746]. 

The values of the measured constants indicate that the S enantiomer is greatly 
favored over the R enantiomer at 298 K: 


[S] Ki kK 33 0.63 
[R] KÈK 35 11x10% 


(7.2.17) 
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This result is rather surprising since the reactive intermediate that leads to the S enan- 
tiomer is in the minority. Equation (7.2.15) illustrates the magnitude of this difference: 


[Mac *] K} 
[MAC =] = KR = 0.094 (7.2.18) 


The reason that the minor reactive intermediate leads to the major product is due to 
the large rate constant for hydrogenation (k2) associated with the S cycle compared 
to the R cycle. Clearly, the conventional “lock and key” analogy for the origin of 
enantioselectivity does not apply for this case since the selectivity is determined by 
kinetics of hydrogenation instead of thermodynamics of olefin binding. 

A microkinetic analysis of this system also adequately explains the dependence of 
enantioselectivity on dihydrogen pressure. At sufficiently high pressures of dihydrogen, 


kÈ, << kÈ [H] (7.2.19) 
and 
k5, << k$ [H] (7.2.20) 


Since the binding of olefin is not quasi-equilibrated at high pressure, the subsequent 
hydrogenation step cannot be considered as rate-determining. The relative concen- 
trations of reactive intermediates and products are now given as: 


[MAC *S] ASNB 11N 1.1 X 1073 = 
vie S =3.6X10% (7.2.21) 
[MACE] \kR/ KS \5.3/ 0.63 


cE o 94 an 


The effect of dihydrogen is to lower the enantioselectivity to the S product from 
[S]/[R] = 54 at low pressures to [S]/[R] = 2.1 at high pressures. The reason for 
the drop in selectivity is again a kinetic one. The kinetic coupling of the olefin bind- 
ing and hydrogenation steps becomes important at high dihydrogen pressure [M. 
Boudart and G. Djega-Mariadassou, Catal. Lett., 29 (1994) 7]. In other words, the 
rapid hydrogenation of the reactive intermediate prevents quasi-equilibration of the 
olefin binding step. The relative concentration of the minor intermediate MAC** 
(that leads to the major product $) decreases significantly with increasing dihydro- 
gen pressure since k$ >> kÈ, In this example, the kinetic coupling on the S cycle 
is much stronger than that on the R cycle, and that leads to an overall reduction in 
selectivity with increasing dihydrogen pressure. 

It should be pointed out that selectivity does not depend on dihydrogen in the 
limit of very high or very low pressure. For intermediate dihydrogen pressures, Equa- 
tions (7.2.8) and (7.2.12)—that depend on dihydrogen—should be used to calculate 
selectivity. The microkinetic methodology satisfactorily explains the surprising 


and 
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inverse relationship between intermediate and product selectivity and the unusual 
effect of dihydrogen pressure on product selectivity observed during asymmetric 
hydrogenation of prochiral olefins with a chiral catalyst. 


7.3 | Ammonia Synthesis on 
Transition Metal Catalysts 


The ammonia synthesis reaction is one of the most widely studied reactions and it has 
been discussed previously in this text. (See Example 1.1.1, Table 5.2.1, and Section 
5.3.) In this section, results from the microkinetic analysis of ammonia synthesis over 
transition metal catalysts containing either iron or ruthenium will be presented. 

A conventional ammonia synthesis catalyst, based on iron promoted with Al203 
and K,O, operates at high temperatures and pressures in the range of 673-973 K 
and 150-300 bars to achieve acceptable production rates. Metallic iron is the active 
catalytic component while AlO; and K,O act as structural and chemical promot- 
ers, respectively. The goal of microkinetic analysis in this case is to study the con- 
ditions under which data collected on single crystals in ultrahigh vacuum or on 
model powder catalysts at ambient pressures can be extrapolated to describe the per- 
formance of a working catalyst under industrial conditions of temperature and pres- 
sure. Unfortunately, the kinetic parameters of all possible elementary steps are not 
known for most heterogeneous catalytic reactions. Thus, a strategy adopted by 
Dumesic et al. involves construction of a serviceable reaction path that captures the 
essential surface chemistry, and estimation of relevant parameters for kinetically sig- 
nificant elementary steps (J. A. Dumesic, D. F Rudd, L. M. Aparicio, J. E. Rekoske, 
and A. A. Trevino, The Microkinetics of Heterogeneous Catalysis, American Chem- 
ical Society, Washington, D.C., 1993, p. 145). 

In the case of ammonia synthesis on transition metal catalysts, a variety of 
reasonable paths with various levels of complexity can be proposed. For the sake 
of clarity, only one such path will be presented here. Stolze and Norskov suc- 
cessfully interpreted the high-pressure kinetics of ammonia synthesis based on a 
microscopic model established from fundamental surface science studies [P. Stolze 
and J. K. Norskov, Phys. Rev. Lett., 55 (1985) 2502; P. Stolze and J. K. Norskov, 
J. Catal., 110 (1988) 1]. Dumesic et al. re-analyzed that sequence of elementary 
steps, which is presented in Table 7.3.1, for ammonia synthesis over iron catalysts 
[J. A. Dumesic and A. A. Trevino, J. Catal., 116 (1989) 119]. The rate constants for 
adsorption and desorption steps were estimated from results obtained on iron sin- 
gle crystal surfaces at ultrahigh vacuum conditions. The surface hydrogenation rates 
were estimated from the relative stabilities of surface NHy species. In the follow- 
ing microkinetic analysis, an industrial plug flow reactor was modeled as a series 
of 10,000 mixing cells (see Example 3.4.3) in which the steady-state rate equations, 
the catalyst site balance, and the material balances for gaseous species were solved 
simultaneously. Thus, no assumptions with respect to a possible rate-determining 
step and a most abundant reaction intermediate were needed to complete the model. 

The conditions chosen for the microkinetic analysis correspond to an industrial 
reactor with 2.5 cm? of catalyst operating at 107 bar with a stoichiometric feed of 
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Table 7.3.1 | A proposed mechanism of ammonia synthesis over iron catalysts.* 


Number ___ Forwardrate Elementary step _ Reverse rate 

1 2 X 10'Py.0. N, + * == N* 2X 10 e RNG, 
2 4X 107R 8. N,* + * === 2N* 1X 10 eT ET ON) 
3 2X 10°e BYR 9, Oy H* + N* <== NH* + * 1X 107 e72 ET Oyy 0- 
4 1X 108e RD 6 Oy NH* + H* <= NH,* + * 1 X 10° Oxy, 0» 

5 4X 1086 EMO Oy NH,* + H* <= NH,* + * 2 X 10” Oxy, 0» 

6 4X 10% eR ny, NH,* = NH; + * 2 X 10° Pyy, O- 

7 7 X 10’ Py, (00) H, + 2* == 2H* 3 X 10% e RN (9,7 


è Rates are in units of molecules per second per site, pressures (P) are in pascals, and activation energies are in kilojoules per mole. 
Concentrations of surface species are represented by fractional surface coverages as discussed in Chapter 5. Kinetic parameters 

are adapted from the data of Stolze and Norskov [P. Stolze and J. K. Norskov, Phys. Rev. Lett., 55 (1985) 2502; P. Stolze and 

J. K. Norskov, Surf. Sci. Lett., 197 (1988) L230; P. Stolze and J. K. Norskov, J. Catal., 110 (1988) 1]. 
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Figure 7.3.1 | 

Ammonia concentration calculated from 
microkinetic model versus longitudinal 
distance from reactor inlet. (Figure adapted 
from “Kinetic Simulation of Ammonia 
Synthesis Catalysis” by J. A. Dumesic and 
A. A. Trevino, in Journal of Catalysis, 
Volume 116:119, copyright © 1989 by 
Academic Press, reproduced by permission 
of the publisher and the authors.) 


dinitrogen and dihydrogen. The space velocity was 16,000 h` ', the catalyst bed den- 
sity was 2.5 g cm~°, and the catalyst site density was 6 X 107° mol g™'. The am- 
monia concentration in the effluent of the reactor operating at 723 K was measured 
experimentally to be 13.2 percent. Figure 7.3.1 illustrates the ammonia concentra- 
tion calculated from the microkinetic model as a function of axial distance along 
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Equilibrium departure 
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Figure 7.3.2 | 

Departure from equilibrium for the two slowest 
elementary steps in ammonia synthesis. Squares are for 
step 2 and circles are for step 3. (Figure adapted from 
“Kinetic Simulation of Ammonia Synthesis Catalysis” 
by J. A. Dumesic and A. A. Trevino, in Journal of 
Catalysis, Volume 116:119, copyright © 1989 by 
Academic Press, reproduced by permission of the 
publisher and the authors.) 


the reactor. The effluent concentration approached the experimental value of 13.2 
percent, which illustrates the consistency of the model with observation. The util- 
ity of a microkinetic model, however, is that it allows for a detailed understanding 
of the reaction kinetics. For example, a rate-determining step can be found, if one 
exists, by examining the departure of the elementary steps from equilibrium under 
simulated reaction conditions. Figure 7.3.2 presents the departure from equilibrium, 
(forward rate ~ reverse rate)/forward rate, for the slowest steps as the reaction 
proceeds through the reactor. Step 2, the dissociation of dinitrogen, is clearly the 
rate-determining step in the mechanism throughout the reactor. All of the other steps 
in Table 7.3.1 are kinetically insignificant. Thus, the turnover frequency of ammo- 
nia synthesis depends critically on the kinetics of dissociative adsorption of dini- 
trogen (steps 1 and 2), as discussed earlier in Section 5.3. As long as the individual 
quasi-equilibrated elementary steps can be summed to one overall quasi-equilibrated 
reaction with a thermodynamically consistent equilibrium constant, small errors in 
the individual pre-exponential factors and activation energies are irrelevant. A mi- 
crokinetic model also allows for the determination of relative coverages of various 
intermediates on the catalyst surface. Figure 7.3.3 illustrates the change in fractional 
surface reaction of N* and H* through the reactor. Adsorbed nitrogen is the most 
abundant reaction intermediate throughout the iron catalyst bed except at the entrance. 


Fractional surface coverage 
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Figure 7.3.3 | 

Fractional surface coverages of predominant adsorbed species versus dimensionless 
distance from the reactor inlet. (Figure adapted from “Kinetic Simulation of Ammonia 
Synthesis Catalysis” by J. A. Dumesic and A. A. Trevino, in Journal of Catalysis, 
Volume 116:119, copyright © 1989 by Academic Press, reproduced by permission of the 
publisher and the authors.) 


Since the formation of N* is the rate-determining step, its high coverage during 
steady-state reaction on iron results from the equilibrium of H, and NH3. Thus, the 
high coverage of H* instead of N* at the entrance to the reactor (Figure 7.3.3) results 
from the vanishingly low pressure of ammonia at that point. 

Another test of validity is to check the performance of the model against ex- 
perimental rate data obtained far from equilibrium. The microkinetic model pre- 
sented in Table 7.3.1 predicts within a factor of 5 the turnover frequency of ammo- 
nia synthesis on magnesia-supported iron particles at 678 K and an ammonia 
concentration equal to 20 percent of the equilibrium value. This level of agreement 
is reasonable considering that the catalyst did not contain promoters and that the 
site density may have been overestimated. The model in Table 7.3.1 also predicts 
within a factor of 5 the rate of ammonia synthesis over an Fe(111) single crystal at 
20 bar and 748 K at ammonia concentrations less than 1.5 percent of the equilibrium 
value. 

It should be emphasized that since the rate of ammonia synthesis on iron de- 
pends critically on the dissociative adsorption of dinitrogen (steps 1 and 2), any 
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Table 7.3.2 | A proposed mechanism of ammonia synthesis over ruthenium catalysts.* 


Number Forward rate -Elementary step _ Reverse rate 
1 6 X 107263 RD Py, (0.7 N, + 2* 7 IN* 2 x 10!%e- 137 D(a.) 
2 6 X 10% FBGA, H* + N* == NH* + * 3 X 108 eA VAD QO 
3 5X 108e RD 9 Oy NH* + H* == NH,* + * 2X 10% e MRM GO. 
4 3 X 108 e ARM Oyy, On NH,* + H* == NH;* + * 9x 107 e RDO On 
5 6 X 10% eT ED Any, NH;* <= NH; + # 2 X 10° Pyn, 0+ 
6 6 X 10°Py, (0+) H, + 2* == 2H* 2 X 103 8: (9,7 


ĉè Rates are in units of molecules per second per site, pressures (P) are in pascals, and activation energies are in kilojoules per 
mole. Concentrations of surface species are represented by fractional surface coverages as discussed in Chapter 5. Kinetics 
parameters are adapted from the data of Hinrichsen et al. [O. Hinrichsen, F. Rosowski, M. Muhler, and G. Ertl, Chem. Eng. Sci., 


51 (1996) 1683.) 


microkinetic model that properly accounts for those steps and that is thermody- 
namically consistent with the overall reaction will effectively describe the kinetics 
of ammonia synthesis. This feature explains the success of the microkinetic model 
used to describe an industrial reactor even though the kinetic parameters for dini- 
trogen adsorption/desorption match those obtained from studies on iron single 
crystals in ultrahigh vacuum. 

Ammonia synthesis on supported ruthenium catalysts has also been the sub- 
ject of microkinetic analysis. Table 7.3.2 presents the kinetic parameters for one 
model of ammonia synthesis catalyzed by cesium-promoted ruthenium particles 
supported on MgO [O. Hinrichsen, F. Rosowski, M. Muhler, and G. Ertl, Chem. 
Eng. Sci., 51 (1996) 1683]. In contrast to the model in Table 7.3.1, the dissocia- 
tive adsorption of dinitrogen is represented by a single step. Many of the rate con- 
stants in Table 7.3.2 were determined from independent steady-state and transient 
experiments on the same catalyst. The experiments included temperature- 
programmed adsorption and desorption of dinitrogen, isotopic exchange of labeled 
and unlabeled dinitrogen, and temperature-programmed reaction of adsorbed 
nitrogen atoms with gaseous dihydrogen. The unknown rate constants were esti- 
mated by regression analysis of the experimental data and checked to ensure that 
they were within physically reasonable limits. As in the previous example with 
the iron catalyst, the steady-state reactor containing the supported Ru catalyst 
was modeled as a series of mixing cells in which the steady-state rate equations, 
the catalyst site balance and the material balances for gaseous species were solved 
simultaneously. 

Similar to the results found with iron catalysts, the rate-determining step dur- 
ing ammonia synthesis on ruthenium catalysts is the dissociative adsorption of 
dinitrogen. However, the overall reaction rate is strongly inhibited by dihydrogen, 
indicating that adsorbed hydrogen is the most abundant reaction intermediate that 
covers most of the surface [B. C. McClaine, T. Becue, C. Lock, and R. J. Davis, 
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J. Mol. Catal. A: Chem., 163 (2000) 105]. In the example using iron catalysts, 
inhibition by dihydrogen was observed only at extremely low pressures of ammonia. 
The reaction on ruthenium is quite different, since the equilibrium involving dihy- 
drogen and ammonia on the catalyst surface continues to favor hydrogen atoms in- 
stead of nitrogen atoms, even at reasonable pressures of ammonia. The microkinetic 
model in Table 7.3.2 accounts for the ammonia effluent concentration from a reactor 
operating at both atmospheric pressure and elevated pressure, over a wide tempera- 
ture range and at exit conditions near and far from equilibrium. Figure 7.3.4 compares 
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Figure 7.3.4 | 

Comparison of calculated and measured ammonia concentrations at the effluent of a 
steady-steady ammonia synthesis reactor containing ruthenium particles supported on 
magnesia and promoted by cesium. [Adapted from O. Hinrichsen, F. Rosowski, M. Muhler, 
and G. Ertl, “The Microkinetics of Ammonia Synthesis Catalyzed by Cesium-Promoted 
Supported Ruthenium,” Chem. Eng. Sci., 51 (1996) 1683, copyright 1996, with permission 
from Elsevier Science.] 
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the results from the model to those measured experimentally. The decrease in am- 
monia effluent concentration at the highest temperatures indicates that equilibrium 
was reached in the reactor. The essential features of the reaction (i.e., proper tem- 
perature dependence of the rate appropriate level of ammonia produced near and far 
from equilibrium, and inhibition of the rate by dihydrogen) were well reproduced 
by the kinetic model. 


7.4 | Ethylene Hydrogenation 
on Transition Metals 


Hydrogenation is an important industrial reaction that often requires the presence 
of a heterogeneous catalyst to achieve commercial yields. Ethylene, C2H4, is the 
smallest olefin that can be used to investigate the addition of hydrogen atoms to a 
carbon-carbon double bond. Even though many experiments and theoretical studies 
have been carried out on this simple system, the reaction is still not completely un- 
derstood. Microkinetic analysis provides insights into the relevant elementary steps 
in the catalytic cycle. 

A simple mechanism that has been proposed for ethylene hydrogenation on 
metal catalysts is that of Horiuti and Polanyi [J. Horiuti and M. Polanyi, J. Chem. 
Soc., Faraday Trans., 30 (1934) 1164]: 


Step 1 H, + 2* == 2H* 

Step 2 CoH, + 2* == *CH,* 
Step 3 *C,H,* + H* == *C)H, + 2* 
Step 4 *C,H,* + H* <= *C,H, + 2* 
Overall C,H, + H, = C,H, 


In this sequence, ethylene and dihydrogen compete for active sites on the transition 
metal surface. While this basic mechanism has been used to describe olefin hydro- 
genation kinetics for many years, it does not adequately account for the observed 
reaction characteristics over a wide range of conditions. For example, ethylene hy- 
drogenation on a platinum catalyst at temperatures less than 300 K is zero-order 
with respect to ethylene and half-order with respect to dihydrogen. The zero-order 
dependence on CH, indicates that the surface is nearly covered with carbon con- 
taining species, whereas the half-order dependence on H, suggests that step 1, dis- 
sociative adsorption of dihydrogen, is an equilibrated process. If the adsorption steps 
were truly competitive, then increasing the ethylene pressure should decrease the 
vacant site concentration and thus the hydrogen surface coverage. In other words, 
the rate of hydrogenation should decrease with increasing ethylene pressure, which 
is not observed at low temperature. 

One way to explain the observed reaction orders is to also allow for a non- 
competitive dihydrogen adsorption step in the sequence. This added complexity 
makes sense because more surface sites are available to dihydrogen than eth- 
ylene because of the very small size of a H) molecule. The catalytic cycle for ethylene 
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hydrogenation with both competitive and noncompetitive adsorption is now: 


Step 1 H, + 2* == 2H* 

Step la H, + 2%’ == 2H*’ 

Step 2 CoH, + 2* == *C,H,* 

Step 3 *C,H,* + H* == *C,H, + 2* 
Step 3a *C,H,* + H*’ = *C H; + * + * 
Step 4 *C,H, + H* —— CH, + 2* 

Step 4a *C,H, + H* = CH, + * + * 
Overall C,H, + Hy = C,H, 


where *’ represents an active site that is accessible to dihydrogen but not to eth- 
ylene. Rekoske et al. have studied an analogous sequence of steps for ethylene 
hydrogenation on Pt, but their analysis also included a hydrogen activation step 
[J. E. Rekoske, R. D. Cortright, S. A. Goddard, S. B. Sharma, and J. A. Dumesic, 
J. Phys. Chem., 96 (1992) 1880]. The additional activation step was needed to rec- 
oncile results from microkinetic analysis to the observed isotopic distribution of 
products when deuterium was added to the system. Nevertheless, their analysis 
showed that the main features of Pt-catalyzed ethylene hydrogenation could be 
captured over a very wide range of conditions by the coupled competitive and 
noncompetitive mechanism of Horiuti and Polanyi. Figure 7.4.1 compares the 
measured and calculated turnover frequencies over an order of magnitude range 
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Figure 7.4.1 | 

Comparison of results from microkinetic model and 
experimental observation. [Adapted with permision from 
J. E. Rekoske, R. D. Cortright, S. A. Goddard, S. B. 
Sharma, and J. A. Dumesic, J. Phys. Chem., 96 (1992) 
1880. Copyright 1992 American Chemical Society.] 
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of dihydrogen pressure and a 100 K span in temperature. The observed order of 
reaction with respect to dihydrogen increases from 0.47 at 223 K to 1.10 at 336 K. 
Clearly, the kinetic model reproduces the observed rates at all of the conditions 
tested. The model also predicted the order of reaction with respect to ethylene (not 
shown) quite well. This microkinetic analysis suggests that ethylene hydrogenates 
mostly through the noncompetitive route at low temperatures whereas the compet- 
itive route dominates at high temperatures. 

The rapid increase in computing power and the advent of new quantum chem- 
ical methods over the last decade allow kinetic parameters for surface reactions to 
be estimated from ab initio quantum chemical calculations and kinetic simulation 
schemes. Indeed, the adsorption enthalpies of gas-phase species can be calculated, the 
activation barriers to form transition states from surface bound species can be pre- 
dicted, and the evolution of surface species with time can be simulated. Figure 7.4.2 
shows, for example, the transition state for the hydrogenation of adsorbed ethylene 
(step 3) on a model palladium surface consisting of 7 Pd atoms arranged in a plane. 
The activation energy associated with ethyl formation on a Pd(111) metal surface 
was calculated from first principles quantum mechanics to be about 72 kJ mol”! 
[M. Neurock and R. A. van Santen, J. Phys. Chem. B, 104 (2000) 11127]. The con- 
figuration of the adsorbed ethyl species, the product of step 3, is illustrated for two 
different Pd surfaces in Figure 7.4.3. The energies for chemisorption of this reactive 
intermediate on a Pdj9 cluster and a semi-infinite Pd(111) slab are -130 and —140 kJ 
mol~', respectively, and are essentially the same within the error of the calculation. 
Results involving adsorbed ethylene, adsorbed hydrogen and adsorbed ethyl indicate 


Figure 7.4.2 | 

The isolated transition state structure for the formation of 
ethyl from ethylene and hydrogen on a model Pd; cluster. 
The vectors correspond to the motion along the reaction 
coordinate. [Adapted with permission from M. Neurock 
and R. A. van Santen, J. Phys. Chem. B, 104 (2000) 
11127. Copyright 2000 American Chemical Society.] 
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Figure 7.4.3 | 

Structures and energies for the chemisorption of ethyl on (a) a Pd,» cluster model and 

(b) a model Pd(111) surface. [Reproduced with permission from M. Neurock and R. A. van 
Santen, J. Phys. Chem. B, 104 (2000) 11127. Copyright 1992 American Chemical Society.] 
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that the overall heat of reaction for step 3 is about 3 kJ mol! endothermic on a Pd 
surface. In principle, these types of calculations can be performed on all of the 
species in the Horiuti-Polanyi mechanism, and the results can be used in a subse- 
quent kinetic simulation to ultimately give a reaction rate. Rates obtained in this 
fashion are truly from first principles since regression of experimental data is not 
required to obtain kinetic parameters. 

Hansen and Neurock have simulated the hydrogenation of ethylene on a Pd cat- 
alyst using a Monte Carlo algorithm to step through the many reactions that occur 
on a model surface [E. W. Hansen and M. Neurock, J. Catal., 196 (2000) 241]. In 
essence, the reaction is simulated by initializing a grid of Pd atoms and allowing all 
possible reactions, like adsorption of reactants, elementary surface reactions, and 
desorption of products, to take place. The simulation moves forward in time, event 
by event, updating the surface composition as the reaction proceeds. The details of 
the method are too complicated to describe here but can be found in E. W. Hansen 
and M. Neurock, J. Catal., 196 (2000) 241. The input to the simulation involves a 
complete set of adsorption and reaction energies. An important feature of this sim- 
ulation is that it also accounts for interactions among the species on the surface. 


Figure 7.4.4 | 

Snapshot of a Pd(100) surface during a simulation of 
ethylene hydrogenation at 298 K, 25 torr of ethylene 
and 100 torr of dihydrogen. [Figure from “First- 
Principles-Based Monte Carlo Simulation of Ethylene 
Hydrogenation Kinetics on Pd,” by E. W. Hansen and 
M. Neurock, in Journal of Catalysis, Volume 196:241, 
copyright © 2000 by Academic Press, reproduced by 
permission of the publisher and authors.] 
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Although many kinetic models assume that the catalyst is an ideal Langmuir sur- 
face (all sites have identical thermodynamic properties and there are no interactions 
among surface species), modern surface science has proven that ideality is often not 
the case. 

Results from the simulation reproduced the experimentally observed kinetics 
(activation energy, turnover frequency, and orders of reaction) for ethylene hydro- 
genation on a Pd catalyst. A snapshot of the Pd surface during a simulation of eth- 
ylene hydrogenation is given in Figure 7.4.4. At this point in the simulation, highly 
mobile hydrogen atoms moved rapidly around the surface and reacted with fairly 
stationary hydrocarbons. In this model, no distinction was made between the com- 
petitive and noncompetitive adsorption steps in the mechanism. The results suggest 
that lateral interactions among species can explain some of the experimental obser- 
vations not easily accounted for in the Horiuti-Polanyi mechanism. 


7.5 | Concluding Remarks 


This chapter illustrated the concepts involved in microkinetic analysis of catalytic 
reactions. The first example involving asymmetric hydrogenation of prochiral olefins 
with a chiral homogeneous catalyst illustrated how precise rate measurements of 
critical elementary steps in a catalytic cycle can yield a kinetic model that describes 
the overall performance of a reaction in terms of enantioselectivity and response to 
reaction conditions. The second example regarding ammonia synthesis showed how 
kinetic parameters of elementary steps measured on single crystals under ultrahigh 
vacuum conditions can be incorporated into a kinetic model that applies to reactors 
operating under industrial conditions of high pressure. The last example involving 
ethylene hydrogenation revealed how quantum chemical calculations provide esti- 
mates of the energies associated with elementary steps on catalytic surfaces that can 
be subsequently used in reaction simulations. Finally, microkinetic analysis is clearly 
moving toward the routine use of quantum chemical calculations as inputs to ki- 
netic models, with the ultimate goal of describing industrial chemical reactors. 


Exercises for Chapter 7 


1. In Section 7.2, the reaction paths of the Rh-catalyzed asymmetric hydrogenation 
of MAC were described in detail. The ratio of the S product to the R product, 
[S]/[R], was expressed in the limit of low [Equation (7.2.16)] and high 
[Equation (7.2.22)] pressure (or concentration) of dihydrogen. Use the rate 
constants in Table 7.2.1 to plot [S]/[R] as a function of Hz concentration. At 
what concentrations are Equation (7.2.16) and Equation (7.2.22) valid? 

2. Landis and Halpern studied the temperature dependence of the various rate 
constants in Table 7.2.1 [C. R. Landis and J. Halpern, J. Am. Chem. Soc., 109 
(1987) 1746]. The values of the individual activation energies and pre- 
exponential factors are: 
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Kinetic parameters for the asymmetric hydrogenation of MAC catalyzed by 


Rh(R,R-DIPAMP). 

— = Rok = soe 
kı (L mmol™! s~!) 49 232x10 6.9 1.21 x 10° 
k- 675 13.3 8.53 x 108 13.0 9.94 x 10° 
ko (L mmol™! s7!) 10.7 7.04 x 10° 7.5 1.84 X 10° 


a Activation energy, keal mol”. 
? Pre-exponential factor in the units of the rate constant. 


Source: C. R. Landis and J. Halpern, J. Am. Chem. Soc., 109 (1987) 1746. 


Determine the ratio of the S product to the R product, [S]/[R], as a function 
of temperature, over the range of 0 to 37°C. Keep the H, concentration at a 
constant value between the limits of high and low pressure as discussed in 
Exercise 1. 

A microkinetic analysis of ammonia synthesis over transition metals is 
presented in Section 7.3. Use the results of that analysis to explain how 
adsorbed nitrogen atoms (N*) can be the most abundant reaction intermediate 
on iron catalysts even though dissociative chemisorption of N, is considered 
the rate-determining step. 

Describe the main differences in the kinetics of ammonia synthesis over iron 
catalysts compared to ruthenium catalysts. 


The Horiuti-Polanyi mechanism for olefin hydrogenation as discussed in 
Section 7.4 involves 4 steps: 


Step 1 H, + 2* == 2H* 

Step 2 CH, + 2* <= *C,H,* 
Step 3 *C,H,* + H* <= *CH, + 2* 
Step 4 *CH, + H* = GH, + 2* 
Overall C-H, + H; = CH, 


Derive a rate expression for the hydrogenation of ethylene on Pt assuming 
steps 1, 2, and 3 are quasi-equilibrated, step 4 is virtually irreversible, and 
*C3Hs is the most abundant reaction intermediate covering almost the entire 
surface ([*]o ~ [*C2Hs]). Discuss why the rate expression cannot properly 
account for the experimentally observed half order dependence in H and zero- 
order dependence in ethylene. Could the observed reaction orders be explained 
if adsorbed ethylene (*C,H,*) were the most abundant reaction intermediate? 
Explain your answer. 

Read the paper entitled ““Microkinetics Modeling of the Hydroisomerization of 
n-Hexane,” by A. van de Runstraat, J. van Grondelle, and R. A. van Santen, 
Ind. Eng. Chem. Res., 36 (1997) 3116. The isomerization of n-hexane is a classic 
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example of a reaction involving a bifunctional catalyst, where a transition metal 
component facilitates hydrogenation/dehydrogenation and an acidic component 
catalyzes structural rearrangement. Section 5.3 illustrates the important 
reactions involved in hydrocarbon isomerization over bifunctional catalysts. 
Summarize the key findings of the microkinetic analysis by van de Runstraat 
et al. 


CHAPTER 


Nonideal Flow 
in Reactors 


8.1 | Introduction 


In Chapter 3, steady-state, isothermal ideal reactors were described in the context 
of their use to acquire kinetic data. In practice, conditions in a reactor can be quite 
different than the ideal requirements used for defining reaction rates. For example, 
a real reactor may have nonuniform flow patterns that do not conform to the ideal 
PFR or CSTR mixing patterns because of corners, baffles, nonuniform catalyst pack- 
ings, etc. Additionally, few real reactors are operated at isothermal conditions; rather 
they may be adiabatic or nonisothermal. In this chapter, techniques to handle non- 
ideal mixing patterns are outlined. Although most of the discussion will center 
around common reactor types found in the petrochemicals industries, the analyses 
presented can be employed to reacting systems in general (e.g., atmospheric chem- 
istry, metabolic processes in living organisms, and chemical vapor deposition for 
microelectronics fabrication). The following example illustrates how the flow pat- 
tern within the same reaction vessel can influence the reaction behavior. 


EXAMPLE 8.1.1 | 


In order to approach ideal PFR behavior, the flow must be turbulent. For example, with an 
open tube, the Reynolds number must be greater than 2100 for turbulence to occur. This flow 
regime is attainable in many practical situations. However, for laboratory reactors conduct- 
ing liquid-phase reactions, high flow rates may not be achievable. In this case, laminar flow 
will occur. Calculate the mean outlet concentration of a species A undergoing a first-order 
reaction in a tubular reactor with laminar flow and compare the value to that obtained in a 


PFR when (kL)/u = 1 (u = average linear flow velocity). 


m Answer 
The material balance on a PFR reactor accomplishing a first-order reaction at constant 


density is: 


IF)=0 


Parabolic velocity 
distribution u(7) 


u(0) = 2u 


kad 


Figure 8.1.1 | Schematic representation of laminar 
velocity profile in a circular tube. 


dF, dC, uscd, dC, 
v = At = —kC A 
d Ve d Vr A iC dz dz 


Integration of this equation with C, = C$ at the entrance of the reactor (z = 0) gives: 


For laminar flow: 


-ali (i) 


where r, is the radius of the tubular reactor (see Figure 8.1.1). 
The material balance on a laminar-flow reactor with negligible mass diffusion (discussed 
later in this chapter) is: 


u(r) —* = kC, 


Since u(7) is not a function of z, this equation can be solved to give: 


C,F)=C§ sl == 


TG 


s 
R | 


To obtain the mean concentration, C4, C A(T) must be integrated over the radial dimension as 
follows: 
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ra 
| C,(r)u(r)2ardr 
= Jo 


Ca Fi 
| ii(r) urd? 
0 


Thus, the mean outlet concentration of A, C4, can be obtained by evaluating C, at z = L. For 
(kL)/u = 1 the outlet value of C, from the PFR, C4, is 0.368 C$ while for the laminar-flow re- 
actor Ck = 0.443 CÌ. Thus, the deviation from PFR behavior can be observed in the outlet con- 
version of A: 63.2 percent for the PFR versus 55.7 percent for the laminar-flow reactor. 


8.2 | Residence Time Distribution (RTD) 


In Chapter 3, it was stated that the ideal PFR and CSTR are the theoretical limits 
of fluid mixing in that they have no mixing and complete mixing, respectively. Al- 
though these two flow behaviors can be easily described, flow fields that deviate 
from these limits are extremely complex and become impractical to completely 
model. However, it is often not necessary to know the details of the entire flow field 
but rather only how long fluid elements reside in the reactor (1.e., the distribution 
of residence times). This information can be used as a diagnostic tool to ascertain 
flow characteristics of a particular reactor. 

The “age” of a fluid element is defined as the time it has resided within the reac- 
tor. The concept of a fluid element being a small volume relative to the size of the re- 
actor yet sufficiently large to exhibit continuous properties such as density and con- 
centration was first put forth by Danckwerts in 1953. Consider the following experiment: 
a tracer (could be a particular chemical or radioactive species) is injected into a reac- 
tor, and the outlet stream is monitored as a function of time. The results of these ex- 
periments for an ideal PFR and CSTR are illustrated in Figure 8.2.1. If an impulse is 
injected into a PFR, an impulse will appear in the outlet because there is no fluid mix- 
ing. The pulse will appear at a time 7; = fo + 7, where 7 is the space time (7 = V/v). 
However, with the CSTR, the pulse emerges as an exponential decay in tracer con- 
centration, since there is an exponential distribution in residence times [see Equation 
(3.3.11)]. For all nonideal reactors, the results must lie between these two limiting cases. 

In order to analyze the residence time distribution of the fluid in a reactor the 
following relationships have been developed. Fluid elements may require differing 
lengths of time to travel through the reactor. The distribution of the exit times, de- 
fined as the E(t) curve, is the residence time distribution (RTD) of the fluid. The 
exit concentration of a tracer species C(t) can be used to define F(r). That is: 


C(t) 


oo (8.2.1) 
| C(i)di 
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E(t) = 


such that: 


| E(i)d? = 1 (8.2.2) 
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Figure 8.2.1 | 
Concentrations of tracer species using an impulse input. 
(a) PFR (tf, = fọ + 7). (b) CSTR. (c) Nonideal reactor. 
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With this definition, the fraction of the exit stream that has residence time (age) 
between f and t + dt is: 


E(t)dt (8.2.3) 


while the fraction of fluid in the exit stream with age less than f, is: 


| Elid (8.2.4) 
0 


EXAMPLE 8.2.1 | 


Calculate the RTD of a perfectly mixed reactor using an impulse of n moles of a tracer. 


m Answer 
The impulse can be described by the Dirac delta function, that is: 


= 0, t#t 
se- { Sy es 


such that: 
| S(t — to)dt = 1 


The unsteady-state mass balance for a CSTR is: 


dC 
V = nd(t) — vC 


accumulation input output 


where fy in the Dirac delta is set to zero and: 


© Cexp(7'n|) = (C) 


| | o exp(i/T)di 


0 


(d) 


(e) 


(f) 


(g) 


(h) 


G) 


Q) 


(k) 


18 4 
C(t) exp(t/r) — C(0) exp(0) = 9j SD E 


OE) 8 pease 
Ci) = exp(—t/T) —— exp(i/r)di 
0 
another property of the Dirac delta function is: 


ix Slt ~ to) f(d)dt = f(t) 


cw =(2) es 
Ct) = (2) eid 
C(t) 
E(t) = 
(2) [ea 

exp( Cun) 
BU) = —exp( EAN 
Hi) = Aa 


Thus, for a perfectly mixed reactor (or often called completely backmixed), the RTD is an 


exponential curve. 


VIGNETTE 8.2.1 | Le oe a. 


The concept of using a “tracer” species to measure the mixing characteristics is not 
limited to chemical reactors. In the area of pharmacokinetics, the time course of renal 
excretion of species originating from intravenous injections in many ways resembles 
the input of a pulse of tracer into a chemical reactor. Normally. a radioactive labeled 
CH, 11C, DP ete.) version of a drug is used to follow the pharmacokinetics of the drug 
in animals and humans. Analyses like those presented in this chapter and in other por- 
tions of the text are used to ascertain clearance times and other parameters of impor- 
tance. Good coverage of these topics can be found in M. Rowland and T. N. Tozer, 
Clinical Pharmacokinetics, Concepts and Application, 3rd ed.. Lippincott, Williams 
and Wilkins, Philadelphia, 1995. 
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Two types of tracer experiments are commonly employed and they are the in- 
put of a pulse or a step function. Figure 8.2.1 illustrates the exit concentration 
curves and thus the shape of the E(f)-curves (same shape as exit concentration 
curve) for an impulse input. Figure 8.2.2 shows the exit concentration for a step 
input of tracer. The E(¢)-curve for this case is related to the time derivative of the 


exit concentration. 
By knowing the E(f)-curve, the mean residence time can be obtained and is: 


| EdE 
() == = | Eli)dF (8.2.5) 
| EdT °° 
0 


EXAMPLE 8.2.2 | 


Calculate the mean residence time for a CSTR. 


E Answer 
The exit concentration profile from a step decrease in the inlet concentration is provided in 


Equation (3.3.11) and using this function to calculate the Æ(f)-curve gives: 


gem 
7 T 


E(t) 
Therefore application of Equation (8.2.5) to this E(#)-curve yields the following expression: 
ae ep yas 
it) = + iexp(—i/r)d? 
0 
Since: 


| xexp(—x)dx = 1 
0 


ih = n EA exp(~i/r)d(i/r) = 7 


r 
T ig 


As was shown in Chapter 3, the mean exit time of any reactor is the space time, 7. 


The RTD curve can be used as a diagnostic tool for ascertaining features of 
flow patterns in reactors. These include the possibilities of bypassing and/or re- 
gions of stagnant fluid (i.e., dead space). Since these maldistributions can cause 
unpredictable conversions in reactors, they are usually detrimental to reactor op- 
eration. Thus, experiments to determine RTD curves can often point to problems 
and suggest solutions, for example, adding or deleting baffles and repacking of 
catalyst particles. 
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Figure 8.2.2 | 
Concentrations of tracer species using a step input. 
(a) PFR (4 = to + 7). (b) CSTR. (ce) Nonideal reactor. 
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EXAMPLE 8.2.3 | 


Dimensionless concentration 


In Section 3.5 recycle reactors and particularly a Berty reactor were described. At high im- 
peller rotation speed, a Berty reactor should behave as a CSTR. Below are plotted the di- 
mensionless exit concentrations, that is, C(t)/C°, of cis-2-butene from a Berty reactor con- 
taining alumina catalyst pellets that is operated at 4 atm pressure and 2000 rpm impeller 
rotation speed at temperatures of 298 K and 427 K. At these temperatures, the cis-2-butene 
is not isomerized over the catalyst pellets. At £ = 0, the feed stream containing 2 vol % cis- 
2-butene in helium is switched to a stream of pure helium at the same total flow rate. Reac- 
tion rates for the isomerization of cis-2-butene into 1-butene and trans-2-butene are to be 
measured at higher temperatures in this reactor configuration. Can the CSTR material bal- 
ance be used to ascertain the rate data? 


m Answer 
The exit concentrations from an ideal CSTR that has experienced a step decrease in feed 


concentration are [from Equation (3.3.11)]: 
C/C° = exp[-t/r] 


If the RTD is that of an ideal CSTR (i.e., perfect mixing), then the decline in the exit con- 
centration should be in the form of an exponential decay. Therefore, a plot of In(C/ Gej 
versus time should be linear with a slope of ~7~'. Using the data from the declining por- 
tions of the concentration profiles shown in Figure 8.2.3, excellent linear fits to the data 
are obtained (see Figure 8.2.4) at both temperatures indicating that the Berty reactor is 
behaving as a CSTR at 298 K = T = 427 K. Since the complete backmixing is achieved 
over such a large temperature range, it is most likely that the mixing behavior will also 
occur at slightly higher temperatures where the isomerization reaction will occur over the 
alumina catalyst. 
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Figure 8.2.3 | Dimensionless concentration (C/C°) of cis-2-butene in exit stream of 
Berty reactor as a function of time. See Example 8.2.3 for additional details, 
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Figure 8.2.4 | Logarithm of the dimensionless concentration of cis-2-butene in exit 
stream of Berty reactor as a function of time. See Example 8.2.3 for additional details. 


8.3 | Application of RTD Functions to the 
Prediction of Reactor Conversion 


The application of the RTD to the prediction of reactor behavior is based on the as- 
sumption that each fluid element (assume constant density) behaves as a batch re- 
actor, and that the total reactor conversion is then the average conversion of all the 
fluid elements. That is to say: 


concentration of | fraction of exit stream 
reactant remaining in |} that consists of fluid 


= >, a fluid element of age || elements of age 
between tandt + dt || between ¢ and ż + dt 


(8.3.1) 


of reactant in 


mean an | 
reactor outlet 


where the summation is over all fluid elements in the reactor exit stream. This equa- 
tion can be written analytically as: 


(C) = | COED mE 
Q 


where C,(t) depends on the residence time of the element and is obtained from: 


Hea 


PA (8.3.3) 


with 
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For a first-order reaction: 
—— = -kC, (8.3.4) 


or 
C, = C? exp[—ke] (8.3.5) 


Insertion of Equation (8.3.5) into Equation (8.3.2) gives: 
(Cy) = | Ch exp[ ki JE (i) de (8.3.6) 
0 


Take for example the ideal CSTR. If the E(¢)-curve for the ideal CSTR is used 
in Equation (8.3.6) the result is: 


0 


(Ca = cf exp(—ki) exp(—t/r)dř 


0 


C 1% 1 
{Cw = f expl (i + 2) ilar 
Cà T Jo T 
that gives after integration: 
C 1 1 1 
f a) SS i exp| -( + 2): 
C4 T k+7 fe 


Notice that the result shown in Equation (8.3.7) is precisely that obtained from the 
material balance for an ideal CSTR accomplishing a first-order reaction. That is: 


or 


oO 


1 
’ RS (8.3.7) 


vC = vCa + VkCa 


or 


(8.3.8) 


Unfortunately, if the reaction rate is not first-order, the RTD cannot be used so di- 
rectly to obtain the conversion. To illustrate why this is so, consider the two reac- 
tor schemes shown in Figure 8.3.1. 

Froment and Bischoff analyze this problem as follows (G. F. Froment & 
K. B. Bischoff, Chemical Reactor Analysis and Design, Wiley, 1979). Let the 
PFR and CSTR have space times of 7, and 72, respectively. The overall RTD for 
either system will be that of the CSTR but with a delay caused by the PFR. Thus, 
a tracer experiment cannot distinguish configuration (1) from (ID in Figure 8.3.1. 


Figure 8.3.1 | 
PFR and CSTR in series. (I) PFR follows the CSTR, (I) CSTR follows the PFR. 


A first-order reaction occurring in either reactor configuration will give for the 


two-reactor network: 


Ci = ek 
Gy 1+ kr, 


This is easy to see; for configuration (I): 


pm: (CSTR) 
A 1+ kt 
Cc, 
—4 = exp[—kr,] (PFR) 
Ca 
or 
Ca ek 
Gy 1+ kr» 
and for configuration (II): 
C 
-4 = exp[—kr, | (PFR) 
CA 
Ch 1 
—4= (CSTR) 
Cy 1+ kr, 
or 
Ca _ ek 
cC? 1+ kt, 


Now with second-order reaction rates, configuration (I) gives: 


I1 + 4(kC87) 

ee p 
C VA 1 +kChr, 
c$ 2kC or, 


(8.3.9) 


(8.3.10) 
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while configuration (II) yields: 


Ci —1 +V 1 + 4kC?r, 
Ca 2KC}r, + kCOr,(-1 + V1 + 4kCSr2) 


If kC, = 1 and 7/7 = 4, configurations (I) and (ID give outlet dimensionless 
concentrations (C4/C) of 0.25 and 0.28, respectively. Thus, while first-order 
kinetics (linear) yield the same outlet concentrations from reactor configurations 
(I) and (II), the second-order kinetics (nonlinear) do not. The reasons for these dif- 
ferences are as follows. First-order processes depend on the length of time the mol- 
ecules reside in the reactors but not on exactly where they are located during their 
trajectory through the reactors. Nonlinear processes depend on the encounter of 
more than one set of molecules (fluid elements), so they depend both on residence 
time and also what they experience at each time. The RTD measures on/y the time 
that fluid elements reside in the reactor but provides no information on the details 
of the mixing. The terms macromixing and micromixing are used for the RTD and 
mixing details, respectively. For a given state of perfect macromixing, two extremes 
in micromixing can occur: complete segregation and perfect micromixing. These 
types of mixing schemes can be used to further refine the reactor analysis. These 
methods will not be described here because they lack the generality of the proce- 
dure discussed in the next section. 

In addition to the problems of using the RTD to predict reactor conversions, the 
analysis provided above is only strictly applicable to isothermal, single-phase sys- 
tems. Extensions to more complicated behaviors are not straightforward. Therefore, 
other techniques are required for more general predictive and design purposes, and 
some of these are discussed in the following section. 


(8.3.11) 


8.4 | Dispersion Models for 
Nonideal Reactors 


There are numerous models that have been formulated to describe nonideal flow in 
vessels. Here, the axial dispersion or axially-dispersed plug flow model is described, 
since it is widely used. Consider the situation illustrated in Figure 8.4.1. (The steady- 
state PFR is described in Chapter 3 and the RTD for a PFR discussed in Section 8.2.) 

The transient material balance for flow in a PFR where no reaction is occur- 
ring can be written as: 


ac, 
Acdz ee = uA-C; E [uAcC; + a(uACC;) | (8.4.1) 
(accumulation) (in) (out) 
or 
ac; ð 
=n (UC, 8.4.2 
at az uC) ) 
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Figure 8.4.1 | 

Descriptions for the molar flow rate of species i in a 
PFR and an axially-dispersed PFR. Ac: cross-sectional 
diameter of tube, u: linear velocity, D,: axial dispersion 
coefficient. 


where Ac is the cross-sectional area of the tube. If u = constant, then: 


(8.4.3) 


Now if diffusion/dispersion processes that mix fluid elements are superimposed on 
the convective flow in the axial direction (z direction), then the total flow rate can 
be written as: 
dC; 
F; = uA°C; — AcD, F (8.4.4) 
z 


(convection) (dispersion) 


Note that D, is called the axial-dispersion coefficient, and that the dispersion term 
of the molar flow rate is formulated by analogy to molecular diffusion. Fick’s First 
Law states that the flux of species A (moles/area/time) can be formulated as: 


dC 
Na = -Dae —*+ uC, (8.4.5) 


for a binary mixture, where D4, is the molecular diffusion coefficient. Since axial 
dispersion processes will occur by molecular diffusion during laminar flow, at this 
condition the dispersion coefficient will be the molecular diffusion coefficient. How- 
ever, with turbulent flow, the processes are different and D, must be obtained from 
correlations. Since D, is the molecular diffusion coefficient during laminar flow, it 
is appropriate to write the form of the dispersion relationship as in Equation (8.4.4) 
and then obtain D, from correlations assuming this form of the molar flow rate ex- 
pression. Using Equation (8.4.4) to develop the transient material balance relation- 
ship for the axially-dispersed PFR gives: 


aC; ac; [ aC; 
Acdz e = | uAcçC; — AcD, S | uAcC; ~ AcDa =z 


(accumulation) (Gn) (out) 


ac; \] 
+ af uAcC; AD, oa | (8.4.6) 
N oZ Jj 


(out) 
or for constant u and D,: 
aC; vc; 


+u az = Dyas (8.4.7) 
ot OZ z7 


If 0 = t/(t) = (tu)/L (L: length of the reactor), Z = z/L and Pe, = (Lu)/D, (axial 
Peclet number), then Equation (8.4.7) can be written as: 
ac, ôC; 1 aC, 
a0 ƏZ Pe, əz? 


(8.4.8) 


The solution of Equation (8.4.8) when the input (i.e., C; at t = 0) is an impulse is: 


c = {Pee : la Ba did TT 
i= ama) P) 40 Cre) 
Thus, for the axially-dispersed PFR the RTD is: 
ro) = (2) E ~ oree] 8.4.10 
AVe a 40 P 


A plot of E(@) versus @ is shown in Figure 8.4.2 for various amounts of dispersion. 
Notice that as Pe, —> œ (no dispersion), the behavior is that of a PFR while as 
Pe, — 0 (maximum dispersion), it is that of a CSTR. Thus, the axially-dispersed 
reactor can simulate all types of behaviors between the ideal limits of no back- 
mixing (PFR) and complete backmixing (CSTR). 

The dimensionless group Pe, is a ratio of convective to dispersive flow: 


Lu convective flow . ee ate 
in the axial direction (8.4.11) 


Pe 


1 D, dispersive flow 
The Peclet number is normally obtained via correlations, and Figure 8.4.3 illus- 
trates data from Wilhelm that are plotted as a function of the Reynolds number for 
packed beds (i.e., tubes packed with catalyst particles). Notice that both the Pe, 


and Re numbers use the particle diameter, d,, as the characteristic length: 


d,u dup 
= Re=-= 


Pe, $ 
D, H 


Impulse 


Measuring 
point 


0 0.5 1.0 1.5 2.0 
0 = t/<t> 
(b) 


Figure 8.4.2 | 
(a) Configuration illustrating pulse input to an axially-dispersed PFR. (b) Results observed 


at measuring point. 


It is always prudent to check the variables used in each dimensionless group prior 
to their application. This is especially true with Peclet numbers, since they can have 
many different characteristic lengths. 

Notice that in packed beds, Pe, = 2 for gases with turbulent flow Re = 
(d,up)/ 4 > 40, while for liquids Pe, is below 1. Additionally, for unpacked tubes, 


f 
4 
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Figure 8.4.3 | 

Axial and radial Peclet numbers as a function of Reynolds number for packed-beds. 
[Adapted from R. H. Wilhelm, Pure App. Chem., 5 (1962) 403, with permission of the 
International Union of Pure and Applied Chemistry. | 


Pe,(d,u/D,) is about 10 with turbulent flow (Re = (d,up)/j greater than 2100) 
(not shown). Thus, all real reactors will have some effects of dispersion. The ques- 
tion is, how much? Consider again Equation (8.4.7) but now define Pe, = d,u/ Da 
where d, is an effective diameter and could be either d, for a packed bed or d, for 
an open tube. Equation (8.4.7) can be then written as: 


aC; aC; /d,\ PC; 
i : ( ) (8.4.12) 


390 ƏZ Pe, \ L] a2? 


If the flow rate is sufficiently high to create turbulent flow, then Pe, is a constant and 
the magnitude of the right-hand side of the equation is determined by the aspect ra- 
tio, L/d,. By solving Equation, (8.4.12) and comparing the results to the solutions 
of the PFR [Equation (8.4.3)], it can be shown that for open tubes, L /d, > 20 is suf- 
ficient to produce PFR behavior. Likewise, for packed beds, L/d, > 50 (isothermal) 
and L/d, > 150 (nonisothermal) are typically sufficient to provide PFR character- 
istics. Thus, the effects of axial dispersion are minimized by turbulent flow in long 
reactors. 
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VIGNETTE 8.4.1 | 


B. G. Anderson et al. [/nd. Eng. Chem. Res., 37 (1998) 815] obtained in situ images of 
pulses of ''C-labeled alkanes that were passing through packed beds of zeolites by us- 
ing positron emission tomography (PET). PET is a technique developed primarily for 
nuclear medicine that is able to create three-dimensional images of gamma-ray emitting 
species within various organs of the human body. By using PET, Anderson et al. could 
obtain complete concentration profiles of 'IC-Jabeled alkanes as a function of time in a 
packed-bed 1 reactor upon introduction ofa pulse of the tracer alkane. Using analyses sim- 
; ilar to those ilhvetrated in ‘this chapter, ihe folovans data were obtained: 


a o : TT = Axial dispersion coeff. (m?/s) 
H-Mordenite 230 11x 1074 
H-Beta 230 = 2I 1074 
H-ZSM-22 170 12 «107 


H-Ferrierite 170 lex toe 


The measured axial dispersion poetics are around | x 10 7 m/s. The reactor was 
4 mm in diameter and the volumetric flow rate was 150 mL/min. Assuming a void vol- 
ume of 0.5 and Pe = 2, D, is calculated to be approximately | xX 10°4 m/s. Thus, the 
value calculated with the information presented in Figure 8.4.3 is in good agreement 
with the experimental findings. 


8.5 | Prediction of Conversion with 
an Axially-Dispersed PFR 


Consider (so that an analytical solution can be obtained) an isothermal, axially- 
dispersed PFR accomplishing a first-order reaction. The material balance for this 
reactor can be written as: 

ae, dC, 


Pye oe kC, = 0 (8.5.1) 


Ify = C,/C4, Z = 2/L, and Pe, = uL/D,, then Equation (8.5.1) can be put into di- 
mensionless form as: 


i dy _& _ (ih) 4 (8.5.2) 
Pe, da2 dZ \u/> ee 


The proper boundary conditions used to solve Equation (8.5.2) have been exhaus- 
tively discussed in the literature. Consider the reactor schematically illustrated in 
Figure 8.5.1. The conditions for the so-called “open” configuration are: 
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Pre-reaction Reaction zone Post-reaction 
zone zone 


Z=0 Z=1 


Figure 8.5.1 | 
Schematic of hypothetical reactor. 


Z=-w, y=l 


Z= +œ, y= is finite (8.5.3) 
Z=0, y(0-) = y(0,) = y(0) E 
Z=1, y -) = y(14) 


Note that the use of these conditions specifies that the flux continuity: 


dC, ea 
a DE = | uC, — Da —— 
jc, ay dz ll. |u A a dz 04 
gives: 
dC dC, 
D, — = D, —— 
“a dz adz 


That is to say that if the dispersion coefficients in zones 1 and 2 are not the same, 
then there will be a discontinuity in the concentration gradient at z = 0. Alterna- 
tively, Danckwerts formulated conditions for the so-called “closed” configuration 
that do not allow for dispersion in zones | and 3 and they are: 


dC, 
uCalo = | uC — Da” 
E ee (8.5.4) 
dC, =0 
dz \,_ 


The Danckwerts boundary conditions are used most often and force discontinuities 
in both concentration and its gradient at z = 0. 


EXAMPLE 8.5.1 | 


Consider an axially-dispersed PFR accomplishing a first-order reaction. Compute the di- 
mensionless concentration profiles for L /d, = 5 and 50 and show that at isothermal con- 
ditions the values for L /dy = 50 are nearly those from a PFR. Assume Pe = dpu/ Da = 2, 
d, = 0.004 m and k/u = 25 m™'. 
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Em Answer 
The material balance for the axially-dispersed PFR is: 


d’y Pe th dy L’kPe, E 
agi Peet) N ia 
or 
d*y dy 
— (500L) = — (12500L”)y = 0 
7 (SOOL) a ( yy 


The solution to this equation using the Danckwerts boundary conditions of: 


1 (4p\ dy 
l= tZ 
y a(¢)2 mee 


dy _ 
dZ 


0 atZ = 1 


gives the desired form of y as a function of Z and the result is: 
y = a, exp(524LZ) + œ exp(—23.9LZ) 


where œ, and @ vary with L/ d,. The material balance equation for the PFR is: 


ee 
ae ee 
or 
dy _ [Lk 
dZ u 
with 
y=1 atZ=0 


The solution to the PFR material balance gives: 
ype = exp[—(kLZ)/u] = exp[—25LZ] 


Note that the second-term of y is nearly (but not exactly) that of the expression for ypp and 
that the first-term of y is a strong function of L. Therefore, it is clear that L will significantly 
affect the solution y to a much greater extent than ypp and that y # yp, even for very long 
L. However, as shown in Figure 8.5.2, at L/dp = 50, y = ypp for all practical matters. No- 
tice that y # | at Z = 0 because of the dispersion process. There is a forward movement of 
species A because of the concentration gradient within the reaction zone. The dispersion al- 
ways produces a lower conversion at the reactor outlet than that obtained with no mixing 
(PFR)—+tecall conversion comparisons between PFR and CSTR. 
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Figure 8.5.2 | Dimensionless concentration profiles 
for axially-dispersed (y) and plug flow (ypp) reactors. 


VIGNETTE 8.5.1| -o ~ 


Y. Park et al. [Biotech. Bioeng.. 26 (1984) 457) analyzed a fixed-film bioreactor for the 
continuous production of penicillin. The bioreactor (Figure 8.5.3, left) was modeled in 
the two extremes of contacting patterns (Figure 8.5.3; right). Notice from the results 
shown in Figure 8.5.4 that the productivity of penicillin at any substrate feed concen- 
tration, So. is higher for the CSTR configuration: Thus, it would be important to know 
the exact mixing pattern within the bioreactor and to modify it to resemble more closely 
a CSTR reactor. 
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Figure 8.5.4 | Comparison of performance of completely backmixed and plug flow 
contacting patterns. [Reproduced trom “Analysis of a Continuous, Aerobic Fixed-Film 
Bioreactor. |. Steady-State Behavior,” by P. Park, M. E. Davis. and D. A. Wallis. Biotech. 
Bioeng., 26 (1984) 457. copyright © 1984. Wiley-Liss, Inc., a subsidiary of John Wiley 
and Sons, Inc.] 
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8.6 | Radial Dispersion 


Like axial dispersion, radial dispersion can also occur. Radial-dispersion effects nor- 
mally arise from radial thermal gradients that can dramatically alter the reaction rate 
across the diameter of the reactor. Radial dispersion can be described in an analo- 
gous manner to axial dispersion. That is, there is a radial dispersion coefficient. A 
complete material balance for a transient tubular reactor could look like: 


(8.6.1) 


ac ac PC °C 18C 
+u = D, p a $ Lac 

ot Oz dz or2 r or 
If@= tt) = (tu)/L,Z = 2/L, R= r/d, (de is d, for packed beds, d, for unpacked 
tubes), Pe, = (ud,)/D, and Pe, = (ud,)/D, (D, is the radial-dispersion coefficient), 
then Equation (8.6.1) can be written as: 


ac ac 1l (4) 4 o1 Hz i L] (8.6.2) 
39 ƏZ Pe,\di) ƏZ? Pe, \d, /L aR? RƏR Á 


e 


The dimensionless group Pe, is a ratio of convective to dispersive flow in the radial 
direction: 
du convective flow . 


Pe, = = — : in radial direction (8.6.3) 
dispersive flow 


Referring to Figure 8.4.3, for packed beds with turbulent flow, Pe, = 10 if d, = dp. 
For unpacked tubes, de = d, and Pe, ~ 1000 with turbulent flow (not shown). 
Solution of Equation (8.6.1) is beyond the level of this text. 


8.7 | Dispersion Models for Nonideal 
Flow in Reactors 


As illustrated above, dispersion models can be used to described reactor behavior 
over the entire range of mixing from PFR to CSTR. Additionally, the models are 
not confined to single-phase, isothermal conditions or first-order, reaction-rate func- 
tions. Thus, these models are very general and, as expected, have found widespread 
use. What must be kept in mind is that as far as reactor performance is normally 
concerned, radial dispersion is to be maximized while axial dispersion is minimized. 
The analysis presented in this chapter can be used to describe reaction con- 
tainers of any type—they need not be tubular reactors. For example, consider the 
situation where blood is flowing in a vessel and antibodies are binding to cells on 
the vessel wall. The situation can be described by the following material balance: 


ac PC p (2 l ac) 


o? Tror (8 


with 
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ôC 


uCy = uC — Di atz = 0, ally 
oz 
ac 2 
—=0 atz = L,allr 
Oz 
eC 5 atr = O,allz 
or 
ôC — ara 
D, = AB atr =r ,allz 
7 


where C is the concentration of antibody, 7, is the radius of the blood vessel and AB 
is the rate of antibody binding to the blood vessel cells. Thus, the use of the dis- 
persion model approach to describing flowing reaction systems is quite robust. 


Exercises for Chapter 8 


1. Find the residence time distribution, that is, the effluent concentration of tracer 
A after an impulse input at ¢ = 0, for the following system of equivolume CSTRs 
with a volumetric flow rate of liquid into the system equal to v: 


How does the RTD compare to that of a single CSTR with volume 2V? 


2. Sketch the RTD curves for the sequence of plug flow and continuous stirred 
tank reactors given in Figure 8.3.1. 


3. Consider three identical CSTRs connected in series according to the diagram 
below. 


(a) Find the RTD for the system and plot the E curve as a function of time. 
(b) How does the RTD compare to the result from an axially-dispersed PFR 
(Figure 8.4.2)? Discuss you answer in terms of the axial Peclet number. 

(c) Use the RTD to calculate the exit concentration of a reactant undergoing 

first-order reaction in the series of reactors. Confirm that the RTD method 
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gives the same result as a material balance on the system (see Example 
3.4.3). 
Calculate the mean concentration of A at the outlet (z = L) of a laminar flow, 
tubular reactor (C4) accomplishing a second-order reaction (kC 2), and 
compare the result to that obtained from a PFR when [(C OKL)/ u] = 1. Referring 
to Example 8.1.1, is the deviation from PFR behavior a strong function of the 
reaction rate expression (i.e., compare results from first- and second-order 
rates)? 
Referring to Example 8.2.3, compute and plot the dimensionless exit 
concentration from the Berty reactor as a function of time for decreasing 
internal recycle ratio to the limit of PFR behavior. 
Consider the axially-dispersed PFR described in Example 8.5.1. How do the 
concentration profiles change from those illustrated in the Example if the 


second boundary condition is changed from: 
dy 
=== t Z=1 
7 0 a 


to 
y=0 at Z= oo 


Write down in dimensionless form the material balance equation for a laminar 
flow tubular reactor accomplishing a first-order reaction and having both axial 
and radial diffusion. State the necessary conditions for solution. 

Falch and Gaden studied the flow characteristics of a continuous, multistage 
fermentor by injecting an impulse of dye to the reactor [E. A. Falch and 
E. L. Gaden, Jr., Biotech. Bioengr., 12 (1970) 465]. Given the following RTD 
data from the four-stage fermentor, calculate the Pe, that best describes the 
data. 


Impulse Response Curve from a Four-Stage Fermenter 


Residence time distribution 


0 0.5 1 1.5 2 2.5 
Dimensionless time, t/<t> 


CHAPTER 8 Nonideal Flow in Reactors 285 


10. 


t/<t> RTD t/<t> RTD 
0.000 0.000 0.950 0.745 
0.050 0.001 0.990 0.710 
0.090 0.040 1.035 0.675 
0.120 0.080 1.080 0.630 
0.170 0.140 1.110 0.600 
0.210 0.220 1.180 0.550 
0.245 0.330 1.200 0.525 
0.295 0.420 1.240 0.485 
0.340 0.530 1.290 0.460 
0.370 0.590 1.365 0.380 
0.420 0.670 1.410 0.360 
0.460 0.730 1.450 0.325 
0.500 0.810 1.490 0.310 
0.540 0.830 1.580 0.250 
0.590 0.860 1.670 0.220 
0.630 0.870 1.760 0.180 
0.670 0.875 1.820 0.150 
0.710 0.850 1.910 0.140 
0.750 0.855 2.000 0.125 
0.790 0.845 2.120 0.100 
0.825 0.840 2.250 0.080 
0.870 0.810 2.320 0.070 
0.920 0.780 


Using the value of the Pe, determined in Exercise 8, compute the concentration 
profile in the reactor for the reaction of catechol to L-dopa catalyzed by whole 
cells according to the following rate of reaction: 


dCs _ TmaxC's 
dt K,, + Cs 


where Cs is the concentration of substrate catechol. This reaction is discussed 
in Example 4.2.4. The values of the various parameters are the same as those 
determined by the nonlinear regression analysis in Example 4.2.5, that is, 
CÌ = 0.027 mol L~!, tax = 0.0168 mol L`! h™', and K,, = 0.00851 mol 
L~'. Assume that the mean residence time of the reactor is 2 h. 

Using the same rate expression and parameter values given in Exercise 9, 
compute the concentration profile assuming PFR behavior and compare to 
the results in Exercise 9. 


CHAPTER C 


Nonisothermal Reactors 


9.1 | The Nature of the Problem 


In Chapter 3, the isothermal material balances for various ideal reactors were derived 
(see Table 3.5.1 for a summary). Although isothermal conditions are most useful for 
the measurement of kinetic data, real reactor operation is normally nonisothermal. 
Within the limits of heat exchange, the reactor can operate isothermally (maximum 
heat exchange) or adiabatically (no heat exchange); recall the limits of reactor be- 
havior given in Table 3.1.1. Between these bounds of heat transfer lies the most com- 
mon form of reactor operation—the nonisothermal regime (some extent of heat ex- 
change). The three types of reactor operations yield different temperature profiles 
within the reactor and are illustrated in Figure 9.1.1 for an exothermic reaction. 

If a reactor is operated at nonisothermal or adiabatic conditions then the ma- 
terial balance equation must be written with the temperature, T, as a variable. For 
example with the PFR, the material balance becomes: 


a F,,T 9.1.1 

av, es bT) (9.1.1) 
Since the reaction rate expression now contains the independent variable T, the material 
balance cannot be solved alone. The solution of the material balance equation is only 
possible by the simultaneous solution of the energy balance. Thus, for nonisothermal re- 
actor descriptions, an energy balance must accompany the material balance. 


9.2 | Energy Balances 


Consider a generalized flow reactor as illustrated in Figure 9.2.1. Applying the 
first law of thermodynamics to the reactor shown in Figure 9.2.1, the following 
is obtained: 


Q- (W, Poa Vee En Vin) = U yu + Mou (Zou (8/8) F 2 Mou /Be) (9.2.1) 


F =- fy eae, 
= Uin T My (Zin (8/86) + 2 Uin/&e) 


<a PFR — 


Adiabatic 


/ N 
srepffrresrrrererrererrrarersereessees qeeeeseeseeseeeeri Isothermal 


Temperature 


~~ Nonisothermal 


Length 


Figure 9.1.1 | 
Temperature profiles in a PFR accomplishing an 
exothermic reaction. 
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Figure 9.2.1 | 
Schematic of flow reactor and energy terms. 


where W, is “shaft work,” that is, pump or turbine work, U, is the internal energy of 
stream i, m; is the mass of stream i, P; is the pressure of stream i, V; is the volume 
of mass i, u; is the velocity of stream i, z; is the height of stream 7 above a datum 
plane, and g, is the gravitational constant, for i denoting either the outlet or inlet 
stream. For most normal circumstances: 


W,=0 (9.2.2) 
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and 
Mou (Zour(8/e) + 3 Wau /Se) = Min Fin(8/Be) + 2 Uh/8e) 
Using these assumptions to simplify Equation (9.2.1) yields: 
Q = (You + Pour You) — Un + Pin Vin) (9.2.3) 
Recall that the enthalpy, H, is: 
H=U+PV (9.2.4) 
Thus, Equation (9.2.3) can be written as: 
Q = Hey: > Hi (9.2.5) 


However, since it is more typical to deal with rates of energy transfer, Q , rather than 
energy, Q, when dealing with reactors, Equation (9.2.5) can be differentiated with 
respect to time to give: 


Q = hout Mout “> Hin Min (9.2.6) 


where Q is the rate of heat transfer, h; is the enthalpy per unit mass of stream i, and 
m is the mass flow rate of stream i. Generalizing Equation (9.2.6) to multi-input, 
multi-output reactors yields a generalized energy balance subject to the assumptions 
stated above: 


z= 5 . conservation 
Q A = houwMout = 5 hin Min ( of energy (9 2 7) 
outlet inlet ir 
streams streams 
p 7 N conservation 
0 = D Mou T > Min ( of mass ) (9.2.8) 
outlet inlet aa 
streams streams 


Note that the enthalpy includes sensible heat and heat of reaction effects as will be 
illustrated below. 

For a closed reactor (e.g., a batch reactor), the potential and kinetic energy terms 
in Equation (9.2.1) are not relevant. Additionally, W, = 0 for most cases (including the 
work input from the stirring impellers). Since most reactions carried out in closed re- 
actors involve condensed phases, A(PV) is small relative to AU, and for this case is: 


Q ca AU a: U sodik i U ini (9.2.9) 
or from Equations (9.2.9) and (9.2.4): 


Q = AH, PY = constant (conservation of energy) (9.2.10) 


9.3 | Nonisothermal Batch Reactor 


Consider the batch reactor schematically illustrated in Figure 9.3.1. Typically, re- 
actants are charged into the reactor from point (1), the temperature of the reactor 
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Figure 9.3.1 | 
Schematic of a batch reactor. 


is increased by elevating the temperature in the heat transfer fluid, a temperature 
maximum is reached, the reactor is then cooled by decreasing the temperature of 
the heat transfer fluid and products discharged via point (ID). 

To describe this process, material and energy balances are required. Recall 
that the mass balance on a batch reactor can be written as [refer to Equation 
(3.2.1)]: 

LA = ur(n T) (9.3.1) 
mee wa Je 
V dt ag 
If in the rare case that the reactor is accomplishing a constant pressure gas-phase 
reaction at nonisothermal conditions: 


V=V)(1 + TE (9.3.2) 


To solve the mass balance, it must be accompanied by the simultaneous solution of 
the energy balance (i.e., the solution of Equation (9.2.9)). To do this, Equation (9.2.9) 
can be written in more convenient forms. Consider that the enthalpy contains both 
sensible heat and heat of reaction effects. That is to say that Equation (9.2.10) can 
be written as: 


heat exchange = (change in sensible heat effects) 
+ (the energy consumed or released 


by reaction) (9.3.3) 
or 
Tanar Parot a 
Q= | (MS‘(C,,dT + AH,d®) (9.3.4) 
T initia P initia 
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Figure 9.3.2 | 
Enthalpy pathways. 


where ® is the extent of reaction (see Chapter 1), AH, is the heat of reaction, MS 
is the total mass of the system, and (C,) is an average heat capacity per unit mass for 
the system. Since enthalpy is a state variable, the solution of the integral in Equation 
(9.3.4) is path independent. Referring to Figure 9.3.2, a simple way to analyze the in- 
tegral [pathway (1)] is to allow the reaction to proceed isothermally [pathway (ID] and 
then evaluate the sensible heat changes using the product composition [pathway (IID)]. 
That is, 


Tiinat 


Q T AA, |r, Pina ws D initiat) + MS (C paT (9.3.5) 


final \~ Pfina 
T initial 

where a positive value for the heat of reaction denotes an endothermic reaction. 
Since the reaction-rate expressions normally employ moles of species in their 
evaluation: 


Tina 


T iea 


MSgna (C, dT = X, (aC, aT (9.3.6) 


Prinal/ 
i 
T initial T inisial 


where n; is the moles of species i, and C, is the molar heat capacity of species i. Note 
also that the heat exchange is the integral over time of the heat transfer rate, that is, 


Q= [óa = |ua, (T° — T)dt (9.3.7) 


where U is an overall heat transfer coefficient, Ay is the heat transfer area, and 
T” is the reference temperature. Combining Equations (9.3.7), (9.3.6), and (9.3.5) 
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and recalling the definition of the extent of reaction in terms of the fractional 
conversion [Equation (1.2.10)] gives: 


t : 7 a AH, T° Tans 
| UAy (T* ~ T)dt = — me fe + S| 1; | C,,aT (9.3.8) 
t i T, 


t 
0 initial 


or in differential form: 


: —-AH, |r df dT 
UAn (T-T) = — rE aa È (u Co) (9.3.9) 
Notice that [see Equations (1.2.10) and (1.3.2)]: 
0 
ne dfe d® 

-= — = — = rV 3.10 
—ve dt dt g O ) 

Using Equation (9.3.10) in Equation (9.3.9) yields: 

dT 

UAy (T* — T) = AH,|porV + > ( (n; C,,) Nae (9.3.11) 


Equations (9.3.11), (9.3.9), and (9.3.8) each define the energy balance for a batch reactor. 


EXAMPLE 9.3.1 


Show that the general energy balance, Equation (9.3.9), can simplify to an appropriate form 
for either adiabatic or isothermal reactor operation. 


E Answer 
For adiabatic operation there is no heat transfer to the surroundings (i.e., U = 0). For this 
case, Equation (9.3.9) can be written as: 


a 9 dT 
=e + C,) 
Ve 2 (n: J) dt 
or when integrated as: 
AH, | 70 al fe 
T=T°+ (9.3.12) 


Ve py (n,C,,) 


If the reactor is operated at isothermal conditions, then no sensible heat effects occur and 
Equation (9.3.9) becomes: 


~ AH, | 0 o He 


ae a (9.3.13) 


UA,(T’ — T°) = 


The description of the nonisothermal batch reactor then involves Equation (9.3.1) 
and either Equation (9.3.9) or (9.3.11) for nonisothermal operation or Equation (9.3.12) 
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for adiabatic operation. Notice that for adiabatic conditions, Equation (9.3.12) provides 
a relationship between T and f;. Insertion of Equation (9.3.12) into Equation (9.3.1) 
allows for direct solution of the mass balance. 


EXAMPLE 9.3.2 | 


The hydration of 1-hexene to 2-hexanol is accomplished in an adiabatic batch reactor: 


OH 
POR SO H0 => e 
(C) 


(A) (B) 


The reactor is charged with 1000 kg of a 10 wt. % H2SO, solution and 200 kg of 1-hexene 
at 300 K. Assuming that the heat capacities for the reactants and products do not vary with 
temperature, the heat of reaction does not vary with temperature, and the presence of H2SO4 
is ignored in the calculation of the heat capacity, determine the time required to achieve 
50 percent conversion and the reactor temperature at that point. 


Data: 


C; (cal/(mol-k)) AH; (kcal/mol) 


1-hexene 43.8 —10.0 
HO 16.8 —68.0 
2-hexanol 54.0 — 82.0 


reaction rate constant: k = 10‘ exp{[—104/(R,T)] (s7') 


m Answer 
The material balance on the batch reactor is: 


dCa = ae 
dt 
or 
dfa 
— = k(1 -f 
dt ( 4 a) 


since the reaction is first-order (units on k and large excess of water; 1-hexene is the limit- 
ing reagent). The energy balance is: 


AH, | 7° n? fe 
T= T + ~a 
ved (Cp) 
where v; = —1. In order to calculate the heat of reaction, the standard heats of formation 


can be used as follows: 


AH! = ~82 + 68 + 10 = —4 kcal/mol 
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Thus, the energy balance equation can be written: 
(4000) n§ fa 
na (L = fa) Cp, + n4 M = fa) Cp, + nafa Cp, 


T=To+ 


where 
MW = 70/0 
M = ng/na 
The values of n% and nj are: 


n§ = (2 X 10° g)(1 mol/84 g) = 2381 mol 
ng = (9 X 10° g)(1 mol/18 g) = 50000 mol 


so that: 
np/ny = 21 
By placing the values for n$, M,T°, and the C p into the energy balance, the result is: 


4000 fy 
421.8 — 7.8 fy 


T = 300 + 


The material balance equation is then solved with k(T) being first converted to k( f4) by sub- 
stitution of the energy balance for T: 


—10* 
— 1m 
k = 10° exp 4000 £, 
R, | 300 + EREE 
: 421.8 — 7.8 fa 


The material balance equation must be solved numerically to give t = 1111 s or 18.52 min. 
The reactor temperature at this point is obtained directly from the energy balance with f, = 0.5 
to give T = 304.8 K. 


EXAMPLE 9.3.3 | 


Consider accomplishing the reaction A + B = C in a nonisothermal batch reactor. The re- 
action occurs in the liquid phase. Find the time necessary to reach 80 percent conversion if 
the coolant supply is sufficient to maintain the reactor wall at 300 K. 


Data: 
C4 = 0.5 mol/L AH, = —15 kJ/mol 
C$ = 0.6 mol/L UAy = 50 J/(s-K) 
Cp, = Cp, = 65 J/(mol-K) C,, = 150 J/(mol-K) 
n§ = 100 mol 


r 
| 


k=5xX 107? exp) 


20000 J/mol / 1 1 
R (G 3) (L/mol/s) 


g J 
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m Answer 
The material balance for the batch reactor is: 
dfs = 
=p 7 HCA — a 
The energy balance can be written as: 
i dfa; : dT 
UA, (T° — T) = AH, n i H [A = a) Cp, + a (1.2 = fa) Cp, + AA Sa Cp, y 
The material and energy balance equations must be solved simultaneously. A convenient form 
for solution by numerical techniques is: 
dfa 7 "\ 0 4 
at a(T, fa) = KT)CA O = fa).2 — fa) 
aT _ UA, (300 ~ T) — AH, nS g(T, fa) 
dt on = fa) Cp, + na (1.2 = Cy, ota. 
with fy = 0 and T = 300 K at ż = 0. The results are shown in Figure 9.3.3. From the data 
given in Figure 9.3.3, it takes 462 s to reach a fractional conversion of 0.8. Additionally, the 
final temperature is 332 K. Notice that the final temperature is not the maximum tempera- 
ture achieved during the reaction, in contrast to adiabatic operation. 
0.8 3404 
s 4 
BS} a 4 
5 0.6 x 330 ] 
S p J 
° = 4 
= E ] 
= 04 5 4 
E a A 
g E | 
È 0.2 aoa 
4 
i pei T EEY J a Sid T T agt ane Maa 5 T aa ieee Ba a | ee ee nes ae aa aS il Tr LS aiy WS i a Sa aes Ta a Ti 
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Time (s) Time (s) 


Figure 9.3.3 | Fractional conversion and temperature profiles for the reactor described in Example 9.3.3. 
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VIGNETTE 9.3.1 | ; 


M. Kladko [CHEMTECH, 1 (1971) 141] presented an interesting case study of per- 
forming a liquid-phase, exothermic isomerization reaction. In a 50 gal steam-heated 
reactor, the reaction of A —> B was adequately conducted with a 1:1 ratio of A to sol- 
`- vent. However, when scaling-up to a 750 gal glass-lined reactor with a reactant-to- 
solvent ratio of 2:1, the batch exothermed violently and the reaction ran out of con- 
trol. The batch erupted through a safety valve and vented. Thus, the effects of the 
ratio of heat transfer area to reactor volume are nicely demonstrated in this case 
study. For small vessels the ratio of heat transfer area to reaction volume is higher 
than for larger vessels oe hus the omami heat of reaction more oe 
removed. _ o 
The analysis of this problem led to ihe an illustrated below. A reactor was 
constructed asa semibatch reactor (solvent initially charged into the reactor and re- 
_actant fed over ti n e) and a heating and cooling cycle employed (see Figure 9.3. a 
The reactor was operated and the results are shown in Figures 9.3.5-9.3.7. 


Thermowell 


_Jacket oil 


Figure 9.3.4 | Plant installation for 
_“semibatch” isomerization showing 
_ heating/cooling circuits, [Adapted from 
“The Case of a Real Engineering Design 
Problem” by M. Kladko, CHEMTECH 
(now Chemical Innovation), 1 (1971) 141, 
with permission of the author and the 
American Chemical Society, copyright 
1971] = 
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Feed rate of A (Ib/h) 
(QD) siuaiues J016 [R10], 


I By versus time. [Adapted from 
ASE O ji oblem” by M. Kladko, CHEMTECH (now 
Chemical Innova. n) l d I) 14 with] permission of the author and the American 
Chemical Society. , copyright 19711 
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Figure 9.3. | Heat flux versus time. [Adapted from “The Case of a Real Engineering 
Design Problem” by M. Kladko, CHEMTECH (now Chemical Innovation), 1 (A971) 141, 
with permission of the author and the American Chemical Society. copyright 1971] 


9.4 | Nonisothermal Plug Flow Reactor 


Consider a PFR operating at nonisothermal conditions (refer to Figure 9.4.1). 
To describe the reactor performance, the material balance, Equation (9.1.1), 
must be solved simultaneously with the energy balance, Equation (9.2.7). As- 
suming that the PFR is a tubular reactor of constant cross-sectional area and 
that T and C; do not vary over the radial direction of the tube, the heat trans- 
fer rate Q can be written for a differential section of reactor volume as (see 


Figure 9.4.1): 


dQ = U(T* — T)dAy = U(T* — T) de (9.4.1) 
since 
dAy = wd,dz (differential area for heat transfer) 
and 
dV, = Tal dz (differential reactor volume) 


4 
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dQ 
dVp 
Íi j fit df 
F= F” P F;+dF;= F?" 
— > 

hi th, + dh, 
Tin Pout 

dz 


Figure 9.4.1 | 
Schematic of differential fluid volume in a nonisothermal PFR. 


where d, is the diameter of the tubular reactor. Recall again that the enthalpy con- 
tains both sensible heat and heat of reaction effects. Thus, the energy balance Equa- 
tion (9.2.7) can be written for the differential fluid element of the PFR as: 


5 out i in a AH, |7° 0 
ao = SF fs C„dT)- (Fi | C,aT)-— Fidh O42) 


i i T? 


where the heat of reaction is evaluated at a reference temperature T° and C,, is the mo- 
lar heat capacity of species i. Normally, T° is taken as the reactor entrance temperature. 


EXAMPLE 9.4.1 


Show that the general energy balance, Equation (9.4.2), can simplify to an appropriate form 
for either adiabatic or isothermal reactor operation. 


u Answer 
For adiabatic operation dQ = 0. Thus, Equation (9.4.2) simplifies to: 


Tou Tia AH, | 70 
out in rT Q 
DF C,,4T )—~>| FF] C,4T)= o Pete (9.4.3) 


i T' T° A 


i 


If T° is the temperature at the reactor entrance and the conversion is zero at this point, then 
Equation (9.4.3) can be written for any point in the PFR as: 


T AH, | 7 
DF; | Cp aT = ——— Fife (9.4.4) 
i a f 


re 
Equation (9.4.4) relates the conversion to the temperature for an adiabatic PFR. If the reac- 
tor is operated isothermally, then: 


Gore Cay 9.4.5 
Q p e dfe (9.4.5) 
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EXAMPLE 9.4.2 | 


(From C. G. Hill, An Introduction to Chemical Engineering Kinetics and Reactor Design, 


Wiley, 1977, pp. 362-364.) 
Butadiene and ethylene can be reacted together to form cyclohexene as follows: 


AN 
CH, = CHCH = CH, + CH = CH, => P 
(B) (Œ) 
(© 


If equimolar butadiene and ethylene at 450°C and 1 atm are fed to a PFR operating adiabat- 
ically, what is the space time necessary to reach a fractional conversion of 0.10? 


Data: 


k = 10%% exp[ —27,500/(R,T)] L/mol/s 
AH, = —30000 cal/mol 

Cp, = 36.8 cal/mol/K 

C,, = 20.2 cal/mol/K 
Cpe = 59.5 cal/mol/K 


E Answer 
Assume that each C, is not a strong function of temperature over the temperature range obtained 
within the PFR (i.e., each is not a function of T). The material and energy balance equations are: 


dF of l-fe 2/T°Y 
2 = kC} = Kep] mall ) 


1 + eg fp T 


and 


Thus, the material balance can be written as: 


df, [ t-fe P/T 
es me ( ) 
dr [1-05 f;| \F 


since €g = 0.5 paw = —0.5. Now for the energy balance, 


Lie 
7 


` 
> ! CT = DC, | dT since C, #C, (T) 
i i FA 


dre po 


1—2] 
| 


Thus, 


T 
SAG, | dT = FY(1 — fy)(36.8)(T — T°) + F8(1 — fo(20.2X(T — T°) 
+ F$ fa(59.5)(T — T°) 
or 
T 
DAG, | dT = (57 + 2.5 fy) FR(T — T°) 
i T° 


The energy balance then becomes: 


(30,000) 
(57 + 2.5 fy) F8 (T — T°) = CD TA 
or 
(30,000) fy 
= 72 
ss ar EEST 


The solution of the material balance equation: 


ae Y dfg 
o Ce toh f 123 
B| 1 — 0.5 fg T 
with T from the energy balance gives a value of r = 47.1 s. Additionally, the exit tempera- 
ture is 775 K. 


VIGNETTE 9.4.1 


Over the i year of a child’s life in te United States, the child receives vaccines for 
: immunization against hepatitis B. diphtheria, tetanus, pertussis (whooping cough), 
_ haemophilus influenzae, polio, measles, , mumps, rubella, and chicken pox. Numerous vac- 
cines are based on viruses in some form. The growth of viral-based vaccines typically oc- 
curs in bioreactors that are just tanks. However, when the aqueous medium that is used 
to grow the viral products is to expelled, it must be “decontaminated.” To do so, the 
fluid is mixed with H20- and flows through a tubular reactor. The HO, is used to kill 
any living material in the tubu ctor. Thus, 7 must be fixed to a sufficiently long time 
to assure complete death of al , matter prior to exiting the reactor. The temperature 
of this reactor must ‘be y a critical value so that the hydrogen peroxide 
does not decompose to Thus, the material balance for the reactor must be 
solved simultaneously balance as illustrated in Section 9.4 to properly de- 
fine the correct 7 fi nination. 


The energy balance for the PFR can also be written as follows by combining 
Equations (9.4.1) and (9.4.2): 
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A 4 H, 0 
UT — T) Wp = $ F;C„dT — : Ir F? df; (9.4.6) 
t i £ 
or 
4 aT AH,|p dfe 
UT — T)— = SFC, F? 9.4.7 
( 7 > On aye my Fav, (9.4.7) 


Using the fact that: 


Equation (9.4.7) can be written as: 


aT ad 
DPC ay = (—AH,|~)r — U(T — T Fi (9.4.8) 


i t 


Thus, the material and energy balances for the PFR can be written as (Fẹ = Cev = 
Cemd?u/4; dVg = md; dz/4): 


dC, 


ue = (vet 
(9.4.9) 


— dT 4U a 
upC, <= (AHi) -Z T- T’) 


with C, = C? and T = T° at z = 0, where u is the superficial linear velocity, p is 
the average density of the fluid, and C, is the average heat capacity per unit mass. 
Equation (9.4.9) is only applicable when the density of the fluid is not changing in 
the reactor and when C, is not a function of temperature, since the following rela- 
tionship is used to obtain Equation (9.4.9): 


SD FiC,, = vpC, (9.4.10) 


EXAMPLE 9.4.3 | 


A PFR of dimensions L = 2 m and d, = 0.2 m is accomplishing a homogeneous reaction. The 
inlet concentration of the limiting reactant is C? = 0.3 kmol/m° and the inlet temperature is 
700K. Other data are: — A H, |re = 10*kJ/kmol, C, = 1 kJ/(kg-K), E = 100kJ/mol, p = 1.2 kg/m’, 
u = 3 m/s, and A = 5 s™'. Calculate the dimensionless concentration (y = C,/C°) and tem- 
perature (9 = T/T?) profiles for adiabatic (U = 0) and nonisothermal (U = 70 J/(m?-s-K)) 
operations. (Example adapted from J. Villadsen and M. L. Michelsen, Solution of Differential 
Equation Models by Polynomial Approximation, Prentice-Hall, Englewood Cliffs, 1978, p. 59.) 


E Answer 
From the units on A, it is clear that the reaction rate is first order. Using Equation (9.4.9) 
with a first-order reaction rate expression gives: 


dC, ara j 
E A exp| —E/(R,T)]Ce 
-aT = au 
upC, z; = (—AH,)A exp[—-E/(R,T)]Ce — qg TT T°) 
< t 


Let x = z/L,y = C o/c} and 8 = T/ T°. Using these dimensionless variables in the material 
and energy balance relationships yields: 


A = —(Da)y exp] (1 7 5) 


dé = 1 m 
© ~ B Bayepl (1-4) -4,6-1 
with y = 1 atx = 0 and where: 
= Ek -=a 
Da=~~, k=A exp[—E/(R,T°)] 
Ce (—AH,) 
Br = 0 
ptT 
aE 
FERT 


n- 
d, pC,u 


Notice that all the groupings Da, Br, y, and H,, are dimensionless. For adiabatic operation, 
H,, = 0. For this case, the mass balance equation can be multiplied by Br and added to the 
energy balance to give: 


d — 
get)? 


Integration of this equation with y = 6 =1 atx = 0 leads to: 
0=1+ 6r- y) (9.4.11) 


Equation (9.4.11) is the adiabatic relationship between temperature and conversion in 


dimensionless form. The mass balance can then be written as: 


yBr(l — y) | 
1+ Br(1-y) 


dy = 
— = —(Da)y 
2 = -Da)y exp] 


with 
y=latx=0 


The solution of this differential equation is straightforward and is shown in Figure 9.4.2. For 
the nonisothermal case, the material and energy balances must be solved simultaneously by 
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y 


Figure 9.4.2 | Dimensionless concentration and 
temperature profiles for adiabatic and nonisothermal 
operation. Ya and 6, are for adiabatic conditions while 
Yni and Oni are for nonisothermal operation. 


numerical methods. The nonisothermal results are plotted also in Figure 9.4.2. Notice that 
there is a maximum in the value of 6, that occurs at x = 0.57 and gives T = 860 K. The 
maximum in the temperature profile from nonisothermal operation is normally denoted as 
the hot spot in the reactor. 


9.5 | Temperature Effects in a CSTR 


Although the assumption of perfect mixing in the CSTR implies that the reactor 
contents will be at uniform temperature (and thus the exit stream will be at this tem- 
perature), the reactor inlet may not be at the same temperature as the reactor. If this 
is the case and/or it is necessary to determine the heat transferred to or from the re- 
actor, then an energy balance is required. 

The energy balance for a CSTR can be derived from Equation (9.2.7) by again 
carrying out the reaction isothermally at the inlet temperature and then evaluating 
sensible heat effects at reactor outlet conditions, that is, 


. FAH -FD off” 
ġ = A E(r] Car ) (9.5.1) 
(—ve) T? i 
where the superscript f denotes the final or outlet conditions. For adiabatic opera- 


tion, Q = 0. 


EXAMPLE 9.5.1 | 


The nitration of aromatic compounds is a highly exothermic reaction that generally uses cat- 
alysts that tend to be corrosive (e.g., HNO3/H2SO,). A less corrosive reaction employs NO; 


CHAPTER isothe 


as the nitrating agent as illustrated below: 


NO, 

TROE Qo 
SZ 

(A) (B) (C) (D) 


If this reaction is conducted in an adiabatic CSTR, what is the reactor volume and space time 
necessary to achieve 35 percent conversion of N.O5? The reaction rate is first order in A and 
second order in B. 


Data: 
AH, = —370.1 kJ/mol T° = 303K 

C,, = 84.5 J/(mol-K) FS = 10 mol/min 

Cp, = 137 J/(mol-K) F = 30 mol/min 

Cpe = 170 J/(mol-K) v = 1000 L/min 

Cp, = 75 J/(mol-K) C$ = 0.01 mol/L 

T (40 mw 1 3] P 
k=0 1)? (min! 
0.090 exp | R, 303. T (L/mol)* (min) 

@ Answer 


The reaction occurs in the liquid-phase and the concentrations are dilute so that mole change 
with reaction does not change the overall density of the reacting fluid. Thus, 


Cy = CHL fy), Fy FA fy) 
Ce = C13 = 2h), Fg = F33 = 2) 
Fc = Fa fas Pp = Fi fa 


The material balance on the CSTR can be written as: 


Nes FS Ss 
KEDO — ANB — 26) 


The energy balance for the adiabatic CSTR is: 
0 = AH, F? fa + F8 Cd = fC, TT T”) + F33 — 2fa)Cp (T — T°) 
+ 2F$ fa Cp (T 7 T°) i FifsCo, (T = T°) 
For fa = 0.35, the energy balance yields T = 554 K. At 554 K, the value of the rate constant 


is k = 119.8 L?/(mol*-min). Using this value of k in the material balance gives V = 8,500 L 
and thus 7 = 8.5 min. 


EXAMPLE 9.5.2 | 


Consider the aromatic nitration reaction illustrated in Example 9.5.1. Calculate the reactor 
volume required to reach 35 percent conversion if the reactor is now cooled. 
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Data: 


UA, = 9000 J/(min-K) 
T¢ = 323 K (and is constant) 
v = 100 L/min 
CÌ = 0.10 mol/L 


i 


All other data are from Example 9.5.1. 


m Answer 
The material balance equation remains the same as in Example 9.5.1. The energy balance is 
now: 
UAy (T% — T) = AH,F Sf, + FS (1 = fa)C,, (T = T°) + FQ (3 = 2fn)C,, (T = T°) 
+ 2F Sh Cpe (F — T°) + FAG C), TETS) 


Po 


when f, = 0.35, the energy balance yields T = 407 K. At 407 K, the reaction rate constant 
is k = 5.20 L’*mol’-min). Using this value of k and C$ = 0.10 mol/L in the material bal- 
ance equation gives V = 196 L. 


9.6 | Stability and Sensitivity of Reactors 
Accomplishing Exethermic Reactions 


Consider the CSTR illustrated in Figure 9.6.1. The reactor is accomplishing an 
exothermic reaction and therefore must transfer heat to a cooling fluid in order 
to remain at temperature T. Assume that the heat transfer is sufficiently high to 
maintain the reactor wall temperature at T.. Therefore, 


Q = UA,(T = T) = v.C,,(T. — T9) (9.6.1) 
heat removed sensible heat change 
from reactor of coolant 


Figure 9.6.1 | 
Schematic illustration of a CSTR that is maintained at 


temperature T by transferring heat to a coolant fluid 
(T.>T°), 
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where v, is the volumetric flow rate of the coolant and C, is the heat capacity of 
the coolant and is not a function of temperature. Solving for T, and then substitut- 
ing the expression back into the heat transfer equation yields: 


UAy VC, 
UAy + VeCp, 


(T - T°) =A,(T - T°) (9.6.2) 


The energy balance on the CSTR can be written as [from Equation (9.5.1) with a 
first-order reaction rate expression]: 


EAA ale 


or since: 
—verV = F fe — fA (material balance) 
as: 
= (AH,|p)kCpV + v?eC,(T — T°) (first-order reaction rate) (9.6.3) 


where v” is the volumetric flow rate of the product stream and p and C, are the av- 
erage density and heat capacity of the outlet stream. Rearranging Equation (9.6.3) 
and substituting Equation (9.6.2) for Q gives (note that Q is heat removed): 


À kCet (AH, | 
Bs (T? — T) = E A (T = T°) (9.6.4) 
v pC, pc, 
Let: 
aa, = vpC, 
~kr(AH,| 7) 
QUE 
pC, 


so that Equation (9.6.4) can be written as: 
(1 + aa,)T — (T° + aa, T?) = aa,Ce (9.6.5) 
Since: 
Ce = Co/(1 + kr) 
from the solution of the material balance equation, Equation (9.6.5) can be formu- 


lated as: 


aCe 
(1 + aa,)T — (T° + aa, T?) = ae (9.6.6) 
T 


Q, (heat removed) = Q, (heat generated) 


Increase 
T 


T° +00T? 


intercept = 
p 1+0; 


Figure 9.6.2 | 
Schematic illustration of Q, and Q, as functions of T. 


A A 
aD Q, aD 


Q 


Figure 9.6.3 | 
Steady-state solutions to Equation (9.6.3). 


If Q, and Q, are plotted versus the reaction temperature, T, the results are illustrated 
in Figure 9.6.2. A solution of Equation (9.6.6) occurs when Q, equals Q,, and this 
can happen as shown in Figure 9.6.3. Notice that for cases (I) and (III) a single 
solution exists. However, for case (II) three steady-states are possible. An impor- 
tant question of concern with case (ID) is whether all three steady-states are sta- 
ble. This is easy to rationalize as follows. At steady-state 1, if T is increased then 
Q, > Q, so the reactor will return to point 1. Additionally, if T is decreased, 
Q, > Q, so the reactor will also return to point 1 in this case. Thus, steady-state 
1 is stable since small perturbations from this position cause the reactor to return 
to the steady-state. Likewise steady-state 3 is a stable steady-state. However, for 
steady-state 2, if T is increased, Q, > Q, and the reactor will move to position 3. 
If T is decreased below that of point 2, Q, > Q, and the reactor will move to point 
1. Therefore, steady-state 2 is unstable. It is important to determine the stability 
of reactor operation since perturbations from steady-state always occur in a real 
system. Finally, what determines whether the reactor achieves steady-state 1 or 3 
is the start-up of the reactor. 
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EXAMPLE 9.6.1 | 


Calculate the steady-states for the following reactor configuration. Is there an unstable steady-state? 


Data: 

A + B = 2C in the liquid phase, V = 1 L, k = 33 X 10° exp [—20,000/(R,T)] L/(mol - min), 
—AH, = 20 kcal/mol, C9 = 20 mol/L, C} = 3 mol/L, v = 100 cm?/min, T? = 17°C, T? = 
87°C, pC, = 650 cal/(L + °C), U = 0.1 cal/(cm? - min - K), and Ay = 250 cm’. 


E Answer 
The reaction rate expression is: 


(—up)r = kCyCy = KCP (1 — fa)(M — fo), M = C4/C5 
giving the following material balance: 
0 = Ch fo — THC) (1 — SaM ~ fo) 
Therefore, 
Q, = (1 + aa) T — (T° + aa, T9) 


(CSP (AH) — faM — fo) 
pC 


Q: 
P 

First, solve the material balance equation for fg (gives two values for fg—one will have phys- 
ical meaning) at a particular T and next calculate Q, and Q,. A sampling of results is pro- 
vided below (assume v.C,, >> UAy for the calculation of Q,): 


310 0.049 0.77 4.55 
320 0.124 14.62 11.45 
330 0.264 28.46 24.40 
340 0.461 42.31 42.50 
350 0.658 56.20 60.77 
360 0.807 70.00 74.78 
370 0.898 83.80 82.85 


If these data are plotted, they yield: 
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Thus, there are three steady-states and they are: 


l 314.2 41.2 0.079 
2 340.0 67.0 0.460 
3 368.8 95.8 0.888 


Steady-state 2 is unstable. Notice the vast differences in fg for the three steady-states. Thus, 
it is clear that attempts by a naive designer to operate at steady-state 2 would not succeed 
since the reactor would not settle into this steady-state at all. 


In addition to knowing the existence of multiple steady-states and that some may 
be unstable, it is important to assess how stable the reactor operation is to variations 
in the processing parameters (i.e., the sensitivity). In the above example for the 
CSTR, it is expected that the stable steady-states have low sensitivity to variations 
in the processing parameters, while clearly the unstable steady-state would not. 

To provide an example of how the sensitivity may be elucidated, consider a tu- 
bular reactor accomplishing an exothermic reaction and operating at nonisothermal 
conditions. As described in Example 9.4.3, hot spots in the reactor temperature pro- 


Length 


Figure 9.6.4 | 

Temperature profiles in a tubular reactor operating 
nonisothermically and conducting an exothermic 
reaction. T° is the temperature of the coolant fluid. 
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file can occur for this situation. Figure 9.6.4 illustrates what a typical reactor tem- 
perature profile would look like. Consider what could happen as the temperature of 
the coolant fluid, T°, increases. As T° becomes warmer T? (i + 1) > T° (1),i = 1, 
2, 3, then less heat is removed from the reactor and the temperature at the reactor 
hot spot increases in value. Eventually, heat is generated at a sufficiently high rate 
that it cannot be removed [illustrated for T? (4)] such that the hot spot temperature 
exceeds some physical limit (e.g., phase change of fluid, explosions or fire, the cat- 
alyst melts, etc.) and this condition is called runaway. Thus, reactor operation close 
to a runaway point would not be prudent, and determining the sensitivity towards the 
tendency of runaway a critical factor in the reactor analysis. Several criteria have been 
developed to assess the sensitivity of reactors; each involves the use of critical as- 
sumptions [see, for example, G. F. Froment and K. B. Bischoff, Chemical Reaction 
Analysis and Design, Wiley, New York, 1977, Chapter 1]. Here, an example of how 
reactor stability can be assessed is illustrated and was provided by J. B. Cropley. 


EXAMPLE 9.6.2 | 


A tubular reactor packed with a heterogeneous catalyst is accomplishing an oxidation reac- 
tion of an alcohol to an aldehyde. The reactions are: 


alcohol + air = aldehyde + air = CO, + H,O 


In this series reaction pathway, the desired species is the aldehyde. Since both reactions are 
exothermic (second reaction is highly exothermic), the reactor is operated nonisothermally. 
The reactor is a shell-and-tube heat exchanger consisting of 2500 tubes of 1 inch diameter. 
Should the heat exchanger be operated in a cocurrent or countercurrent fashion in order to 
provide a greater stabilization against thermal runaway? 


E Answer 
Since this example comes from the simulation of a real reactor, the amount of data neces- 
sary to completely describe it is very high. Thus, only the trends observed will be illustrated 
in order to conserve the length of presentation. 

Schematically, the reactor can be viewed as: 


®© 


Alcohol J. 
+ —_> HH UEELSTATESEISEITERIAERIEIEETIEEITESISEN TELLER ESSIE EITETITTI TESTENE] mT ae ea Na 
Air AER 


The cooling fluid is fed at point A or at point B for cocurrent and countercurrent opera- 
tion, respectively. Next, the reactor temperature profiles from the two modes of operation 


CHAPTER 9 Nonisothermal Reactors soe ET 


are illustrated. The three profiles in each graph are for different coolant feed temperatures, TÀ. 
Notice that a hot spot occurs with countercurrent operation. In order to access the sensitivity, 


Cocurrent Countercurrent 


Length Length 


Cropely suggests plotting the maximum temperature in the reactor as a function of the inlet 
coolant temperature. The results look like: 


Countercurrent 


Me 
a 


> 


Maximum reactor 
temperature 


Inlet coolant temperature 


The slope of the line would be an indication of the reactor stability to variations in the inlet 
coolant temperature. Clearly, cocurrent operation provides better sensitivity and this conclu- 
sion is a general one. The reason for this is that by operating in a cocurrent manner the great- 
est ability to remove heat [largest AT (Tyeactor ~ Teootant)] Can occur in the region of highest 
heat generation within the reactor. 


Exercises for Chapter 9 


1. Calculate the final temperature and time required to reach 50 percent 
conversion in the batch reactor described in Example 9.3.2 if the heat of 
reaction is now —40 kcal/mol. Do you think that this time is achievable in a 
large reactor system? 

2. Find the final temperature and time required to reach 90 percent conversion 
in the reactor system of Exercise 1. 
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3. Plot the fractional conversion and temperature as a function of time for the 
batch reactor system described in Example 9.3.3 if the reactor is now adiabatic 
(U = 0). Compare your results to those for the nonisothermal situation given 
in Figure 9.3.3. How much energy is removed from the reactor when it is 
operated nonisothermally? 

4. Consider what happens in the batch reactor given in Example 9.3.3 if the wall 
temperature does not remain constant. For comparison to the constant wall 
temperature, calculate the fractional conversion and reactor temperature as a 
function of time when: 


T* = 300 + 0.1t 


where f is in seconds. 

5. Calculate the exit temperature and 7 for the PFR described in Example 9.4.2 
when mole change with reaction is ignored (i.e., €p = 0). How much error is 
introduced by making this change? 

6. Calculate the exit temperature and 7 for the PFR described in Example 9.4.2 
when the temperature effects on the concentration are ignored. Is this a 
reasonable simplification or not? 


7. An adiabatic PFR can be described by the following set of equations: 


dy 1 
= —4y exp] 18(1 = 1)| 


dx 

dé 1 
— =Q. 181 -= 
dx 2y exp| ( z) 


y= 6=1latx=0 
Solve these equations and plot y and @ as a function of x for 
0 (entrance) = x =1 (exit). What happens if the heat of reaction is doubled? 
8. Ascertain whether the following exothermic reaction: 


k 
A+A == P+P k = 30L mol! min”, k, = 0.1 L mol min”! 


(kı and k at 80°C) could be carried out in the reactor shown below: 


f,=09 
T =80°C 
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10. 


11. 


Calculate the volume and heat removed from the CSTR and the PFR. Do the 
magnitudes of the heat being removed appear feasible? Why or why not? 


Data: 


C, = 45 cal mol`! K7! 


Pa 


C,, = 40 cal mol”! K™' 
—A H, = 10,000 cal mol`! 
C9 = 1.5 moll” 


FS = 100 mol min“! 


The ester of an organic base is hydrolyzed in a CSTR. The rate of this irre- 
versible reaction is first-order in each reactant. The liquid volume in the vessel 
is 6500 L. A jacket with coolant at 18°C maintains the reactant mixture at 
30°C. Additional data: 


Ester feed stream—1 M, 30°C, 20 L/s 

Base feed stream—4 M, 30°C, 10 L/s 

Rate constant = 10'4 exp(~11,000/T) M's! TinK 
AH, = —45 kcal/mol ester 


The average heat capacity is approximately constant at 1.0 keal L™'°C7!. 

(a) What is the conversion of ester in the reactor? 

(b) Calculate the rate at which energy must be removed to the jacket to 
maintain 30°C in the reactor. If the heat transfer coefficient is 15 kcal 
s 'm~? K~!, what is the necessary heat transfer area? 

(c) If the coolant supply fails, what would be the maximum temperature the 
reactor could reach? 

A reaction is carried out in an adiabatic CSTR with a volume of 10,000 L. 

The feed solution with reactant A, at a concentration of 5 M, is supplied at 10 

L s_'. The reaction is first-order with rate constant: 


k = 10° exp(—12500/T) s™', where T is in K 


The density is 1000 kg m~? and C, = 1.0 kcal kg~™'K~'. The heat of reaction 

is AH, = —70 kJ mol. 

(a) Calculate the reactor temperature and exit concentration for feed 
temperatures of 280, 300, and 320 K. 

(b) To maintain the reactor temperature below 373 K, a well-mixed cooling 
jacket at 290 K is used. Show that it is possible to get 90 percent conversion 
in this reactor with a feed temperature of 320 K. Do you anticipate any 
start-up problems? 

The reversible, first-order reaction shown below takes place in a CSTR. 
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The following data are known: 


k; = 10° exp(—2500/T) s™', Tin K 
AH, = —10 kcal mol™! 


K = 8 at 300K 
C, = I kcalkg ' K“! 
p= Lee”! 


(a) For a reactor space time of 10 min, what is the conversion for a 300 K 
operating temperature? What is the conversion at 500 K? (Remember: the 
equilibrium constant depends on temperature.) 

(b) If the feed temperature is 330 K and the feed concentration is 5 M, what 
is the necessary heat-removal rate per liter of reactor volume to maintain 
a 300 K operating temperature? 


orem i 


Reactors Accomplishing 
Heterogeneous Reactions 


10.1 | Homogeneous versus Heterogeneous 
Reactions in Tubular Reactors 


In earlier chapters, tubular reactors of several forms have been described (e.g., 
laminar flow, plug flow, nonideal flow). One of the most widely used industrial 
reactors is a tubular reactor that is packed with a solid catalyst. This type of reac- 
tor is called a fixed-bed reactor since the solid catalyst comprises a bed that is in a 
fixed position. Later in this chapter, reactors that have moving, solid catalysts will 
be discussed. 

A complete and perfect model for a fixed-bed reactor is not technically possi- 
ble. However, such a model is not necessary. Rather, what is needed is a reasonably 
good description that accounts for the major effects. In this chapter, the fixed-bed 
reactor is analyzed at various degrees of sophistication and the applicability of each 
level of description is discussed. 

Consider the PFR illustrated in Figure 10.1.1a. A mass balance on the reactor 
volume located within dz can be written as: 


F; = F; + dF; + (~v)rdV (10.1.1) 
Since F; = uAcC; and V = Acz, Equation (10.1.1) gives: 


dC; 
ua = (—v;)r (10.1.2) 
dz 
provided u and Ac are not functions of z. The units of r are moles/(time + volume). 
Now let the tube be packed with a solid catalyst and write the material balance again 
(situation depicted in Figure 10.1.1b): 


F, = F, + dF; + nopp(—u)rdV (10.1.3) 
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where the units on r (rate of reaction over the solid catalyst) are now mole/(mass 
of catalyst)/(time) and pp is the bed density (mass of catalyst)/(volume of bed). 
Equation (10.1.3) can be written as: 
d 

-u4 = npa(—v)t (10.1.4) 
provided u and Aç are not functions of z. Note the differences between the PFR 
accomplishing a homogeneous [Equation (10.1.2)] and a solid catalyzed [Equa- 
tion (10.1.4)] reaction. First of all, the solid-catalyzed reaction rate is per unit 
mass of catalyst and must therefore be multiplied by the bed density to obtain a 
reaction rate per unit volume in the mass balance. This is because the amount of 
catalyst packed into a reactor can vary from packing to packing with even the same 
solid. Thus, the bed density must be elucidated after each packing of the reactor, 
while the reaction rate per mass of catalyst need not be. Second, as discussed in 
Chapter 6, the overall effectiveness factor can be used to relate the reaction rate 


Flow —> 


Figure 10.1.1 | 
Illustrations of tubular reactors: (a) unpacked tube, (b) packed tube. F; = Civ = uAcC;. 
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Catalyst particle size —»> 


Figure 10.1.2 | 
Effects of catalyst particle size on 7, and limits of flow 
rates. 
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that occurs within the catalyst particle to the rate that would occur at the local, bulk 
fluid conditions. 

To maximize the reaction rate in the fixed-bed reactor, n, should be equal to 
one. In order to do this, smaller particles are necessary (see Chapter 6). As the 
catalyst particles get smaller, the pressure drop along the reactor increases. (For 
example, ponder the differences in how difficult it is to have water flow through a 
column of marbles versus a column of sand.) Thus, a major consideration in the 
design of a fixed-bed reactor is the trade-off between pressure drop and transport 
limitations of the rate (illustrated in Figure 10.1.2). A practical design typically in- 
volves 7, # 1. Methodologies used to describe fixed-bed reactors given this situa- 
tion are outlined in the next section. 


10.2 | One-Dimensional Models 
for Fixed-Bed Reactors 


Consider a PFR operating at nonisothermal conditions and accomplishing a solid- 
catalyzed reaction (Figure 10.1.1b). If the fluid properties do not vary over the cross- 
section of the tube, then only changes along the axial direction need to be consid- 
ered. If such is the case, then the mass, energy, and momentum balances for a 
fixed-bed reactor accomplishing a single reaction can be written as: 


dC, 
=e NoPa(—v,)t (mass) 
— dT 4U : 
C,— = (~AH, |p —u)r — —(T-T* 
upCp = ( rlr) Nope vir Z ( ) (energy) (10.2.1) 
dP ypu e nee 
aa momentu 
dz Ecd, 


C=C Tar P= Pat z=0 


where u and Aç are not functions of z, fis a friction factor, and ge is the gravitational 
constant. Mass and energy balances of this type were discussed in Chapter 9 for ho- 
mogeneous reactions [Equation (9.4.9)] and their solutions were illustrated (Example 
9.4.3). Here, the only differences are the use of the heterogeneous reaction rate terms 
and the addition of the momentum balance. 
For packed columns with single-phase flow, the Ergun equation can be used for 
the momentum balance and is: 
_1-af[ (1 - &)] 7 
f= ER | 1.75 + 150 | (10.2.2 
where &, is the void fraction (porosity) of the bed and the Reynolds number is 
based on the particle size, d,. The Ergun equation only considers frictional losses 
because of the packing. However, for d,/d, < 50, frictional losses from the wall of 
the tube are also significant. D. Mehta and M. C. Hawley [/nd. Eng. Chem. Proc. 
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Des. Dev., 8 (1969) 280] provided a correction factor to the Ergun equation to 
consider both the frictional losses from the wall and the packing, and their fric- 
tion factor expression is: 


1~& 2d, i 1.75 ee T E) , 
j=l |p + 1 aja | ars (10.2.3) 


{ee 
I= a 


Solution of Equation (10.2.1) provides the pressure, temperature, and con- 
centration profiles along the axial dimension of the reactor. The solution of 
Equation (10.2.1) requires the use of numerical techniques. If the linear velocity 
is not a function of z [as illustrated in Equation (10.2.1)], then the momentum bal- 
ance can be solved independently of the mass and energy balances. If such is not 
the case (e.g., large mole change with reaction), then all three balances must be 
solved simultaneously. 


EXAMPLE 1 0.2.4 


J. P. Kehoe and J. B. Butt [AChE J., 18 (1972) 347] have studied the kinetics of benzene 
hydrogenation on a Ni/kieselguhr catalyst. In the presence of excess dihydrogen, the reaction 
rate is given by: 


2700(cal/mol) 
Tp = Pyk,K,exp a. Cp (mol/gcat/s) 
where 
k, = 4.22 mol/(gcat-s-torr) 
K, = 1.11 X 1073 cm?/(mol) 


Py, = in torr 


T. H. Price and J. B. Butt [Chem. Eng. Sci., 32 (1977) 393] investigated this reaction in an 
adiabatic, fixed-bed reactor. Using the following data: 


Pu, = 685 torr 

Pp = 1.2 gcat/em? 
Lju = 0.045 s 

T° = 150°C 


C, = 1.22 X 10° J/(kmol-°C) 
—AH,|7> = 2.09 X 10° J/kmol 


calculate the dimensionless concentration of benzene and the dimensionless temperature along 
the axial reactor dimension assuming 7), = 1. 
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m Answer 
The mass and energy balances can be written as (assume u is constant to simplify the solu- 
tion of the material and energy balances): 


dC, 
ge em 
= dT 
“PCr = (—AH,lr)psTs 


C=C}, T=T°atz =0 


Let y = C,/C}, @ = T/T? and Z = z/L, so that the mass and energy balances can be ex- 
pressed as: 


Using the data given, the mass and energy balances reduce to (note that C3 = 0.1 Cion = 0-1 p): 


dy 3.21 
— = —0.174 —_ 
zz 0 exp) 5 b 


d 3.21 
zZ = 0.070 ep| $2], 
y=0=1atZ=0 


Numerical solution of these equations gives the following results: 


Z y o 
0.0 1.00 1.00 
0.1 0.70 1.12 
0.2 0.53 1.19 
0.3 0.41 1.23 
0.4 0.33 1.27 
0.5 0.27 1.29 
0.6 0.22 1.31 
0.7 0.18 1.33 
0.8 0.15 1.34 
0.9 0.12 1.35 
1.0 0.10 1.36 


Thus, at the reactor exit Cp = 0.1C3 and T = 302°C. 
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Example 10.2.1 illustrates the simultaneous solution of the mass and energy 
balances for an adiabatic, fixed-bed reactor with no fluid density changes and no 
transport limitations of the rate, that is, 7, = 1. Next, situations where these sim- 
plifications do not arise are described. 

If there is significant mole change with reaction and/or large changes in fluid 
density because of other factors such as large temperature changes, then Equation 
(10.2.1) is not appropriate for use. If the fluid density varies along the axial reactor 
dimension, then the mass and energy balances can be written as: 


dF, 


ee = Ac NPr var 


d AUA (10.2.4) 
A Zrc) = Ac(— AH, | 7°) no ppl v,)t d <(T T*) 
£ t 


Recall that: 


v=Acu 
Fa = FA = fa) 


i — fa i 
F, = vC, = vo(1 + edl el + o qe) 


2 FC, = vp, 


Using these expressions in Equation (10.2.4) gives: 


dF 
-—4 = Ac NoPa(~¥,)t 


dz 
— dT 4U 
C, — = (— AH, | 70 — — — (T — T* 
up P dz ( „lro)noPel va) d, (T T ) (10.2.5) 
_aP hee 
dz 8d, 


F,= Fo, T=T, P=P? a z=0 


assuming C, is not a strong function of T. All three balances in Equation (10.2.5) 
must be solved simultaneously, since u = u,(1 + e4f4)(PYPXT/T®). 

Thus far, the overall effectiveness factor has been used in the mass and energy 
balances. Since 7, is a function of the local conditions, it must be computed along 
the length of the reactor. If there is an analytical expression for 7,, for example for 
an isothermal, first-order reaction rate: 


tanh(¢) 
No h 
a pict KD) 


L Bi, | 


(6.4.34) 
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then the use of 7, is straightforward. As the mass and energy balances are being 
solved along the axial reactor dimension, 7, can be computed by calculating @ and 
Bi,, at each point. The assumption of an isothermal 7, may be appropriate since it 
is calculated at each point along the reactor. That is to say that although the tem- 
perature varies along the axial direction, at each point along this dimension, the 
catalyst particle may be isothermal (e.g., at Z = 0, n, = 7,(T°) and at Z + 0, 
No = NAT) # nT). 

For most solid-catalyzed reactions, there will not be analytical solutions for n. 
In this case, the effectiveness factor problem must be computed at each point in the 
reactor. The reactor balances like those given in Equation (10.2.1) that now incor- 
porate the-effectiveness factor description are: 


Bulk Fluid Phase: 
dC = 
sum = key (Caz = Cas) 
dT, 4U 3 
C, —— = ha, (T; — Tg) —— (T-T 
up p dz dy ( S B) d, ( B ) (10.2.6) 
aP _ fpu 
dz gd, 


Solid Phase (Spherical Catalyst Particle): 


aC 2 dC 
p| s + s) Pp ( va)r (Ca, T) 


dr? r dr (10.2.7) 
[dT _ 2dT 
(4 + 22) = (=AH,) Pp (vat (Ca, T) 
with 
dT dC, 2 
— = — = t =0 
dr dr a 
a. e dC, 
ke (Cas ~ Can) = ~D FE t r=R, 
dT 
h(Ts — Tg) = TA T at r=R, 
where 


and 


Cap, Tg = bulk fluid phase concentration of A and temperature 
Pp = density of the catalyst particle 


a, = external catalyst particle surface area per unit reactor volume 


Notice how the catalyst particle balances are coupled to the reactor mass and en- 
ergy balances. Thus, the catalyst particle balances [Equation (10.2.7)] must be 
solved at each position along the axial reactor dimension when computing the 
bulk mass and energy balances [Equation (10.2.6)]. Obviously, these solutions 
are lengthy. 

Since most practical problems do not have analytical expressions for the ef- 
fectiveness factor, the use of Equations (10.2.6) and (10.2.7) are more generally 
applicable. If Equations (10.2.6) and (10.2.7) are to be solved numerous times 
(e.g., when performing a reactor design/optimization), then an alternative ap- 
proach may be applicable. The catalyst particle problem can first be solved for 
a variety of C4z, Tg, &, Bim, Bi, that may be expected to be realized in the reac- 
tor design. Second, the 7, values can be fit to a function with Cag, Tp, $, Bin, 
Bi, as variables, that is, 


Ny, = N(Caps Tp, dg, Bi, Bi,) (10.2.8) 


Finally, using the function (normally nonlinear) for 1, in Equation (10.2.1) allows 
a more efficient numerical solution of the reactor balances. 


VIGNETTE E 


omen _ In Example 3.4.3, it was shown that the solution to the PFR mass balance can be obtained 
by using a series of CSTRs provided the number within the series is sufficiently large. 

This approach can be used to solve reactor descriptions like Equation (10.2.1) and Equa- 
tions (10.2.6) and (10.2.7). Since numerical software for solving Equation (10.2.1) and 
Equations (10.2.6) and (10.2.7) is now readily available it is less likely that the conver- 

_ sion of these differential equations into systems of algebraic equations (series of CSTRs) : 
is necessary. However, there may be situations where this approach is preferred. When 
doing so it is advisable to always check for the number of stages (CSTRs) that are nec- 
essary for solution. As an example of this approach, refer to the reactor situation provided — 
in Vignette 8.5.1. Simulation of the plug flow model of the fixed-film bioreactor was per- 
formed by transforming the reactor description into a series of CSTR equations. The so- 
lution of these equations is illustrated in Figure 10.2.1 [from Y. Park et al., Biotech. Bio- 
eng., 26 (1984) 457]. 

Note the differences in the solution for the number of stages (NSTAGE) (1.e., CSTRs) 
less than 50. Although not shown, all solutions using 50 or greater CSTRs were indistin- 
guishable. Once the number of stages necessary for solution is identified, then the reac- 
tor simulations can be performed. 
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+ NSTAGE = 20 
10 4 —— NSTAGE = 50 
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: ‘Figure 10.2.1 {Pme flow reactor Amulmion using 
NSTAGEs of CSTRs for solution. [From “Analysis 
of a Continuous, Aerobic Fixed-Film Bioreactor. I; 
Steady-State Behavior,” by Y. Park, M. E. Davis and 
D. A. Wallis, Biotech. Bioeng., 26 (1984) 457, copyright 
a © 1984, Wiley-Liss, Ine., a subsidiary of John vee and 
Sons, Inc.] 


In Chapter 8, axial dispersion in tubular reactors was discussed. Typical indus- 
trial reactors have sufficiently high flow rates and reactor lengths so the effects of 
axial dispersion are minimal and can be neglected. A rule of thumb is that axial dis- 
persion can be neglected if: 


L/d, > 50 isothermal 
L/d, > 150 nonisothermal 


Additionally, L. C. Young and B. A. Finlayson [/nd. Eng. Chem. Fund., 12 (1973) 
412] showed that if: 
NÈT VAN Ped, | | ud, 


<x 
uC ag i D, 


= Pe, 


then axial dispersion can be neglected. However, for laboratory reactors that can 
have low flow rates and are typically of short axial length, axial dispersion may be- 
come important. If such is the case, then the effects of axial dispersion may be 
needed to accurately describe the reactor. 


EXAMPLE 10.2.2] 


An axially-dispersed, adiabatic tubular reactor can be described by the following mass and 
energy balances that are in dimensionless form (the reader should verify that these descrip- 
tions are correct): 


Fat B-10.8)=0 

7S - 8-0.) - 
with 

agro! at Z=0 

a 2-3-1 at Z=0 

2 =0 at Z=1 

2 o a Z=1 


2a: =. 1 a 
If H, = —0.05, and r( ; 6) = 4y expl 19(1 ~ aj calculate y and @ for Pe, = Bo, = 10, 
20, and 50 (Bo, is a dimensionless group analogous to the axial Peclet number for the en- 
ergy balance). 


E Answer 
The dimensionless system of equations shown above are numerically solved to give the fol- 
lowing results. 


8 


"0.824 


1.01 


0.923 


1.00 


: 0.707 1.01 
0.2 0.276 1.03 0.293 1.04 0.309 1.03 
0.4 0.092 1.05 0.082 1.05 0.072 1.05 
0.6 0.029 1.05 0.021 1.05 0.015 1.05 
0.8 0.009 1.05 0.005 1.05 0.003 1.05 
1.0 0.004 1.05 0.002 1.05 0.001 1.05 


As Pe, — oo the reactor behavior approaches PFR. From the results illustrated, this trend is 
shown (for PFR, y = 0 = 1 atZ = 0). 


In general, a one-dimensional description for fixed-bed reactors can be used to 
capture the reactor behavior. For nonisothermal reactors, the observation of hot spots 
(see Example 9.4.3) and reactor stability (see Example 9.6.2) can often be described. 


However, there are some situations where the one-dimensional descriptions do not 
work well. For example, with highly exothermic reactions, a fixed-bed reactor may 
contain several thousand tubes packed with catalyst particles such that d,/d, ~ 5 in 
order to provide a high surface area per reaction volume for heat transfer. Since the 
heat capacities of gases are small, radial temperature gradients can still exist for 
highly exothermic gas-phase reactions, and these radial variations in temperature 
produce large changes in reaction rate across the radius of the tube. In this case, a 
two-dimensional reactor model is required. 


10.3 | Two-Dimensional Models 
for Fixed-Bed Reactors 
Consider a tubular fixed-bed reactor accomplishing a highly exothermic gas-phase 


reaction. Assuming that axial dispersion can be neglected, the mass and energy bal- 
ances can be written as follows and allow for radial gradients: 


ð 18/f__ a 
F (uC,) 12 (70, c) + NoPe( Tvar = 0 
A (10.3.1) 
Bie oo fe 
(upC,T) — == FX, | + (—AM,) no pp(—v4)r = 0 
Pa (upC,T) i(i Z) ( +) No Ppl va)r 


where D, is the radial dispersion coefficient (see Chapter 8) and À, is the effective 
thermal conductivity in the radial direction. If D, and À, are not functions of 7 then 
Equations (10.3.1) can be written as (u not a function of z): 


aC Cc 18C 
g =0,| Ta | NoPa(—¥a)t 


See 7 Š 
ðz ðr r or (10.3.2) 
-óT [ƏT lar 
— =, H AH, = 
upC, az z = F z| ( ») NoPr( v4)t 
The conditions necessary to provide a solution to Equation (10.3.2) are: 
Gage “FSP a 20 er C= re 47, 
ac oT 2 
Az 29 at r=0 for 0sz 
or or 
aC, —- (10.3.3) 
= =0 at r="/, for 0sz 
or i 
— aT z 7 
-àz = hT- T) at r= ai, for O82 
or f 


where A, is the heat transfer coefficient at the reactor wall and T„ is the wall 
temperature. Solution of Equations (10.3.2) and (10.3.3) gives C4(F, z) and 
T(r, z). 


326_ on 


T: ; PENS RA : ; 


EXAMPLE 10.3.4] 


G. F. Froment [/nd. Eng. Chem., 59 (1967) 18] developed a two-dimensional model for a 
fixed-bed reactor accomplishing the following highly exothermic gas phase reactions: 


k ka 
o-xylene => phthalic anhydride ==> CO», CO, H20 


(A) (B) 


[js 


CO>, CO, H,O 
©) 


(C) 


The steady-state mass and energy balances are (in dimensionless form): 


with 


where 


JRT 


ay, [= 1 2 
Sape aa | T 
az aR? RƏR PRIR 
ay, E 1 22] 
= Pe, oi peer eae I> 
2 PU ak BByr 
00 vO 100 
= Bo, = 
A LƏR? RƏR 
y =y2 =0 = for 
6=1 Z=0 for 
a dy. 00 NS 
Da ee Sh a R O: for 
ƏR ƏR 
a dy, _ 
seal = se =0 R= for 
aR aR 
a0 — = 
— = H,(6, — 6) R=1 for 
ƏR 


Cg/C 4 


dimensionless temperature 
dimensionless axial coordinate 
dimensionless radial coordinate 


m= ky > yo) — heyy 


| ae 


kayı + keh — yı y2) 


BB: = dimensionless groups 


8. = dimensionless wall temperature 


| + BBər;, + BB3r2 
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Using the data given by Froment, 
Pe, = 5.706, Bo, = 10.97, H, = 2.5 
BE, = 5.106, BB, = 3.144, BB; = 11.16 


Additionally, 


fc 
kı = exp] ~ 1.74 + 21.6(1 = 5) 


= DI 
ky = exp —4.24 + 25.1(1 = 2) 


1 1 
k; = exp} —3.89 + 229( = 1) 


if 6, = 1, compute y(Z, R), y2(Z, R) and a(Z, R). 


m Answer 

This reactor description is a coupled set of parabolic partial differential equations that are 
solved numerically. The results shown here were obtained using the software package 
PDECOL [N. K. Madsen and R. F. Sincovec, ACM Toms, 5 (1979) 326]. 

Below are listed the radial profiles for two axial positions within the reactor. Notice that 
at Z = 0.2, there are significant radial gradients while by Z = 0.6 these gradients are all but 
eliminated. If the inlet and coolant temperatures are around 360°C, then the centerline and 
inner wall temperatures at Z = 0.2 are 417°C and 385°C, respectively, giving a radial tem- 
perature difference of 32°C. 


As illustrated in Example 10.3.1, the radial temperature gradient can be significant 
for highly exothermic, gas-phase reactions. Therefore, one must make a decision for a 
particular situation under consideration as to whether a 1-D or 2-D analysis is needed. 
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10.4 | Reactor Configurations 


Thus far, fixed-bed reactor descriptions have been presented. Schematic represen- 
tations of fixed-bed reactors are provided in Figure 10.4.1, and a photograph of a 
commercial reactor is provided in Figure 10.4.2. 


Feed 


Inert balls FRR 


APLEPLTTODOEEIPED 


==> Product 


Product 
(a) (b) 


Figure 10.4.1 | 

Fixed-bed reactor schematics: (a) adiabatic, 

(b) nonadiabatic. [From “Reactor Technology” by 

B. L. Tarmy, Kirk-Othmer Encyclopedia of Chemical 
Technology, vol. 19, 3rd ed., Wiley (1982). Reprinted 

by permission of John Wiley and Sons, Inc., copyright © 
1982.] 


Figure 10.4.2 | 
Photograph of a commercial reactor. (Image 
provided by T. F Degnan of Exxon Mobil.) 
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Figure 10.4.3 | 

Examples of multiphase reactors: (a) trickle-bed reactor, (b) countercurrent packed-bed 
reactor, (c) bubble column, (d) slurry reactor, and (e) a gas-liquid fluidized bed. [From 
“Reactor Technology” by B. L. Tarmy, Kirk-Othmer Encyclopedia of Chemical Technology, 
vol. 19, 3rd ed., Wiley (1982). Reprinted by permission of John Wiley and Sons, Inc., 
copyright © 1982.] 


The reactor models developed for fixed-bed reactors have been exploited for 
use in other situations, for example, CVD reactors (see Vignette 6.4.2) for micro- 
electronics fabrication. These models are applicable to reaction systems involving 
single fluid phases and nonmoving solids. There are numerous reaction systems that 
involve more than one fluid phase. Figure 10.4.3 illustrates various types of reactors 
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Figure 10.4.4 | 
Concentration profile of a gas-phase reactant in a porous 
solid-catalyzed reaction occurring in a three phase reactor. 


that process multiple fluid phases. Figure 10.4.3a shows a schematic of a trickle- 
bed reactor. In this configuration, the solid catalyst remains fixed and liquid is 
sprayed down over the catalyst to create contact. Additionally, gas-phase compo- 
nents can enter either the top (cocurrent) or the bottom (countercurrent, Figure 
10.4.3b) of the reactors to create three-phase systems. The three-phase trickle-bed 
reactor provides large contact between the catalyst and fluid phases. Typical reac- 
tions that exploit this type of contact are hydrogenations (H2—gas, reactant to be 
hydrogenated—liquid) and halogenations. Bubble (Figure 10.4.3c), slurry (Figure 
10.4.3d), and fluidized (Figure 10.4.3e) reactors can also accomplish multiphase re- 
actions (solid catalyst in liquid phase for both cases). As with all multiphase reac- 
tors, mass transfer between phases (see Figure 10.4.4) can be very important to their 
overall performance. 

The mathematical analyses of these reactor types will not be presented here. 
Readers interested in these reactors should consult references specific to these re- 


actor types, 


VIGNETTE | o 


10.4.1 


Fixed-bed reactors are commonly employed by the petrochemicals industries to accom- 
plish a broad spectrum of reactions, including steps to clean up air streams prior to ex- 
hausting them into the atmosphere. For example, fixed-bed reactors are used to process 
air streams containing NO, by reaction with NH, over solid catalysts to give N; and H20. 
Ani interesting application of fixed-bed reactors for environmental cleanup is from workers 
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at Engelhard Corporation, who have developed fixed-bed reactors for treating cooking 
fumes (U.S. Patent 5.580.535). Exhaust plumes from fast food restaurants contain com- 
ponents that contribute to air pollution. Engelhard has implemented in some fast food 
restaurants a fixed-bed catalytic reactor to oxidize the exhaust components to CO,. A sec- 
ond example where fixed beds are used to clean up exhaust streams involves wood stoves. 
In certain areas of the United States, the chimneys of wood stoves now contain fixed beds 
of catalysts to assist in the cleanup of wood stove fumes prior to their release into the 
atmosphere. These two examples show how the fixed-bed reactor is not limited to use in 
the petrochemical industries. 


10.5 | Fluidized Beds with 
Recirculating Solids 


Fluidized beds with recirculating solids developed primarily as reactors for the cat- 
alytic cracking of oil to gasoline. Today their uses are much broader. Prior to the 
early 1940s, catalytic cracking of oil was performed in fixed-bed reactors. After that 
time, fluidized-bed reactors have been developed for this application. Today, flu- 
idized beds with recirculating zeolite-based catalysts are used for catalytic cracking 
of oil. 


VIGNETTE | i i 


10.5.1 

In the late 1950s and early 1960s, certain zeolites (Vignette 5.3.1) were found to be ex- 
cellent catalysts for catalytic cracking. They were observed to improve yields to gasoline, 
and in the early 1960s the Mobil Corporation introduced the first zeolite-based, fluidized- 
bed catalytic cracking process. Virtually all refineries in the world use some variation of 
this theme for catalytic cracking. It has been claimed that the improved efficiency of crack- 
ing with zeolite catalysts has provided the United States with a savings of greater than 
400 million barrels of oil per year. At $30 a barrel, this savings amounts to more than 
$12 billion a year. : 


Figure 10.5.1 shows a schematic of a fluidized bed with recirculating solids. 
The oil feed enters at the bottom of the riser reactor and is combined with the solid 
catalyst. The vapor moves upward through the riser at a flow rate sufficient to flu- 
idize the solid catalyst and transport it to the top of the riser in a millisecond time- 
frame. The catalytic cracking reactions occur during the transportation of the solids 
to the top of the riser and the catalyst becomes covered with carbonaceous residue 
(coke) that deactivates it by that point. The solids are separated from the products 
and enter a fluidized-bed, regeneration reactor. In the regeneration reactor, the car- 
bonaceous residue is removed from the catalyst by combustion with the oxygen in 
the air. The “clean” catalyst is then returned to the bottom of the riser reactor. Thus, 
the solid catalyst recirculates between the two reactors. Typical fluidized beds with 
recirculating solids contain around 250 tons of catalyst of 20-80 microns in particle 
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size and have circulation rates of around 25 ton/min. As might be expected, the 
solids are continuously being degraded into smaller particles that exit the reactor. 
Typical catalyst losses are around 2 ton/day for a catalyst reactor inventory of 250 
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Figure 10.5.1 | 

Schematic of fluidized-bed reactor with 
recirculating solids. [From “Reactor 
Technology” by B. L. Tarmy, Kirk-Othmer 
Encyclopedia of Chemical Technology, vol. 
19, 3rd ed., Wiley (1982). Reprinted by 
permission of John Wiley and Sons, Inc., 
copyright © 1982.] 


ton. Thus, catalyst must be continually added. 


The fluidized-bed reactor with recirculating solids is an effective reactor con- 
figuration for accomplishing reactions that have fast deactivation and regenera- 
tion. In addition to catalytic cracking, this configuration is now being used for 
another type of reaction. The oxidation of hydrocarbons can be accomplished with 
oxide-based catalysts. In the mid-1930s, Mars and van Krevelen postulated that 
the oxidation of hydrocarbons by oxide-containing catalysts could occur in two 


steps: 


Overall: 


Step 1: 


Step 2: 


In the first step the hydrocarbon is oxidized by lattice oxygen from the oxide- 
containing catalyst to create surface oxygen vacancies in the oxide. The second step 
involves filling the vacancies by oxidization of the reduced oxide surface with 


RH, + 02 = RO + H,O 


(hydrocarbon) (oxidized 


product) 


RH, + 207? = RO + H,O + 4e7 + 20 


(lattice 
oxygen) 


O + 20 + 4e7 = 2077 


(surface oxygen 
vacancy) 


dioxygen. This mechanism has been shown to hold for numerous oxide-based cat- 
alytic oxidations. 

Dupont has recently commercialized the reaction of n-butane to maleic anhy- 
dride using a vanadium phosphorus oxide (VPO) catalyst in a recirculating solid re- 
actor system. The overall reaction is: 


VPO Gi 
CH;(CH,),CH; m> 
(0) oO (0) 


A proposed reaction pathway over the VPO catalyst is as shown below: 
o f \ O, mrg 
LN m> ANS aad —_ o 
oO O 


where O, denotes lattice oxygen. In addition to these reactions, each of the organic 
compounds can be oxidized to CO, and CO. In the absence of gas-phase O, the se- 
lectivity to CO, and CO is minimized. A solids recirculating reactor system like that 
schematically illustrated in Figure 10.5.1 was developed to accomplish the butane 
oxidation. In the riser section, oxidized VPO is contacted with butane to produce 
maleic anhydride. The reduced VPO solid is then re-oxidized in the regeneration re- 
actor. Thus, the VPO is continually being oxidized and reduced (Mars—van Krevelen 
mechanism). This novel reactor system opens the way to explore the performance 
of other gas-phase oxidations in solids recirculating reactors. 

There are numerous other types of reactors (e.g., membrane reactors) that will 
not be discussed in this text. Readers interested in reactor configuration should look 
for references specific to the reactor configuration of interest. 


O 


Exercises for Chapter 10 


1. Consider the reactor system given in Example 10.2.1. 

(a) Compare the dimensionless concentration profile from the adiabatic case 
given in the example to that obtained at isothermal conditions. 

(b) What happens if the reactor is operated adiabatically and the heat of reaction 
is doubled? 

(c) If the reactor in part (b) is now cooled with a constant wall temperature of 
150°C, what is the value of 4U/d, that is necessary to bring the outiet 
temperature to approximately the value given in Example 10.2.1? 

2. Plot the dimensionless concentration and temperature profiles for the reactor 
system given in Example 10.2.2 for Pe, = Bo, = œ and compare them to those 
obtained when Pe, = Bo, = 15. 

3. Reproduce the results given in Example 10.3.1. What happens as H, is 
decreased? 

4. Design a multitube fixed-bed reactor system to accomplish the reaction of 
naphthalene (N) with air to produce phthalic anhydride over a catalyst of 
vanadium pentoxide on silica gel at a temperature of about 610-673 K. 
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The selective oxidation reaction is carried out in excess air so that it can 
be considered pseudo-first-order with respect to naphthalene. Analysis of 
available data indicates that the reaction rate per unit mass of catalyst is 
represented by: 


r=k,Cy with k, = 1.14 x 10" exp(—19,000/T) (cm? s7} gcat™!) 


where Cy = the concentration of naphthalene in mol cm, and T = absolute 
temperature in K. (Data for this problem were adapted from C. G. Hill, Jr. 
An Introduction to Chemical Engineering Kinetics and Reactor Design, Wiley, 
New York, 1977, p. 554.) Assume for this problem that the overall effectiveness 
factor is unity (although in reality this assumption is likely to be incorrect!). To 
keep the reactant mixture below the explosion limit of about 1 percent 
naphthalene in air, consider a feed composition of 0.8 mol % naphthalene vapor 
in 99.2 percent air at 1.7 atm total pressure. Although there will be some 
complete oxidation of the naphthalene to CO, and H20 (see part c), initially 
assume that the only reaction of significance is the selective oxidation to phthalic 
anhydride as long as the temperature does not exceed 673 K anywhere in the 
reactor: 


CioHg + 4.5 O2 = CgH,O; + 2H,O + 2C0, 


The heat of reaction is —429 kcal mol” | of naphthalene reacted. The properties 

of the reaction mixture may be assumed to be equivalent to those of air (C, = 

0.255 cal g7! K7}, E = 3.2 X 1074 g cm”! s~') in the temperature range of 

interest. 

It is desired to determine how large the reactor tubes can be and still not 
exceed the maximum temperature of 673 K. The reactor will be designed to 
operate at 95 percent conversion of C, Hg and is expected to have a production 
rate of 10,000 Ib/day of phthalic anhydride. It will be a multitube type reactor 
with heat transfer salt circulated through its jacket at a temperature equivalent 
to the feed temperature. 

The catalyst consists of 0.32 cm diameter spheres that have a bulk density 
of 0.84 g cm~? and pack into a fixed bed with a void fraction of 0.4. The mass 
velocity of the gas through each tube will be 0.075 g cm”? s~', which 
corresponds to an overall heat transfer coefficient between the tube wall and the 
reacting fluid of about 107? cal cm? s7! K™!. 

(a) Show the chemical structures of the reactants and products. Give the relevant 
material, energy, and momentum balances for a plug flow reactor. Define 
all terms and symbols carefully. 

(b) Determine the temperature, pressure, and naphthalene concentration in the 
reactor as a function of catalyst bed depth using a feed temperature of 610 K 
and tubes of various inside diameters, so that a maximum temperature of 
673 K is never exceeded. Present results for several different tube 
diameters. What is the largest diameter tube that can be used without 
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(c) 


exceeding 673 K? How many tubes will be required, and how long must 
they be to attain the desired conversion and production rates? For this 
optimal tube diameter, vary the feed temperature (615, 620K) and 
naphthalene mole fraction (0.9 percent and 1 percent) to examine the 
effects of these parameters on reactor behavior. 

Combustion can often occur as an undesirable side reaction. Consider the 
subsequent oxidation of phthalic anhydride (PA) that also occurs in the 
reactor according to: 


CsH,03 + 7.50. = 2 H2O + 8CO, 


with rate: r = kyCpa where ky = 4.35 X 104 exp(— 10,000/T) cm? 5! 
gcat~' and AH, = —760 kcal mol`’. Redo part (b) and account for the 
subsequent oxidation of PA in the reactor. Include the selectivity to phthalic 
anhydride in your analysis. 


5. When exothermic reactions are carried out in fixed-bed reactors, hot spots can 
develop. Investigate the stability of the fixed-bed reactor described below for: 
(a) cocurrent coolant flow and (b) countercurrent coolant flow when the inlet 
coolant temperature (T?) is 350 K and higher. Calculate the sensitivity by 
plotting the maximum temperature in the reactor versus the inlet coolant 
temperature (the slope of this line is the sensitivity). Which mode of cooling 
minimizes the sensitivity? (This problem is adapted from material provided by 
Jean Cropley.) 


Data: 
Reaction system (solid-catalyzed): 


1 r 
Dammitol + z9 => Valualdehyde + H,O, 
(DT) (VA) 
5 r 
Valualdehyde + 502 => 2CO, + 2H,0, 


(VA) 


with AH, = ~74.32 kBTU/Ibmol, AH,, = —474.57 kBTU/lbmol. The rate 
expressions for these reactions are: 
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kyexp[ -k RT]PEP Br 

r oo: 

1 + kP + kgP Be + koPY 
kyexp[ ky RT]PGP UA 


lbmol/(beat-h) 


j lbmol/(lbcat-h 

es g ksP& + kyP Br + koP YA mol/(Ibcat-h) 
where Py is the total pressure and: 

ki = 1.771 X 10° kg = 1.0 

ky = 23295.0 ky = 1.25 

k3 RSS 0.5 Kio = 20 

WERN hg = 2198 SIO 

ase ky = 33000.0 

Ke z 0.5 kis u 0.5 

kı = 0.2314 ka = 2.0 


The governing differential equations are (the reader should derive these 
equations): 


mass balances: 


dX; 


$ 


(NT)RipsAc: MW X; dMW 
dz W MW dz 


, i = 1(DT),2(VA),3(O,),4(CO,),5(H,0) 


energy balance on reacting fluid: 
dTp — ~(NT)AC(t, AH,, + %AH,,)pg — W(NT)d,U(Tr — Tc) 
dz W-C, 


energy balance on coolant: 


dT, (mode) a (NT)d,U(Tp — Tc) 
dz T FcCpc 


mole change due to reactions—reactions in the presence of inert N3: 
dMw X dX; NC dX; 
= M,— — 28 >, — 
dz 2 ' dz > dz 


momentum balance [alternative form from Equation (10.2.3) that accounts for 
the losses from both the wall and catalyst particles]: 


dP; —a?  [150mu (1 — EY R L.75MWu? (1 — és)» | 
dz (2a)(144) | d? z2 aR Trd, e} 7 
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where 


(359)(14.7)W - T 


=]4 


31 =~ E,)d, 


(273)(3600)(NT) - Ac: MW - P7 


(conversion of mass flow rate to superficial velocity) 


; = mole fraction of component i 


= superficial velocity (ft/s) 


= reacting fluid temperature (K\(T% = inlet value) 


= coolant temperature (K) (J? = inlet value) 
= mean molecular weight of the reacting gas 


= total pressure (psia) (Py = inlet value) 


= total mass flow rate (1b/h) 
= number of reactor tubes 


= cross-sectional area of a reactor tube 


lI 


diameter of tube 


= catalyst pellet diameter 


ll 


Il 


bed density (Ibcat/ft*) 
axial coordinate (ft) 
; = net reaction rate of component i (lbmol/lbcat/h), for example, 


R, = ~1,, Ro =1,— fo, R3 = —0.5r,— 2.5r2: assumes effectiveness 
factors are equal to one 


= porosity of bed 
= overall heat transfer coefficient (BTU/h/ft7/°C) 


= (+1) for cocurrent coolant flow, (—1) for countercurrent coolant flow 
= coolant rate (BTU/h/°C) 

= reacting fluid viscosity (1b/ft/h) 
= gas heat capacity (BTU/Ib/°C) 


= universal gas constant (psia-ft*/Ibmol/K) 
number of components = 5 


ll 


i Component M, 
l Dammitol 46 
2 Valuadehyde 44 
3 O2 32 
4 COz 44 
2 HO 18 


reactor 2500 tubes $ ft (ID) X 20 ft (length) 
Ww 100,000 Ib/h 
Xi 0.1 
X 0.07 
X; 0.02 
remainder is Na (O, comes from air) 
FcC,c 10° BTU/(h-°C) 
PY 114.7 psia 
T 353 K 
d, 0.25 inches (spherical) 
Pe 100 lb/ft? 
Eg 0.5 = 
zB 0.048 Ib/(ft-h) 
C, 0.50 BTU/(lb-°C) 
U 120.5 BTU/(h-ft?-°C) 


6. Refer to the reactor system described in Exercise 5. Using the mode of cooling 
that minimizes the sensitivity, what does the effect of changing €p from 0.5 to 
0.4 (a realistic change) have on the reactor performance? 

7. If the effectiveness factors are now not equal to one, write down the additional 
equations necessary to solve Exercise 5. Solve the reactor equations without the 
restriction of the effectiveness factors being unity. 


APPENDIX 


Review of Chemical 
Equilibria 


A.1 | Basic Criteria for Chemical Equilibrium 
of Reacting Systems 


The basic criterion for equilibrium with a single reaction is: 


NCOMP 
AG= SD vi, =0 (A.1.1) 
i=1 
where AG is the Gibbs function, NCOMP is the number of components in the sys- 
tem, v; is the stoichiometric coefficient of species i, and u; is the chemical poten- 
tial of species i. The chemical potential is: 


pi = u? + RT Ina; (A.1.2) 


where R, is the universal gas constant, u$ is the standard chemical potential of 
species i in a reference state such that a; = 1, and a; is the activity of species i. The 
reference states are: (1) for gases (i.e., f? = 1) (ideal gas, P = 1 atm) where f is 
the fugacity, (2) for liquids, the pure liquid at T and one atmosphere, and (3) for 
solids, the pure solid at T and one atmosphere. If multiple reactions are occurring 
in a network, then Equation (A.1.1) can be extended to give: 


NCOMP 
AG, = > vym; = 0, j= 1,77, NRXN (A.1.3) 


J 
i=l 


where NRXN is the number of independent reactions in the network. 
In general it is not true that the change in the standard Gibbs function, AG®, is 
zero. Thus, 


NCOMP 
AG = X vip) #0 (A.1.4) 


i=l 
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Therefore, 
NCOMP 

AG — AG°= Y, v(m- u?) (A.1.5) 

or by using Equation (A.1.2): 
NCOMP 
AG — AG? =R; T > vilna; = RT in( TIe) (A.1.6) 
i=l i 

Now consider the general reaction: 

aA + bB += WW 5S +e (A.1.7) 


Application of Equation (A.1.6) to Equation (A.1.7) and recalling that AG = 0 at 
equilibrium gives: 
a“, as E 
AG’ = -R,T n| — 


agag- 


| = —R,T lIn Ka (A.1.8) 


Thus, the equilibrium constant K, is defined as: 
NCOMP 


K,= |] @ (A.1.9) 
i=] 


Differentiation of Equation (A.1.8) with respect to T yields: 


o D] rÍ a) 


A.1.10 
oT or ( ) 


P P 


Note that AG? = AH? — TAS®, where AH® and AS° are the standard enthalpy 
and entropy, respectively, and differentiation of this expression with respect to T 
gives: 

AH® 


z 5 (A.1.11) 
P T4 


ee 


Equating Equations (A.1.10) and (A.1.11) provides the functional form for the tem- 
perature dependence of the equilibrium constant: 


d(In K, AH? 
| 0 (In Ka) | TE (A.1.12) 
L oT Jip R, T- 
or after integration (assume AH° is independent of T): 
K, = K exp[-AH"/(R,T)] (A.1.13) 


Notice that when the reaction is exothermic (AH° is negative), K, increases with 
decreasing T. For endothermic reactions the opposite is true. From Equation (A.1.8): 
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- AG’ 
= ink, (A.1.14) 
RT 
and 
K, = exp|-AG°/(R,T)| (A.1.15) 


Since AG° is not a function of pressure, it is clear that pressure has no influence on K,. 


A.2 | Determination of Equilibrium 
Compositions 


Consider a gas-phase reaction. If the Lewis and Randall mixing rules are used 
(simplest form of mixing rules—-more sophisticated relationships could be applied 
if deemed necessary) to give for the fugacity of species i, f; 


a Sit) (A.2.1) 
where 
fi om X;b,P 


and Q; = fugacity coefficient of pure i at T and P of system for any mole fraction 
Xi. Substituting the above expression into Equation (A.1.9) for the reaction given in 
Equation (A.1.7) yields (let all f? = 1): 


pa = EZS Gn (A.2.2) 
XA Xpo IDL OR 
or 
KERRP EN 
where 


X = 
P inert F DN; 
3 


Equation (A.2.2) can be written in terms of moles as: 
q 
[nyns || P Jors a 
K KG | f ; | (A.2.3) 
Laity Apert JL Miner, T 2, Ay 
ri 


s $ =e 
a oj a b 


Note that K, is not a function of pressure and that Kg is only weakly dependent on 
pressure. Thus, if: 
~ then PÎ,KÎ 
wtyte--a@—b s + then PKA 
0O then no effect 
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and the effect of inert species are: 


— then add inert, 
wtste--g-be = + then add inert, 
0 then no effect 


K4 
K,Î 


Finally, just to state clearly once again, a catalyst has no effect on equilibrium yields. 


APPENDIX 


Regression Analysis 


B.1 | Method of Least Squares 


Below is illustrated the method of least squares to fit a straight line to a set of 
data points (y; x;). Extensions to nonlinear least squares fits are discussed in 


Section B.4. 
Consider the problem of fitting a set of data (y; x,) where y and x are the 
dependent and independent variables, respectively, to an equation of the form: 


y = Ay + Ax (B.1.1) 


by determining the coefficients a, anda, so that the differences between y; and 
y; = a, + @ x; are minimized. Given a, and a, the deviations Ay; can be calcu- 
lated as: 


Ay, = y, — @ — %%, (B.1.2) 


For any value of x = x; the probability PP; for making the observed measurement 
y; with a Gaussian distribution and a standard deviation o; for the observations about 
the actual value y(x;) is (P. R. Bevington, Data Reduction and Error Analysis for 
the Physical Sciences, McGraw-Hill, New York, 1969, p. 101): 


PP, = : | per (B.1.3) 


The probability of making the observed data set of measurements of the N values 
of y; is the product of the individual PP; or: 


1 NTF in (x; a2 | 
2 y) (B.1.4) 
L 


A et N = 1 À 


The best estimates for a, and œ, are the values that maximize PP(a,, œ») (method 
of maximum likelihood). Define: 
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N -y 2 N F 1 = = 


i 
i J i 


Note that in order to maximize PP(a,, @2), X? is minimized. Thus, the method to 
find the optimum fit to the data is to minimize the sum of the squares of the devi- 
ations (i.e., least-squares fit). 

As an example of how to calculate œ, and œ, consider here the case where 
a; = ø = constant. To minimize X°’, the partial derivatives of X? with respect to 
@, and &, must be set equal to zero: 


ax? af re ATA cs ce 

Ja, == mare > Or a- a.) Ea T) 
aX? afi ees -2 oo. 
aa, =0 7 rape >i a as) = oe Dari Z a = px) 


These equations can be rearranged to give: 


Xy = Sa, + > ax; = a,N+ a. >) xX; 
Sx; = Sa Jax = a, Sx; +a > x? 


The solutions to these equations yield a, and œ in the following manner: 


| Èy; D 
ee Dxy, Ex? Ey: Lx? — Dx, Dry; 
! N D3; NEX? — (Sx) 
Èx Da 
| oe, | (B.1.6) 
= Dx Lx; NEY; — Dx DY; 
a N Dx; Nn Dx? — (Dx, 
Dn Dx; 


The calculation is straightforward. First compute Èx; Èy; £x?, and Sx,y;. Second 
use the summed values in Equation (B.1.6) to obtain œ, and az. 


B.2 | Linear Correlation Coefficient 


Referring to Equations (B.1.1) and (B.1.6), if there is no correlation between x and 
y, then there are no trends for y to either increase or decrease with increasing x. 
Therefore, the least-squares fit must yield a, = 0. Now, consider the question of 
whether the data correspond to a straight line of the form: 


x=@/ + ay (B.2.1) 


The solution for œ» is: 


— _N xyi — Dx Dy; 
Qs 


a NÈy z (Eyy 


(B.2.2) 
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Again, if there is no correlation between x and y, then a; = 0. At the other extreme, 
if there is complete correlation between x and y, then there is a relationship between 
Qi, @, a}, and œ, that is: 


a; 1 ee a 
ye rap bax a + ayx 
ay 5) 
= ay 
y= TS; 
Q 
= 1 
az >= — 
a) 


Thus, a perfect correlation gives œœ; = 1 and no correlation yields a,a; = 0 since 
both œ, and a; are zero for this condition. The linear correlation coefficient is there- 
fore defined as: 

N XXY — UX; LV; 
/aai = Vay; — 2x Dy (B.2.3) 


[NE - (Exp)? [wzy? - (oy?) 


>| 


ec 


The values of R, are —1 < R, = 1 with Re = 1 and R, = 0 defining perfect and 
no correlations, respectively. Although the linear correlation coefficient is commonly 
quoted as a measure of “goodness of fit,” it is really not appropriate as a direct meas- 
ure of the degree of correlation. If the data can be represented in a manner such that 
the fit should result in a y-intercept equal to zero, then a simple method can be used 
to determine the “goodness of fit.” 


B.3 | Correlation Probability 
with a Zero Y-Intercept 


Numerous kinetic expressions can be placed into a form that would yield a zero 
y-intercept when using the linear least-squares method. A survey of a few of these mod- 
els is provided in Table B.3.1. Given that the y-intercept is a known value (i.e., zero), if 
a perfect correlation could be achieved, the hypothesis that the true value of the param- 
eter, @,, is equal to the specified value, @;, could be tested by referring the quantity: 


= a, ~~ CH ` 
“= : (B.3.1) 
‘ SE(a) 


to the table of Student’s 7“ values with N-2 degrees of freedom. The standard error, 
SE, can be calculated as follows. The standard deviation o, of the determination of 
a parameter z is via the chain rule: 


2 
-EN 
=>», fo a (B.3.2) 


where g; is the standard deviation of each datum point i. If o; = o = constant, then 
a? is approximately equal to the sample variance, which is (P. R. Bevington, Data 


9 


Table B.3.1 | Examples of kinetic relationships yielding zero intercepts. 


Ore 


Kinetics : -o Reactions _ | 5 Relationship 


1. Oth-order, irreversible (one-way), A— >» P Co-—C,=kt 
(constant volume) 


2. First-order, irreversible (one-way) ASSP In ite = kt 
L JA 
ee = 
3. First-order, reversible (two-way) A =e P 
2 r k 
e no product present at ¢ = 0 In mtr = (a) 
L ALS A A 
. (+1) 
e product present at ¢ = 0, C$ In ir = ig. a] t 
i L1 = (FFR) ch 4 ped 
TA 
4. Second-order, irreversible A+B >P 
(one-way), (constant volume) 
OSC as ia 
cles meS] = (C8 - C8)ke 
5. Second-order, reversible A+B ce C+D in|? = at 5 oj = 2k, [Fs ilc ae 
(two-way) kh a 
CSC C= = 
6. Third-order, irreversible a i {ct = 2\(c3 — Cy) | p? z 
(one-way), (constant volume) A+2B — P in| ue ‘ = = (Ch | 3 lkt 
oe (C3/C4)Cp ea 
a CLCh a pa CRC i 
Atec mle) + | SHE e + | HR a(i 


co 
E = tlie 


7. nth-order, irreversible (one-way), A —P (Cc, — (CSE = (n — 1)kt 
(constant volume) 
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Reduction and Error Analysis for the Physical Sciences, McGraw-Hill, New York, 
1969, p. 114): 
ae | 


Oo = rine => Q, Gx)? (B.3.3) 


for the linear equation (B.1.1). (The sample variance is the sum of squares of the 
residuals divided by the number of data points minus the number of parameters 
fitted.) Now Equation (B.3.2) written for the linear equation (B.1.1) gives: 


dy; 
ae (B.3.4) 
cee oe 5 
ai= = 
Using Equation (B.1.6) to calculate the partial derivatives in Equation (B.3.4) yields: 
g? 
oa = x DE) (B.3.5) 
No? 
a = B.3.6 
Ta, nN ( ) 


where 


A=N Sx? - (Sa 


Thus, SE(@,) = og, and SE(@,) = Fa, Now returning to Equation (B.3.1), T” is the 
experimental deviation over the standard error and if this value is larger than the value 
in a Student’s 7 -distribution table (see any text on statistics for this table) for a given 
degree of confidence, for example, 95 percent (es = expected deviation/standard er- 
ror), then the hypothesis is rejected, that is, the y-intercept is significantly different 
than zero. If 7° < fi then the hypothesis is accepted and œ, can be reported as: 


T + os, (B.3.7) 


B.4 | Nonlinear Regression 


There are numerous methods for performing nonlinear regression. Here, a simple 
analysis is presented in order to provide the reader the general concepts used in per- 
forming a nonlinear regression analysis. 

To begin a nonlinear regression analysis, the model function must be known. Let: 


y =f(x, a) (B.4.1) 


where the function f is nonlinear in the dependent variable x and unknown param- 
eters designated by the set a = [a;, dz, ..., a,]. A least-squares fit of the observed 
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measurements y; to the function shown in Equation (B.4.1) can be performed as fol- 
lows. First, define X? [for linear regression see Equation (B.1.5)] as: 


As with linear least squares analysis, X? is minimized as follows. The partial de- 
rivatives of X* with respect to the parameters of a are set equal to zero, for exam- 
ple, with a,: 


aX afıig N af (Xj, 
{ 2D [i sonar} = 23 p -fea Le? (B.4.3) 


i=l 1 


0a, ða; 


Thus, there will be n equations containing the n parameters of a. These equations 
involve the function f(x;, a) and the partial derivatives of the function, that is, 
af (x, a) 


E Tor. Sh 


0a; 


The set of n equations of the type shown in Equation (B.4.3) needs to be solved. 
This set of equations is nonlinear if f(x;, a) is nonlinear. Thus, the solution of this 
set of equations requires a nonlinear algebraic equation solver. These are readily 
available. For information on the type of solution, consult any text on numerical 
analysis. Since the solution involves a set nonlinear algebraic equation, it is per- 
formed by an iterative process. That is, initial guesses for the parameters a are re- 
quired. Often, the solution will terminate at local minimum rather than the global 
minimum. Thus, numerous initial guesses should be used to assure that the final so- 
lution is independent of the initial guess. 

The issue of “goodness-of-fit” with nonlinear regression is not straightforward. 
Numerous methods can be used to explore the “goodness-of-fit” of the model to the 
data (e.g., residual analysis, variance analysis, and Chi-squared analysis). It is al- 
ways a good idea to inspect the plot of the predicted [y(x;)] versus observed y; val- 
ues to watch for systematic deviations. Additionally, some analytical measure for 
“goodness-of-fit” should also be employed. 


APPENDIX 


Transport in Porous 
Media 


C.1 | Derivation of Flux Relationships 
in One-Dimension 


Consider a tube filled with an isobaric binary gas mixture of components A and B. When 
component A moves it exerts a force on B. This frictional force, fag, can be described as: 


ffas = (proportionality constant) (concentration of A) (concentration of B) (relative velocity of A to B) 


J | | 
| 


number of collisions momentum exchange 
per collision 


or 
fag = (const) ag CaCe(Va — Vp) (C.1.1) 


where V; is the molecular velocity of species i. The total frictional losses have to 
equal the driving force. Thus, for the section dz, 


Pa ——> me 


dz 


—dP, : f . 
= (const) 4, CaCl Va — Vo) (C12) 


Multiply Equation (C.1.2) by C (total concentration) and rearrange to give: 


1X 
Bo = (const)ag CCC (Vy — Vp) 
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_ IX 
ma ce a TEVA = Ve) 
oO ey = Vz) (C.1.3) 
(const)4, X4Xg dz 
If the proportionality factor is defined as: 
(const) 4, = Af (C.1.4) 
CD ap 


then Equation (C.1.3) can be written as follows: 


-CDs AK, 


oa ae C(V4 — Vp) (C.1.5) 


Equation (C.1.5) is Fick’s First Law. To see this, rearrange Equation (C.1.5) as shown 
below: 


p aX, 
CX4X2(V4 Vs) = ~CDap pa 
aX, 
CylXpV 4 => XVe) = —CD ap ae. (C.1.6) 
Recall that Fick’s First Law is: 
3 dX, 
Ja = CDa m = C4(Va — Veotai) (C.1.7) 


where J, is the flux of A with respect to a coordinate system that is moving at V iota 
and: 


Viota = XaVq + XgVg 


Further arrangements of Equation (C.1.6) can be made as shown below: 


dX, 
Ca(XgV4 ~ XpVeg + X4Vq — X4V4) = —CDap BE 

z 

dX, 
Cal—X4Vq — XBVeg + X4Vq + XVa) = -CDa 
dX 

C4(Va — Veotat) = —CDaz a 

2 


which is Equation (C.1.7). 
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Now consider a multicomponent system. For a multicomponent mixture of 
NCOMP species: 
7 RT CC; 


i= oy e (C.1.8) 


ij 

by analogy to the frictional force for a binary mixture [Equation (C.1.1) with Equa- 

tion (C.1.4)]. Using Equation (C.1.8) gives a total force balance of: 
—dX, “comp xX(V, — v) 


ixj 


(C.1.9) 


that is the Stefan-Maxwell equations. 
The Stefan-Maxwell equations are normally written in terms of fluxes, N;. Since 
N; = C,V;, Equation (C.1.9) can be expressed in terms of fluxes as: 


—dX; NCOMP | X;N; _ = 
= 5 (C.1.10) 
FJ 


C.2 | Flux Relationships in Porous Media 


Consider the movement of a binary gas mixture in a pore: 


LLRI 


dz 


JLILILENTII MSIE 


Pore wall 


The loss of momentum in dz due to molecule-wall collisions is: 
P R,T P 
(dP 4)x(g-Ac) = Na D dz(g,Ac) (C.2.1) 
KA 


where 


8. = gravitational constant 
At = cross-sectional area of the pore 
Dga = Knudsen diffusion coefficient of A 
(dP 4)x = change in pressure from molecule-wall collisions 


Na =J, + X4(N4 + Ng) = ——— —— + X4(N, + Np) (C.2.2) 
RT dz 
(diffusive flux) + (bulk flow) 
Let: 
n N, 
FR = 1 +48 N, (C.2.3) 
so that Equation (C.2.2) can be written as: 
-D dX, 
N, = AB A (C.2.3) 
[1 — (FR)X,]R,T dz 
or 
RT 
— (dP am BAG = Na 5 -|1 ~ (FR)X,]d2(g.A€) (C.2.4) 
AB 


where (dP 4)mm is the change in pressure from molecule-molecule collisions. Now 
the total momentum loss due to molecule-wall and molecule-molecule collisions is 
the sum of Equation (C.2.1) and Equation (C.2.4) [(dP4) = (dPa)k + (dP 4)mm]: 


RT R,T 
— (APs) BAL = Na" dz 8AE + Na p1 — (FR)Xa]az (8.48) 
KA AB 


or after rearr: angement: 


NiS ee C.2.5 
s pen ne ( ) 
Dap Dra 
If there is equimolar counterdiffusion (V4 = —Np) and/or if X4 is small, Equation 
(C.2.5) reduces to: 
—I 1 dP, —Dra aP 4 
N, = = C.2.6 
^ l LRT RT d REA 
Dag Dra 
where 
1 1 1 
(C.2.7) 


=— + 
D TA D AB D KA 


Equation (C.2.7) is called the Bosanquet equation. 

A momentum balance for multicomponent mixtures can be formulated in a man- 
ner analogous to that used to derive Equation (C.2.4) using molecule-wall and 
molecule-molecule (Stefan-Maxwell) relationships to give: 
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or 
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-1 dP, Mcomp K = say N; 
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(C.2.8) 
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N-Acetyl-phenylalanine methyl ester, 

formation of, 241-246 

Acid catalysis, with zeolites, 169-170 
Acrolein/DMB reaction, 48, 63 
Activated carbon catalysts, 176-177 
Activation energy 

apparent, 163-165 
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in n-pentane isomerization, 170-171 
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Aparicio, L. M., 240, 246 


Apparent activation energy, 21, 55 


Areal rate of reaction, 17 
Aris, R., 201 


Aromatic compounds, nitration of, 303-305 
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Constraints. See Thermodynamic constraints 
Continuous flow stirred tank reactors (CSTRs) 

axial dispersion model and, 274 

Berty reactor behavior vs., 268-269 

defined, 70-74 
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dehydrogenation of, 150-151, 237 
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formation of, 299-300 
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Hydration 
l-hexene, 292-293 
isobutylene, 235 
Hydrobromic acid, formation of, 131-132 
Hydrocarbon fuels. See also Petrochemical industry 
combustion of, 131 
reforming of, 170-171 
Hydrocarbons, selective oxidation of, 183, 332-333 
Hydrochloric acid 
acetylene, reaction with, 47 
formation of, 101 
Hydroformylation 
commercial scale, 36-37 
l-hexene, 85 
mechanism, 36 (figure) 
propene, 23 (table), 68, 69 (figure) 
Hydrogen. See also Dihydrogen 
chemisorption, on nickel, 143 
deuterium, exchange with, 109 
Hydrogen peroxide, as decontaminator, 300 
Hydrogenation 
benzene, 210-212, 236-237, 318-319 
cyclohexene, 18-19, 230, 238-239 
dibromine, 4 
ethylene, 99, 139-140, 252-257 
isopentene, 171 
prochiral olefins, 240-246 
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Hydrogenolysis 
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defined, 64—65 
equations for, 83 (table) 
Induced fit theory, 114-116 
Induction period. See Relaxation time 
Industrial scale reactions. See Large scale reactions 
Inert species, effect on equilibrium, 342 
Infinite cylinder catalyst pellets. See Cylindrical catalyst pellets 
Infinite slab catalyst pellets, 196-197, 201 (table) 
Inhibition 
by dihydrogen, 171, 250-251 
in enzyme catalysis, 127-128 
by product in feed, 173—174 
Initial rate behavior, 173-174 
Initiation steps 
defined, 101 
styrene polymerization, 111 
Instantaneous selectivity, 40 
Integration factor method, 38, 106 
Intermediates 
reactive, 5, 100-105, 102 (table), 242—245 
transition state, 5, 6, 7 (figure) 
types of, 5, 6 
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Internal transport effects, 190-218 
adiabatic temperature rise, 217-218 
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effectiveness factors, 199-202 
flat plate catalyst pellets, 208-212 
heat transfer effects, 212-217 
ideal pellet geometries, 196-197, 201 (table) 
pellet size, calculation of, 202-203 
pore diffusion, influence on rate, 206-207 
pore size and, 190-192 
severe diffusional resistance, 202, 207-208 
spherical catalyst pellets, 197-201 
zig-zag pores, 195-196 
Interphase effectiveness factors, 220 
Interphase transport effects. See External transport effects 
Intraphase transport effects. See Internal transport effects 
Ionic strength, and rate constants, 61 
Iron catalysts 
BET method and, 141-143 
Haber process, 2 
microkinetic analysis of, 246-250 
particle size effect, 150 
Irreversible elementary steps, notation for, xvi (table), 4 (table) 
Irreversible stoichiometric reactions 
defined, 14 
notation for, xvi (table), 4 (table) 
rate expressions for, 21 
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Isobutene, from |-butene, 28-29 
Isobutylene 
dimerization of, 154-155 
hydration of, 235 
Isomerization 
I-butene, 28-29, 46 


hexene, 202-203 
and kinetic sequences, postulation of, 172-175 
n-pentane, 170-171 
rate expressions for, 26 (table) 
Isopentane, from n-pentane, 170-171 
Isopropanol, oxidation of, 179 
Isothermal batch reactors 
energy balance for, 291 
procedure for solving, 66-67 
Isothermal operation, 64 
Isothermal plug flow reactors 
energy balance for, 298 
temperature profile, exothermic reaction, 287 (figure) 
Isotopic transient kinetic analysis, 124-126 


J 


J factors, 189 
Johnston, E. H., 96 


K 
Kargi, F., 127 
Kehoe, J. P. G., 218, 219, 236, 318 
Kinetic coupling, 245 
Kinetic sequences. See also Microkinetic analysis; Rates 
of reactions 

evaluation of, 171—177 

types of, 100-101, 102 (table) 

zero intercepts for, 346 (table) 
Kladko, M., 295, 296, 297 
Knudsen diffusion, 190-191 
Komiyama, H., 224, 225, 226, 227 
Koshland, Ð. E., Jr., 115 A 
Koshland induced fit theory, 114-116 


L 
Laboratory reactors, 82-95. See also Ideal reactors: specific 
types, e.g., Continuous flow stirred tank reactors (CSTRs) 
axial dispersion neglect of, 323 
batch reactors, 84-87 
ethylene oxidation kinetics, 92-94 
limitations of, 95 
purpose of, 82-83 
stirred flow reactors, 88—92 
tubular reactors, 87-88 
Ladas, S., 149 
Lago, R. M., 170 
Laminar flow 
axial-dispersion coefficient for, 273 
vs. turbulent flow, in tubular reactors, 260-262 
Landis, C. R., 241. 242, 244, 257, 258 
Langmuir adsorption isotherms, 144, 145 (figure) 
Langmuir-Hinshelwood steps 
defined, 152 
rate and equilibrium constant calculation and, 174-175 
vs. Rideal-Eley steps, 153-154, 176-177 
Large scale reactions 
ammonia synthesis, 2—3 


axial dispersion, neglect of, 323 
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Large scale reactions—Cont. 
commercial reactor, 328 (photograph) 
ethylene oxide production, 93-94 
fructose, from enzyme catalysis, 117 
hydroformylations, 36-37, 68, 69 (figure) 
maleic anhydride production, 333 
transport phenomena and rates of, 184-185 
Lauryl alcohol, 37 
Law of Definitive Proportions 
defined, 9-10 
fractional conversion and, 14 
Law of Mass Action, 22 
Least squares methods. See Linear regression; Nonlinear 
regression 
Lee, J. D., 48 
Leininger, N., 51 
Levodopa synthesis. See L-Dopa synthesis 
Lewis and Randall mixing rules, 3, 341 
Limiting components, 13-14 
Limiting conditions for reactors, 65 (table) 
Linear regression 
defined, 343-345 
kinetic parameter evaluation and, 175 
Lineweaver-Burk analysis, 119—121, 122 
Lipase, 129-130 
Liquids, diffusivity of, 186 
Lock, C., 250 
Long chain approximation, 112 
Lotka-Volterra model, 51 
Low-index surface planes, 135 (figure) 


MAC, hydrogenation of, 241-246, 257—258 
McCiaine, B. C., 250 

McKenzie, A. L., 59-60, 63 

Macrocavities, in silicon wafers, 224-227 
Macromixing, 272 

Macropores, in catalyst pellets, 192 
Madon, R. J., 229, 230 

Madon-Boudart criterion, 229-230 
Madsen, N. K., 327 

Maleic anhydride, production of, 333 


Mari (most abundant reaction intermediates), 158, 161—162 


Mars-van Krevelen mechanism, 183, 332-333 
Masel, R., 135, 152, 153 
Mass transfer coefficients, 187-189 
Material balance expressions 
axial-dispersion model, 272-274 
batch reactors, 65, 294 
blood flow, 282-283 
comonomers, 72-73 
CSTRs, 71, 73 
cylindrical catalyst pellets, 204 
first order reactions in series, 106 
fixed-bed reactors, 317, 320, 321, 325, 335 
flat plate catalyst pellets, 209, 212, 214, 222 
ideal reactors, isothermal, 83 (table) 
isothermal batch reactors, 67 
laminar flow reactors, 261 


macrocavities, in silicon wafers, 225 
nonisothermal operation, 286, 294, 299 
PFRs, 76-77, 286, 299, 301 
polymers, 72-73 
radial dispersion model, 282 
recycle reactors, 89-92 
semibatch reactors, 68 
spherical catalyst pellets, 197 
Mean residence times, in CSTRs, 74 
Mears criterion, 229 
Mears, D. E., 20, 22, 228, 229, 231 
Mechanisms 
ammonia synthesis, 247 (table), 250 (table) 
defined, 5 
ethylene hydrogenation, 252, 253 
hydroformylation, 36 (figure) 
induced fit, 115 (figure) 
Mars-van Krevelen, 183, 332-333 
“ping pong bi bi,” 129, 130 
Mehta, D., 317 
Mensah, P., 129 
Metal catalysts. See also specific types, e.g., Platinum catalysts 
crystal structures of, 134-136 
supports for, 18-19, 136-140 
Metal oxide supports, in catalysis, 18-19, 136-140 
Methane, oxidation of, 5—6 
Methanol, 69-70 
Methyl acrylate, formation of, 78-79 
Methyl iodide, 34-35 
Methy! tertiary butyl ether (MTBE), 28 
Methyl-(Z)-a-acetamidocinnamate (MAC), 241-246, 257-258 
Methylacetoxypropionate, 78-79 
Methylcylohexane, dehydrogenation of, 160-161 
2-Methylhexanal, production of, 85 
MERs (mixed flow reactors). See Continuous flow stirred 
tank reactors (CSTRs) 
Michaelis constant, 118 
Michaelis-Menten form, 117-119 
Michelsen, M. L., 301 
Microcavities, in silicon wafers, 224-227 
Microkinetic analysis 
ammonia synthesis, 246-252 
defined, 240 
ethylene hydrogenation, 246-252 
olefin hydrogenation, 240-246 
Micromixing, 272 
Micropores, in catalyst pellets, 192 
Mixed flow reactors (MFRs). See Continuous flow stirred 
tank reactors (CSTRs) 
Mixed parallel-series reaction networks, 43-45 
Mixing limits, ideal, 76 
Mobil Corporation, 331 
Molar concentrations. See Concentrations 
Molar expansion factors, 14—16 
Molar flux expressions 
cylindrical catalyst pellets, 204 
derivation of, 349-353 
dimensionless, 221, 302-303 
flat plate catalyst pellets, 212, 220 
spherical catalyst pellets, 197 
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stagnant film diffusion, 187 PFRs, 297-303 
zig-zag pores, 195-196 ratio of heat transfer area to reactor volume, 295-297 
Mole balance. See Law of Definitive Proportions sensitivity of reactors, 309-311 
Molecular bromine. See Dibromine small vs. large vessels, 295-297 
Molecular chlorine. See Dichlorine stability of reactor steady-state, 305-309 
Molecular diffusion. See Diffusion Nonlinear regression 
Molecular hydrogen. See Dihydrogen described, 347-348 
Molecular nitrogen. See Dinitrogen kinetic parameter evaluation and, 175 
Molecular sieves, zeolites as, 169 Lineweaver-Burk analysis and, 121-122 
Molecularity L-Norepinephrine, 123 
defined, 24 Norskov, J. K., 246, 247 
for elementary steps, 25 (table) Numerical methods, use of, 321-322, 326-327 
Molybdenum, oxides of, 183 
Momentum balance expressions 
derivation of, in porous media, 351-353 o 
fixed-bed reactors, 317—318, 321, 335 Observed reaction kinetics 
Monsanto, 123 criteria for kinetic analysis, 228-230 
Monte Carlo algorithm, 256 diffusional limitations and, 202, 207—208 
Most abundant reaction intermediates (Mari), 158, 161-162 Ogle, K. M., 109 
MTBE (methyl tertiary butyl ether), 28 Oil industry. See Hydrocarbon fuels; Petrochemical industry 
Muhler, M., 250, 251 Olefins 
Multilayer adsorption, 140-143 epoxidation of, 43-45 
Multiphase reactors, 329-330 in ethylbenzene alkylation, 235~236 
Multiple reactions. See Reaction networks hydrogenation of, asymmetrical, 240-246 
O'Neal, G., 49 
One-dimensional fixed-bed reactor model, 317-325 
N One-point BET method, 142-143 
Naphthalene, 333-334 One-way stoichiometric reactions. See Irreversible 
Negative activation energies, 163-164 stoichiometric reactions 
Networks. See Reaction networks Open reaction sequences, 101, 102 (table) 
Neurock, M., 254, 256 Order of reaction, 21 
Nickel catalysts Overall effectiveness factors 
in benzene hydrogenation, 218-219, 236-237, 318-319 fixed-bed reactors and, 316-317, 320-322 
copper alloyed with, 150-151 flat plate catalyst pellets, 221-223 
hydrogen chemisorbed on, 143 Overall selectivity, 40 
thermal conductivity effect, 218-219 Oxidation. See also Partial oxidation 
Nitration, of aromatic compounds, 303-305 of carbon monoxide, 10-11, 133-134, 149-150, 162-163 
Nitric oxide, as combustion byproduct, 131 of dinitrogen, 131 
Nitrogen. See Dinitrogen of ethylene, 92-94 
Nitrogen oxides, formation of, 12 of hydrocarbons, 183, 332-333 
Nitrous oxide, 181 of isopropanol, 179 
Nomenclature list, xii~xvi of methane, 5—6, 9 
Noncompetitive inhibitors, 128 as series reaction network, 37-38 
Nonflow reactors. See Batch reactors of sulfur dioxide, 234 
Nonideal flow in reactors, 260-283 of titanium tetrachloride, 98 
axial dispersion model, 272-277 Oxides of nitrogen, formation of, 12 
Berty reactors, 268-269 Oxydehydrogenation, of propane, 46 
conversion prediction, axial dispersion model, 277-280 Ozone 
conversion prediction, residence distribution times, 269-272 decomposition of, 101, 103-105, 110-111 
penicillin bioreactor, 280-281 formation of, 12 
perfectly mixed reactors, 264-265 loss of, 105 


radial dispersion model, 282 
residence time distributions, 262-267, 263 (figure), 


267 (figure) P 
turbulent vs. laminar flow, 260-262 Packed-bed reactors. See Fixed-bed reactors 
Nonisothermal effectiveness factors, 212-217 Palladium catalysts 
Nonisothermal reactors, 286-311 carbon monoxide oxidation, 149-150, 162-163 
batch reactors, 288-294 cyclohexene hydrogenation, 18-19 
CSTRs, 303-305 ethylene hydrogenation, 254-257 


energy balances for, 286-288 Para, G., 119 


Parallel reaction networks, 42-43 
Park, Y., 280, 281, 322, 323 
Parkinson’s disease, 122-124 
Partial oxidation 
Mars-van Krevelen mechanism, 183, 332-333 
of naphthalene, 333-335 
series reaction networks and, 37-40 
Particle size, rates and, 316-317 
Pauling, Linus, 116 
PDECOL software, 327 
Peclet number 
axial dispersion model and, 274-276 
radial dispersion model, 282 
Pellet size 
calculation of, 202-203 
reaction rate, effect on, 231~-232 
Peloso, A., 178 
Penicillin bioreactors, 280, 281 (figure) 
n-Pentane, isomerization of, 170-171 
Perfectly mixed reactors. See Continuous flow stirred tank 
reactors (CSTRs) 
PET (Positron emission tomography), 277 
Petrochemical industry. See also Hydrocarbon fuels 
fluidized-bed reactors in, 331-332 
laboratory scale reactors for, 87-89 
PFRs. See Plug flow reactors 
Pharmacokinetics, tracer experiments for, 265 
Photocatalytic decomposition, 49 
Phthalic anhydride, formation of, 333-334 
Physisorption, 140-143 
“Ping pong bi bi” mechanism, 129, 130 


Plate catalyst pellets. See Flat plate catalyst pellets; Infinite slab 


catalyst pellets 
Platinum catalysts 
bifunctionality of, 170-171 
in carbon monoxide oxidation, 133-134 
chemisorption of, 138-139 
in ethylene hydrogenation, 139-140 
in methylcyclohexane dehydrogenation, 160-161 
in sulfur dioxide oxidation, 234 
Plug flow reactors (PFRs) 


axial dispersion model and, 272-277, 278-279, 280 (figure) 


vs. CSTRs in series, 81-82, 322-323 

defined, 76-78 

flow rate limitations, 95 

gas-phase reactions in, 78-79 

homogeneous vs. heterogeneous reactions in, 315-317 
nonisothermal operation, 297-303 

as recycle reactor limit, 91 


residence time distributions, 262, 263 (figure), 267 (figure), 


270-272 
space-time yield, vs. CSTRs, 79-80 
temperature profile, exothermic reaction, 287 (figure) 
vs. tubular reactor laminar flow, 260-262 
Polanyi, M., 252, 253, 256 
Pollution 
from hydrocarbon fuels, 131 
ozone loss and, 105 
pollution standard index, 11-13 
Polymerization, of styrene, 111-112 


Polymers, material balance for, 72-73 
Polystyrene, production of, 111-112 
Poly(styrene-sulfonic acid), as catalyst, 154-155 
Poppa, H., 149 
Pore size 
diffusion effects and, 190-192 
rate, influence on, 206-207 
in zeolite catalysts, 167-169 
Porosity, 195 
Porous media, derivation of flux in, 351-353 
Positron emission tomography (PET), 277 
Potential energy profiles 
elementary reactions, 57 (figure) 
hydrogen chemisorption on nickel, 143 (figure) 
Power law rate expressions 
defined, 22-23 
examples, 23 (table) 
Weisz-Prater criterion, 228 
Prater, C. D., 228 
Prater number, 215 
Prater relation, 217 
Predator-prey interactions, modeling of, 51 
Prediction of reactor conversion. 
axial-dispersion model, 277-280 
residence time distribution function, 269-272 
Pre-exponential factors 
in Arrhenius’ Law, 21 
calculating, 55 
transition state theory vs. experiment, 152—153 
unimolecular reactions, 62 
Price, T. H., 318 
Primary structure, of enzymes, 114 
Prochiral olefins, hydrogenation of, 240-246 
Product removal, 68 
Propagation steps 
defined, 101 
styrene polymerization, 111-112 
Propane 
dehydrogenation of, 45 
oxydehydrogenation of, 46 
2-Propanol 
acetone from, 47-48 
decomposition of, 59-60, 63 
dehydrogenation of, 231 
Propene 
hydroformylation of, 23, 68, 69 (figure) 
production of, 63 
Propionic acid, esterification of, 129-130 
n-Propylbromine, 31-33 
Propylene, formation of, 45, 46 
Protons, in zeolite catalysts, 169~170 
Pseudo-equilibrium. See Quasi-equilibrium 
Pseudo mass action rate expressions, See Power law rate 
expressions 
PT (dimethyl-p-toludine), 34-35 


9 


Quantum chemical methods, 254-256 
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Quasi-equilibrium 
vs, rate determining steps, 148-149 
two-step assumption and, 157-158 


Radial dispersion, 282 
Radial temperature gradient, effect of, 327 
Radioactive decay, rate expressions for, 26-27 
Rate constants, 53-62. See also Rates of reactions 
Arrhenius’ Law and, 54-56 
in CSTRs, 75-76 
defined, 21 
equilibrium constant and, 24 
from experimentation, 174-175 
external transport effects and, 188 
ionic strength and, 61 
in nonideal systems, 60-61 
transition state theory, 56-62 
unimolecular reactions, 62 
Rate-determining steps 
kinetic sequences and, 172-173 
microkinetic analysis and, 248 
notation for, xvi (table), 4 (table) 
surface reactions as, 148-149 
Rate expressions. See also Rates of reactions 
ammonia synthesis, 158-160 
bimolecular surface reactions, 152 
carbon monoxide oxidation, 163 
desorption, 156 
dissociative adsorption, 145-147 
enzyme catalysis, 117-119, 127—128 
methylcyclohexane dehydrogenation, 161 
two-step assumption, general form, 157 
unimolecular reactions, 24, 25 (table), 26, 147 
Rate of turnover. See Turnover frequency 
Rates of reactions. See also Rate constants; Rate expressions 
catalyzed vs. direct reactions, 101, 103, 104 (figure), 
116 (figure), 134 (figure) 
defined, 16 
diffusional limitations and, 207—208 
external transport effects and, 188, 189 
first order reactions, 24, 26 (table), 26-29 
for heterogeneous reactions, 17~18 
measurement of, by ideal reactors, 82-92, 83 (table) 
in polymerization, 111-112 
pore diffusion, influence on, 206-207 
rules for rate functions, 19-24 
second order reactions, 29-35 
steady-state approximation and, 110-111 
trimolecular reactions, 35-37 
vs. turnover frequency, 18, 19 
volumic rates, 16-17 
Reaction intermediates. See Intermediates 
Reaction networks 
defined, 4 
intermediates in, 5 
mixed parallel-series, 43-45 
parallel, 42-43 
series, 37-40, 310-311 


Reaction rates. See Rates of reactions 
Reaction sequences. See Kinetic sequences 
Reactive distillation, 68 
Reactive intermediates. See also Steady-state approximation 
in coupled catalytic cycles, 242-245 
defined, 5 
in single reactions, 100-105, 102 (table) 
Reactors See also specific types, e.g, Batch reactors 
flow vs. nonflow, variables, for, 74 (table) 
ideal, 64-65, 83 (table) 
laboratory scale, for rate measurement, 82-95 
limiting conditions, 65 (table) 
Recycle reactors, 88-92 
Redox reactions, 183, 333 
Regeneration, in fluidized-bed reactors, 331-332 
Regression analysis 
linear least squares method, 175, 343-345 
nonlinear least squares method, 121-122, 175, 347-348 
zero intercepts, correlation probability, 345-347, 
346 (table) 
Rekoske, J. E., 139, 140, 240, 246, 253 
Relaxation time 
defined, 112-113 
methods for determining, 124-126 
Renouprez, A. J., 139 
Residence time distribution function 
axial-dispersion model, 274 
Berty reactors, 268-269 
defined, 262, 264 
impulse input, 263 (figure), 266 
perfectly mixed reactors, 264-265 
reactor conversion prediction and, 269-272 
step input, 266, 267 (figure) 
Residence times 
in CSTRs, 73-74 
limiting conditions, 65 
PFR space-time analogy, 77-78 
Reversible elementary steps, notation for, xvi (table), 4 (table) 
Reversible stoichiometric reactions 
defined, 13--14 
notation for, xvi (table), 4 (table) 
rate expressions for, 24 
Reynolds number 
axial-dispersion model and, 274-276 
mass transfer coefficients and, 188-189 
Rhodium catalysts 
in hexene isomerization, 202-203 
in hydroformylation, 36-37 
in nitrous oxide/carbon monoxide reaction, 181 
in olefin hydrogenation, 240-246 
propene and, 23 (table) 
supports for, 137 (figure) 
Rideal-Eley steps 
defined, 153-154 
vs. Langmuir-Hinshelwood steps, 176-177 
Rode, E., 23 
Rosowski, F., 250, 251 
Rowland, M., 265 
R,R-1,2-bis[(phenyl-o-anisol)phosphino]ethane (DIPAMP), 
241-245 


366 index 


Rudd D. F., 240, 246 
Rules I-V for reaction rate expressions, 19-24 
Runaway reactor condition, 310 
Ruthenium catalysts 
constant volume system, 49-50 
microkinetic analysis of, 250-252 
two-step assumption and, 159-160 


Schmidt number, 188—189 
Second order reactions 
rate expressions for, 29-31 
residence time distributions, 271-272 
statistical analysis of, 31-35, 32 (figure), 33 (figure) 
Seinfeld, J. H., 25 (table) 
Selective oxidation. See Partial oxidation 
Selectivity. See also Stereoselectivity 
defined, 40 
in ethylene oxidation, 94 
mixed parallel-series networks, 43-44 
parallel networks, 43 
Semibatch reactors 
exothermic heat of reaction removal and, 295-297 
ideal, 66 (figure), 67-70 
Sensible heat effects, 289-290 
Sensitivity of reactors, 309-311 
Separable reaction rates, 21 
Sequences. See Kinetic sequences 
Series reaction networks 
reaction rates for, 37-40 
reaction sensitivity and, 310-311 
Severe diffusion limitations, 202, 207-208 
Sharma, S. B., 253 
Sherwood number, 188—189 
Shuler, M. L., 127 
Shulman, R. A., 160 
Silicon wafers, in chemical vapor deposition, 224-227 
Simple reactions, 4. See also Elementary steps; Single reactions 
Simulation, of ethylene hydrogenation, 256-257 
Sincovec, R. F, 327 
Sinfelt, J. H., 150, 151, 160 
Single crystal surfaces 
microkinetic analysis and, 246 
structure sensitive reactions and, 151 
for transition metals, 134-136 
Single file diffusion, 191 
Single reactions 
rate function rules I-V, 19-24 
reactive intermediates in, 100-105, 102 (table) 
Site balance 
general form, 144 
two competing species, 145 
Slab catalyst pellets. See Flat plate catalyst pellets; Infinite slab 
catalyst pellets 
Slurry reactors, 329 (figure), 330 
Smith, J. M., 234 
Soaps, 37 
Sodalite cage structures, 167 


Sodium lauryl sulfate, production of, 37 
Software for numerical solutions, 327 
Solid acid catalysts, 154-155, 169 
Space time 
as average exit time, 266 
defined, 73 
in PFRs, 77 
Space-time yield 
CSTR vs. PFR, 79-80 
defined, 72 
Space-velocity, 73 
Specific rate of reaction, 17 
Spherical catalyst pellets 
characteristic length parameter, 201 (table) 
for cumene, cracking of, 206-207 
diffusion/reaction in, 197—201 
nonisothermal effectiveness factors, 216~217 
reactor balance expressions for, 321—322 
schematic of, 196 (figure) 
Stability of reactors, in steady-state, 305-309 
Standard error, 345, 347 
Statistical analysis. See also Experimentation 
L-dopa synthesis, 119-121 
linear regression, 175, 343-345 
nonlinear regression, 121—122, 175, 347-348 
second order reactions, 31~35, 32 (figure), 33(figure) 
Steady-state approximation, 105-113 
coupled catalytic cycles and, 243 
derivation of, 105—108 
hydrogen-deuterium exchange and, 109 
ozone decomposition rate and, 110-111 
polymerization rate and, 111-112 
relaxation time, 112-113, 124-126 
surface reactions and, 148 
two-step assumption and, 162 
Steady-state operation, stability of, 305-309 
Stefan-Maxwell equations 
cylindrical pores, ideal, 193 
derivation of, 351 
molecular diffusion, 185 
multicomponent gas mixture, 211 
Steps, elementary. See Elementary steps 
Stereoselectivity 
L-dopa synthesis, 123-124 
olefin hydrogenation, 240-246 
Stirred-flow reactors. See also Continuous flow stirred tank 
reactors (CSTRs) 
laboratory scale, 88-92 
material balance for, 83 (table) 
Stirring speed, effect of, 231 
Stoichiometric coefficients, 8 
Stoichiometric numbers, 157 
Stoichiometric reactions 
defined, 4, 8 
vs. elementary steps, 8, 53-54 
generalized equation, 9 
notation for, xvi (table), 4 (table) 
reactive intermediates in, 100-102 
Stolze, P., 246, 247 
Structure sensitive/insensitive reactions, 149-151 


Student t-test 
described, 345, 347 
in reaction order example, 32-33 
Stutzman, C. F., 180 
Styrene, polymerization of, 111-112 
Substrates 
binding of, 114-116 
as inhibitor, 128, 130 
Sucrose, 116-117 
Sugar, 116-117 
Sulfur dioxide, oxidation of, 234 
Supported metal catalysts, 18-19, 136-140 
Surface area of catalysts, 141-143 
Surface concentrations 
Damkohler number and, 219 
external transport effects and, 188 
notation for, 144 
Surface reactions, 147—155 
bimolecular reactions, 151-152 
kinetics of IB dimerization, 154—155 
pre-exponential factors, 152-153 
as rate-determining step, 172-173 
Rideal-Eley steps, 153-154 
structure sensitivity/insensitivity, 149-151 
unimolecular reactions, 147—149 
Surfactants, 37 
Switzer, M. A., 181 
Symbols list, xii-xvi 


Tarmy, B. L., 328, 329, 332 
Taylor, K. C., 13 
Teller, Edward, 141, 142 
Temperature gradients 

across film, 190 

criteria for importance of, 228-229 

internal vs. external transport effects, 223 

thermal conductivity effect, 218-219 
Temperature profiles, in PFRs, 287 (figure) 
Termination steps 

defined, 101 

styrene polymerization, 111-112 
Tertiary structure, of enzymes, 114 
Thermal conductivity, effect of, 218-219 
Thermodynamic constraints 

importance of, 1-2 

kinetic sequence postulation and, 177 
Thiele modulus 

cylindrical catalyst pellets, 204 

defined, 194-195 


effectiveness factors and, 200 (figure), 201-202 


flat plate catalyst pellets, 210 
general form, 207 


silicon wafer chemical vapor deposition, 226 


spherical catalyst pellets, 198, 199 (figure) 
Thodor, G., 180 
Titanium tetrachloride. oxidation of, 98 
Titration, 18—19 


Toluene 
benzene from, 47 
formation of, 160-161 
Topsoe, H., 150 
Topsoe, N.. 150 
Tortuosity, 195-196 
Total order of reaction, 21-22 
Tozer, T. N., 265 
Tracer experiments 
impulse input, 262-265, 263 (figure) 
step input, 266, 267 (figure) 
Transient material balance expressions 
axial-dispersion model, 272-274 
radial-dispersion model, 282 
Transition diffusivity, 191 
Transition state intermediates 
defined, 5, 6, 7 (figure) 
ethylene hydrogenation, 254 (figure) 
Transition state theory, 56-62 
vs. Arrhenius form, 60 
general equation of, 58-59 
potential energy and, 56-57 


pre-exponential factors, experiment vs., 152-153 


Transmission electron microscopy, 138, 139 


Transport limitations in solid-catalyzed reactions, 184-230 


adiabatic temperature rise, 217-218 
chemical vapor deposition, 223-228 


combined internal/external transport, 220-223 


commercial rates, adjustment of, 184-185 
cylindrical catalyst pellets, 203-206 
cylindrical pores, ideal, 192-195 
Damkohler number, 219-220 


effectiveness factors, internal transport, 199-202 


effectiveness factors, overall, 221-223 
fixed-bed reactors and, 317 


flat plate catalyst pellets, 208-212, 213-215, 219-223 


heat transfer effects, external, 189-190 
ideal pellet geometries, 196-197, 201 (table) 
kinetic analysis criteria, 228-230 
mass transfer effects, external, 187-189 
molecular diffusion, calculation of 185-188 
nonisothermal reactions, 212-217 
pellet size, calculation of, 202-203 
pore diffusion, influence on rate, 206-207 
pore size, and internal diffusion, 190-192 
rate data analysis, 228-232 
severe diffusional resistance, 202, 207-208 
spherical catalyst pellets, 197-201 
thermal conductivitiy effect, 218-219 
zig-zag pores, 195-196 
Trevino, A. A., 240, 246, 247, 248, 249 
Trickle-bed reactors, 329 (figure), 330 
Trimethylamine, 31-33 
Trimolecular reactions, 25 (table), 35-37 
Triphenylmethylchloride, 69-70 


Tubular flow reactors. See also Fixed-bed reactors: 


Plug flow reactors (PFRs) 
laboratory scale, 87-88 
material balance for, 83 (table) 
Peciet number for, 275-276, 282 
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Tubular flow reactors—Caont. 

sensitivity of, 309-311 

turbulent vs. laminar flow, 260-262 
Turbulent flow 

axial-dispersion coefficient for, 273 

axial-dispersion effects and, 276 

vs, laminar flow, in tubular reactors, 260-262 
Turnover frequency 

defined, 18 

normalization of rates and, 139, 140 

vs, reaction rate, 19 

vs. relaxation time, 113 

structure sensitivity/insensitivity and, 149-151 

in surface reactions, 149 
Two-dimensional fixed-bed reactor model, 325—327 
Two-step assumption for overall reactions, 157-162 
Two-way stoichiometric reactions, See Reversible 

stoichiometric reactions 


U 

Uncompetitive inhibitors, 127-128 
1-Undecene, hydroformylation of, 37 
Unimolecular reactions 

pre-exponential factors for, 152 

rate constants for, 62 

rate expressions for, 24, 25 (table), 26, 147 

surface-catalyzed, 147-149 
Uranium, radioactive decay of, 26-27 


v 


Vaccines, bioreactors for, 300 

van de Runstraat, A., 258 

van der Waals forces, 140 

van Grondelle, J., 258 

van Krevelen-Mars mechanism, 183, 332--333 
van Santen, R. A., 254, 258 

Vanadium catalysts, 183, 333-334 

Vessel size, effects of, 295-297 

Villadsen, J., 301 

Vinyl chloride, production of, 47 

Voids, in catalyst pellets, 192 
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